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ABSTRACT

The conversion of distributed renewable electricity into liquid ammonia is a promising vector

for hydrogen transport and storage, decarbonizing ammonia production and enabling e�cient

hydrogen distribution. This thesis describes the development ofthe catalytic membrane reactor

(CMR) technology as a compact, e�ective, and low-cost solution for decentralized and scalable

processes of ammonia synthesis and decomposition. We introduce a CMR con�guration where the

membrane and catalyst are in intimate proximity, mitigating mass transport limitations, and

realizing record hydrogen productivity from ammonia decomposition using less catalyst mass at

reduced temperature (� 450° C). A numerical simulation of the CMR captures the experimental

results with high �delity, identifying rate-limiting regimes , and illustrating pathways for further

improvement. A Ru/ � -alumina catalyst was shown to be more active than Ru/YSZ, and adding

it to the interior of the CMR signi�cantly improves the performance , including increased

conversion and doubled hydrogen productivity. Clinoptilolite is identi�ed as a low-cost, reusable

adsorbent that reduces residual ammonia in the permeate stream from� 1000 ppm exiting the

CMR to the ultra-high purity standards ( < 0.1 ppm) required by fuel cell electric vehicles.

The second topic focused on the development of CMR con�gurations for ammonia synthesis

reactions at mild temperature and pressure. Yttria-stabilized zirconia (YSZ) is demonstrated to

be a highly active support for Ru catalysts. A number of alkali and alkaline-earth metal

promoters were evaluated with Ba found to be stable and deliver the highest speci�c activity

reported to date. A microkinetic model was developed that was capable ofcapturing the strong

dependence on the H2/N 2 ratio and temperature, highlighting the importance of surface coverage

in controlling the kinetics. Alternatively, a low-cost Cs-Fe/ 
 -alumina catalyst was developed that

reached� 50% of the activity of the Ba-Ru/YSZ catalysts. Finally, a reactor simulation study

was conducted to quantify the potential of the CMR con�guration for the scalable synthesis of

ammonia. The ammonia permeance controls conversion and recovery whereaspurity scales with

an e�ective selectivity. A thermally stable membrane could enablee�ective ammonia synthesis at

much milder conditions (P < 30 bar, T < 400° C) than the conventional Haber Bosch process.
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CHAPTER 1

INTRODUCTION

1.1 Overview

Global warming leads to very high risks of \severe, wide-spread, and irreversible impacts"

including the increasing numbers of extreme weather events such as wild�res and hurricanes.[1]

Numerous studies have demonstrated a strong correlation and causality between global warming

and anthropogenic greenhouse gas (GHG) emission.[1] CO2 emissions from human activities

including the combustion of fossil fuels and industrial processesaccounted for around 78% of the

total GHG emission increases from 1970 to 2010, leading to the rising atmospheric CO2

concentration from � 325 ppm to � 390 ppm. During that time the mean global temperature has

increased� 0.56°C.[1] As of Sep. 2020, the CO2 concentration in the atmosphere has surged to an

alarming level of � 410 ppm.[2] There are two important approaches to reducing CO2 emissions:

(i) Transition from fossil fuels to renewables (ii) Decarbonize carbon-intensive industrial processes.

This thesis focuses on developing e�cient chemical process technologies to enable these

strategies. Renewables contributed about 25% of the global electricity generation in 2018 [3] and

show increasingly strong momentum. The levelized cost of electricity (LCOE) for wind and solar

is below coal and gas-�red power plants with an ever-growing margin without subsidies.[4] Wind

and solar accounted for 76% of the U.S. electricity generation additions in 2020.[5] However, their

deployment and electricity generation are inherently distributed and variable[6], which requires

e�cient energy transportation and storage solutions.

Physical methods such as pumped hydro dominate current electricity storage and have high

round trip e�ciencies (RTE) up to 70%.[7] However, its implementat ion relies heavily on suitable

topography and is often limited to large-amount and long-time storage applications.[7, 8] The

electric grids are useful for short-range transportation but requireschallenging integration

solutions.[6] Batteries are the most direct solution, but this resource cannot be scaled to meet the

required capacity for long-time and long-distance applications.[8] An alternative is to convert

electricity into chemical energy, with the most direct route being electrolysis of water to produce

hydrogen.
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Hydrogen as fuels can be directly combusted or power fuel cells. Compared to fossil fuels,

hydrogen has superior gravimetric energy capacity (33.3 kWh/g) but limited volumetric energy

capacity (liquid hydrogen, 2.4 kWh/L).[9] Both metrics are signi�cantly higher than batteries,

making it particularly competitive to decarbonize long-range and heavy-duty mobile sectors

including trucks (e.g., Hyzon Motors), trains (e.g., Hydro
ex train), ships (e.g., Norwegian

Electrical Systems), and airplanes (e.g., ZeroAvia). Aside from beingan energy carrier, hydrogen

is widely used in industries including ammonia synthesis, metal re�ning, and chemical re�ning

processes.[10] Around 95% of current hydrogen production in North Americais derived from the

reforming of fossil fuels such as natural gas.[11] Natural gas is mainly comprised of methane, and

its reforming process is the most energy-intensive one among variousfossil fuels.[12] A transition

to green hydrogen can dramatically reduce the carbon footprint of the hydrogen-associated

industrial processes.

However, the transportation and storage of hydrogen are also very challenging.Currently,

hydrogen is stored at cryogenic temperature or by compressing up to 700 bar. Low volumetric

energy density and issues with boil-o� limit its storage for long-time and/or long-range

applications.[13]

Ammonia stands out as a medium for hydrogen transport and storage for many reasons. First,

it has a superior gravimetric hydrogen density (17.7 wt.%) and volumetric hydrogen density (108

g/L), and the latter is 50% higher than liquid hydrogen.[13] Besides, it is aliquid at ambient

temperature and modest pressure (< 10 bar). As such it can be stored for long times and

transported over long distances. As a major commodity chemical tradedglobally, the regulation

of ammonia and infrastructure for its distribution such as ships and pipelines are already in

place.[14] Policymakers from various groups have endorsed ammonia as a new energy commodity.

The International Maritime Organization (IMO) proposed to reduce the G HG emission at least

by 50% before 2050 by adapting engines powered by carbon-free fuels such asammonia (e.g, Man

Energy Solutions).[15, 16] Japan has launched imports of hydrogen as ammonia instead of fossil

fuels from Australia to reduce its carbon footprint.[17] Several planned construction of green

ammonia plants (e.g., CF Industries, Fertiberia) are announced to meet the increasing interests in

green fuels.
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Applications such as proton-exchange membrane (PEM) fuel cells use ultra high purity

hydrogen (> 99.97%, residual ammonia< 0.1 ppm).[18] As such the ideal ammonia

decomposition process requires a reaction system of high-level conversion and an e�cient

hydrogen separation unit. The endothermic reaction occurs at high temperatures (500 - 700°C)

for favorable thermodynamics and kinetics.[19] The pressure of operation in a conventional packed

bed reactor (PBR) is limited at atmospheric pressure following Le Chatlier's principle.

NH 3 �! 0:5N2 + 1 :5H2 � H0 = 46:2 kJ=mol (1.1)

Ecuity performed a techno-economical (TEA) analysis of hydrogen delivery at end-user sites by

cracking ammonia.[20] In the case of a decentralized scenario, ammonia is transported and

cracked on-site, whereas in a centralized model ammonia is decomposed centrally and distributed

as compressed or lique�ed hydrogen.[20] The former is found to be more economically viable than

the latter. This poses both challenge and opportunity for compact and modular technologies to

integrate hydrogen separation and ammonia decomposition reactions at mildertemperatures.[20]

Ammonia also has numerous industrial and agricultural uses. At present, ammonia is used to

produce chemicals such as plastics and explosives, and most importantly urea and various

ammonium salts for direct use as fertilizer.[14] For example, in the US in 2016, 88% of ammonia

ultimately acts as the raw material for fertilizer.[14] Synthesis of ammonia relies on the same

Nobel-winning approach invented by Haber and made viable by Bosch a hundred years ago. The

Haber-Bosch process operates at high temperatures (400 - 500°C) and high pressures (150 - 200

bar).[12] The former is required to activate the reaction kinetics while the latter is required to

partially overcome very unfavorable thermodynamics.

Small-scale and remote ammonia production has become a hot topic and the reasons are

twofold. First, as discussed, ammonia stands out as a promising hydrogencarrier. By de�nition,

the renewable generation of hydrogen will be a distributed proposition, and the means to store

and transport hydrogen must be compatible with this mode of operation. Second, a signi�cant

contribution to the cost of ammonia for end-users is the distribution of ammonia. This cost comes

from the di�erence between sites for ammonia production and sites for ammonia usage. For

example, in the US, over 55% of ammonia is produced in Texas, Oklahoma, and Louisiana in
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2014.[14] However, ammonia consumption is concentrated (> 50%) in the US Midwest such as

Iowa, Illinois, etc., which comes from the need for fertilizer usagefor crop production.[14]

Consequently, transportation of ammonia is necessary. And the delivery cost takes over 33% of

the end cost from the US gulf producer to the US Midwest users.[21] Although the modern

Haber-Bosch process at massive scales is well optimized with high e�ciency, small scale operation

isn't proved to be economical and thus brings the challenge of designing novel technologies and

processes.[22]

1.2 Catalytic membrane reactors

This thesis focuses on the development of catalytic membrane reactors (CMRs) technologies to

solve the challenges for small-scale ammonia production and decentralized hydrogen generation

and puri�cation by ammonia decomposition. CMRs employ the concept of process intensi�cation

by combining reaction and separation into a compact and modular unit. Theremoval of products

while the reaction happens can relax thermodynamic limitations and potential kinetic inhibitions.

Compared to a conventional PBR, the use of CMR leads to improved performance including

higher conversion and selectivity at reduced temperature. Successful implementations are majorly

for dehydrogenation processes including ammonia decomposition[23] and steam methane

reforming etc.[24]

One way to improve the CMR performance is the development of catalyst activity. For

ammonia synthesis, the classic catalyst is the non-reducible metaloxide promoted iron and has

the advantage of its high activity and low cost.[12] Compared to bulk iron catalysts, supported

metal catalysts can have a higher surface area for an enhanced density of active sites. The

synthesis reaction can be described by three elementary steps[25]: molecular nitrogen and

hydrogen chemisorb and dissociate on the catalyst surface. Next, surface reactions proceed by the

stepwise hydrogenation of nitrogen intermediates. Finally, ammonia desorbs and frees active sites.

The decomposition reaction happens conversely through the same set of elementary steps.

Ru-based catalysts are found to be the most active metal catalysts for bothammonia synthesis

and decomposition.[25, 26] Ni catalysts are a cost-e�ective choice for the ammonia decomposition

process.[26] However, high temperature (> 600°C) is required for su�cient catalytic activity.[26]
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Another focus is the development of membrane materials and fabrications. For use in

separation processes, membranes are typically thin �lms that permeate di�erent components at

di�erent speeds and therefore can be used for separation. Compared to conventional separation

methods such as distillation, membrane separation is more attractive because it is driven by the

partial pressure di�erence between the feed and permeate sides without additional energy input.

Permeance, or the pressure driving force averaged permeation 
ux, characterizes a membrane's

ability for permeating a particular component. Permeability is the t hickness normalized

permeance and linearly scales with the di�usivity and solubility of the membrane material.

Selectivity is de�ned as the ratio of the permeances of di�erent components. Membranes can be

categorized into organic and inorganic membranes. Generally, inorganic membranes are more

favorable than polymer membranes for membrane reactors requiring highthermal and chemical

stability.[24] Dense metallic membranes using Pd and Pd alloys can selectively permeate hydrogen

through the solution-di�usion mechanism, leading to its preferred uses for high-purity hydrogen

delivery.[27] Additionally, the separation of ammonia from nitrogen and hydrogen can follow

various mechanism including molecular sieving[28] and facilitated transport[29].

Figure 1.1 Process 
ow diagram for ammonia synthesis using a CMR (left) or PBR (right).
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In this thesis, we developed CMR technologies pertinent to distributed ammonia synthesis and

decomposition. First, a new CMR con�guration for ammonia decomposition wasdeveloped based

on impregnating the Ru catalyst into the support and using it as a seed for electroless deposition

of the Pd membrane. The intimate proximity of the catalyst and the Pd membrane greatly

enhanced both decomposition kinetics and hydrogen recovery. A 2D reactor model was developed

and validated, and this model was used to further improve CMR operation, achieving world

record productivity by increasing catalyst loading and increasing the operating pressure. The

low-cost zeolite Clinoptilolite was identi�ed as a reusable adsorbent that reduced residual

ammonia in the permeate to levels suitable for fuel cell operation (< 0.1 ppm). Second,

nano-scale Ru and Fe catalysts were developed for ammonia synthesis. Support interactions were

critical for both, with Ba-promoted yttria-stabilized zirconia and Cs -promoted 
 -alumina being

ideal materials for Ru and Fe, respectively. Ru displayed state-of-the-art activity and the

nano-scale iron was identi�ed as a cost-competitive alternative. Finally, a reactor model was

developed to explore the potential of CMR technologies for modular ammonia production. This

study established the minimum membrane requirements for ammoniapermeance (> 100 GPU)

and selectivity (> 10) and displayed how operating conditions could be greatly relaxed relative to

Haber-Bosch to much more modest conditions (P< 30 bar, T < 400 °C).
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CHAPTER 2

METHODS

This chapter discusses experimental methods and numerical methods used in this thesis. The

former includes catalyst preparation, membrane preparation, and reactoroperation. And the

latter consists of kinetic modeling, reactor modeling, and process modeling.

2.1 Catalyst preparation

Generally, the catalyst loading is through wet impregnation on both tubular membrane

supports and cylindrical pellets. Incipient wet impregnation adds the precursor solution on a

support drop by drop. Alternatively, supports can be immersed in the precursor solution. The

loading of metal and promoters on supported catalysts roughly scales with the pore volume of the

support and the concentration of the precursor solution. The desired loading of catalysts and

promoters can be adjusted by varying the concentration of the precursorsolution. An additional

step of calcination or reduction is required to �x the metal particles on the support.

2.1.1 Catalysts impregnated in membrane supports

Asymmetric, tubular, yttria stabilized zirconia (YSZ) �lters are purchased from Praxair Inc.

and used as supports for Pd and Pd-alloy membranes. Yttria constitutes4 mol.% for desirable

mechanic stability. The O.D. and I.D. of the tubular YSZ supports are 1.0 cm and 0.74 cm,

respectively. The bulk of the supports are macroporous with the pore size in � 3 �m for e�cient

gas transport, and the outer layer has a thickness in� 20 �m and pore sizes in� 200 nm to

support a thin metallic �lm. The surface area of the support is � 2.2 m2/g determined by nitrogen

physisorption and BET method. Additionally, symmetric alpha-alumin a supports (CoorsTek Inc.)

are used with homogeneous pore sizes in 200 nm, and its surface area is� 4.4 m2/g.

Ru catalysts are loaded into YSZ supports through wet impregnation. The Ruprecursor

solution is 0.67 M RuCl3 dissolved in a mixture of water (25 vol.%) and acetone (75 vol.%). For a

complete catalyst loading, bare support is immersed in the Ru precursor solution for 30 mins and

a typical Ru loading is � 1 wt.% determined gravimetrically. Alternatively, Figure 2.1(a) sh ows
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that Ru catalysts can be con�ned to the outer layer of the support by �ll ing its inside with water

and capping ends using Para�lm and Te
on tapes. The Ru loading can be reduced to � 0.5 wt.%.

The Ru loaded YSZ tube is then dried in an oven at T = 130°C for 45 mins. Next, the Ru

impregnated tube is reduced under hydrogen at T = 400°C for 2 hours, followed by washing using

DI water to remove any unreduced Ru chloride.

Promoters such as Cs, Ba, and K are loaded sequentially after Ru reductionfollowing the same

methods, and their precursor solutions are made by dissolving the corresponding nitrates (0.91 M,

CsNO3, 99.99%, Alfa Aesar; 0.34 M, Ba(NO3)2, 99.999%, Sigma Aldrich; 1.06 M, KNO3, 99.999

%, Sigma Aldrich) in DI water. The reduction of promoters is performed in situ during reactions.

(a) (b)

Figure 2.1 (a) Con�ned Ru loading on the outer layer of a YSZ membrane support. (b) Fe/ 
 -
alumina catalysts prepared in-house with a uniform Fe loading using incipient wet impregnation
on particles from crushed supports.

2.1.2 Catalysts impregnated in pellets

Commercial gamma-alumina supports (Alfa Aesar) with high surface area (� 250 m2=g) are

used to prepare supported Fe catalysts with high metal loading. The Fe precursor solution is 1.4

M ammonium iron citrate (reagent purity, Sigma Aldrich) dissolved in D I water. To achieve a

uniform loading, the support pellets are crushed into particles with sizes in the range of 250 - 425

�m . The catalyst loading is then performed by incipient wet impregnation. The precursor

solution is added into supports drop by drop using pipettes until a � lled pore volume

(Figure 2.1(b)). To achieve a higher loading of metallic catalysts and promoters, multiple loadings

are done by performing cycles of loading and subsequent drying in air atroom temperature. The
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supported catalyst is then calcined at T = 350°C in air. The �nal reduction step is performed in

situ during reactions.

Commercial Ru catalysts are purchased from Strem Chemical. The Ru loading is � 0.5 wt.%

and the surface area is� 100 m2=g.

2.2 Membrane preparation by electroless plating

2.2.1 Support cleaning and activation

Figure 2.2 Photographs of Pd membrane supported on the Ru activated YSZ tubeat di�erent
stages of fabrication.

YSZ supports are cleaned using DI water and subsequent acetone. Next, anactivation step

deposits Ru or Pd particles and is necessary to initiate the autocatalytic electroless Pd plating. In

addition to activation through Ru wet impregnation (section 2.1.1), airbrushing using chloroform

based precursor solution (e.g., palladium acetate dissolved in chloroform, 0.16 M) can limit the

activation process on the outer layer. Next, the activated tubes can bereduced under hydrogen or

calcined in air at T = 400°C to decompose the metal salts.

2.2.2 Pd membrane deposition

A Ru or Pd activated YSZ tube is �lled with water inside and ends are capped using Para�lm

and Te
on tapes. The tube is then placed in a graduate cylinder to reduce the oxidized metal

crystallites using hydrazine solution in water (20 mM) at room temperature for 30 mins. If the

level of oxidation is high, an elevated temperature or hydrazine solution with a higher

concentration can be used. After removing the reduction solution, the plating continues by the
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addition of Pd plating and hydrazine solution (10 mM), and the ratio of its t otal volume over the

tube surface area is� 1.5. The Pd plating solution is 10 mM PdCl2 dissolved in water (736

mL/L) and NH 3 (4 M). The Pd plating bath is replaced after 1 - 2 hours to maintain a desirable

deposition rate. Each plating cycle deposits a Pd layer with a thickness of� 1 �m . For a

membrane with negligible defects, a thickness in> 4 �m is desirable for the YSZ supports used in

this work.

The oxidation of hydrazine releases nitrogen and creates bubbles. Theprompt removal of

bubbles is crucial to creating a dense membrane with less defects. As such the graduate cylinder

with a tube in Pd bath is placed in a sonicator, and shaking by hand or rotation by motors is

needed to dislodge bigger bubbles. This is especially important inthe deposition of the �rst Pd

layer. A slower plating rate can also help create a denser Pd �lm. Therefore room temperature is

often preferable. Additionally, longer storage usually results in a less strong reducing solution due

to oxidation by air. On the contrary, if a new hydrazine solution is prepared, homogeneous

precipitation of Pd might happen due to a fast reaction between hydrazine and the metallic

cations in the aqueous solution.

2.2.3 Au layer deposition

The Au plating is conducted through displacement plating due to a higher half-cell potential

of Au (1.0 V)[30] compared to Pd (0.62 V)[31]. The Au plating solution is 3 mM AuCl3 dissolved

in NaOH (0.25 m) and DI water (1000 mL/L). Similarly, the ends of a Pd/YSZ tube are c apped

using Para�lm and Te
on tapes and the inside is �lled with water. After reducing the PdO

crystallites to Pd using the hydrazine solution, the residual hydrazine is removed by washing the

tube using DI water. The tube is then placed in a graduate cylinder with the addition of Au

plating solution in a water bath at T = 60 °C for 18 hours. The graduate cylinder is capped using

Para�lm to reduce the vaporization of the plating solution. To obtain a uni form Pd-Au layer, the

annealing step is performed at T = 500°C and P = 30 bar under hydrogen. For the same reason,

multiple cycles of Pd and Au plating and subsequent annealing are preferable.
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Figure 2.3 Process 
ow diagram of the general operation control.

2.3 Reactor operation

2.3.1 General operation control

Figure 2.3 plots a process 
ow digram of the general operation control of experiments. A

reactor is placed in a Lindberg M furnace. Two thermocouples are usedat both the inlet and

outlet of the reactor and their di�erence in measured temperatures throughout experiments is

within 2 °C. The pressure is controlled using a back-pressure regulator and its value is monitored

using an electronic pressure gauge. The 
owrate of inlet reactants (H2, N2, NH3, He, etc.) is

controlled using mass 
ow controllers (MFCs), whereas the 
owrate of outlet streams is measured

through mass 
ow meters (MFMs) or bubble 
ow meters. Each controller and meter is calibrated

by measuring 
owrate separately using a bubble 
ow meter. The 
owrates used in this thesis are

at standard conditions (T = 0 °C and 1.013 bar, e.g., sccm). Note that thermal-based MFCs and

MFMs are often calibrated by the factory using a speci�c gas. Therefore, a di�erent gas

conversion factor (GCF) should be used to correct the controlled or measured 
owrate depending

on the gas composition. For ammonia concentration below 1 mol.%, its concentration is measured

using a nondispersive infrared detector (NDIR, Bacharach Inc.). The analysis of higher ammonia

concentration and nitrogen concentration requires the use of gas spectroscopy (GC) and mass

spectroscopy (MS). Detectors are calibrated using a 1% NH3 diluted in stoichiometric H 2 and N2

mixture (Matheson). Calibration using high ammonia concentration (10 - 100mol.%) and

nitrogen concentration can be controlled through MFCs. The experimental data including
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temperature, pressure, 
owrate, and composition of outlet streams arelogged through a LabView

interface every 5 mins. The leak rate of the reactor module and test setup is tested by

pressurization using nitrogen at room temperature. The use of hydrogenshould be avoided due to

concerns of hydrogen embrittlement for Pd-based membranes. The leakrate of the system shall

be below 0.5 % of the highest inlet 
ow rate at the highest operating pressure.

2.3.2 Packed bed reactor

Figure 2.4 Schematic diagram of a PBR for the ammonia synthesis reaction using the Ba-Ru/YSZ
catalysts.

PBR is used to evaluate the kinetic performance of catalysts. Figure 2.4 shows a schematic

diagram of a PBR for ammonia synthesis using the Ba-Ru/YSZ catalyst. A PBR can be

fabricated using VCR cells with a length to diameter ratio preferably over 10. The space velocity

is set at 72,000 mL gcat� 1 h� 1 to ensure no external mass transfer limitations (Figure D.2).

Kinetic testing using catalyst particles in various sizes are necessary to determine the threshold

for no internal mass transfer limitation. This is especially important for catalysts with small pore

sizes and high catalytic activity. In this thesis, particles with sizes in 250 - 425�m are selected.

The catalyst particles are packed with glass beads and shook well to provide uniform distribution.

The inlet stream is puri�ed using an oxygen trap to reduce the concentration of oxygen impurity

to less than 2 ppb.

12



(a)

(b)

Figure 2.5 Schematic diagram of a CMR for the ammonia decomposition process.

13



2.3.3 Catalytic membrane reactor

The catalytic membrane reactors follow the same setup as documented in Collins and Way.[32]

Figure 2.5 plots a schematic diagram of a CMR for ammonia decomposition. Brie
y, a CMR is

sealed to 1/400stainless steel tubing through 10 mm graphite ferrules inside of a 100stainless steel

shell. The inlet and retentate 
ow are fed and collected on the tube side, whereas the permeate


ow is measured on the shell side. In addition to catalysts impregnated in membrane supports,

the catalyst loading can be increased by packing catalysts in the lumenof the CMR. Similar to

the PBR test, catalysts are crushed and sieved, and particles within 250 - 425�m are packed.

Two ends are plugged with quartz wool as catalyst particle �lters. Catalysts can also be packed

on the shell side of a CMR, stainless steel meshes are used to hold the catalyst bed. The

di�erence between directly and indirectly measured retentate
owrate is used to check the mass

balance of a CMR. The retentate 
owrate can be obtained directly by measurement from MFM

corrected using GCF calculated using the retentate composition. Alternatively, the nitrogen

balance can derive the retentate 
owrate based on the 
owrate and composition of the inlet and

outlet streams (apart from the retentate). The mass balance needs closure within 5%.

2.4 Characterization

In this section, major methods and instruments for characterizingcatalysts and membranes are

brie
y summarized including XRD, XRF, FIB, SEM, TEM, Physisorpt ion, and Chemisorption.

X-ray di�raction (XRD, X'Pert Panalytical) is used to identify the cr ystalline structure of the

material. XRF (Fischerscope X-Ray XDLM-C4) is used to measure the thickness of the membrane

as well as the bulk composition of the material. To determine the homogeneity of Pd-Au

membranes, the accelerating voltage can be varied from 20 - 50 kV for various penetration depths.

There are two electron microscopy (EM) machines including scanning electron microscope

(SEM, JEOL JSM7000F FESEM) and transmission electron microscopy (TEM,Talos F200X

Microscope). EM instruments are useful for imaging the material and determine the surface

morphology based on the di�erence in measured electron density. The resolution of TEM is

signi�cantly better than SEM and is more applicable for nanostructures < 10 nm. Additionally,

Energy-dispersive X-ray spectroscopy (EDX) is included in both instruments for composition

measurement. Focused ion beam (FIB) can be used to prepare thin slices of samples for TEM.
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Nitrogen physisorption (Micromeritics ASAP 2020) and BET method are used to determine

the surface area of the catalyst. Chemisorption (Micromeritics ASAP 2020) is used to disclose

information including the catalyst particle size, dispersion, metallic surface area/active sites

density. Di�erent probe gas can be used depending on the metal of interest. In the case of

supported iron catalysts, the catalyst is reduced for 12 hours under a constant 
ow of hydrogen at

450°C. The analysis is done at T = 50°C. The di�erence results are used representing the strongly

chemisorbed species on catalyst sites.

2.5 Numerical methods

2.5.1 Kinetic modeling

From experiments, the activity of catalysts is often evaluated usingthe generation rate of the

desired product normalized by the catalyst mass (e.g., mmol gcat� 1 h� 1) or active sites density

(e.g., turnover frequency/TOF). However, if the product inhib ition exists, reaction rates collected

in a packed bed reactor are more appropriately classi�ed as an integral than di�erential reactor

despite small conversion. At the same space velocity, the di�erence in catalytic activity is more

signi�cant than the di�erence in integral synthesis rates/outlet pr oduct concentration appear. In

this scenario, kinetic modeling helps the evaluation and comparison ofdi�erent catalysts at

various operating conditions. Additionally, kinetic modeling can give insights into the

rate-limiting step of the overall reaction, assisting the design of novel catalysts and new processes

such as CMR. Depending on the level of complexity, various kinetic modeling methods are used

including the power-law kinetics, Langmuir-Hinshelwood-Hougen-Watson (LHHW) type reaction,

and microkinetic modeling.

The power-law rate is appealing because of its simplicity. Reactionconditions need extensive

variation in the desired range for a quality �tting. Experimentally, t he total pressure of the

system stays constant using an inert gas as a balance (e.g., He). The power of reactants is

determined by varying their partial pressures, individually. I n addition, varying the space velocity

gives the power of products.

The use of LHHW expression is an iterative process. The �rst step is proposing a mechanism

with multiple elementary steps. Next, the apparent rate expression can be simpli�ed using

assumptions including steady-state, quasi-equilibrium, rate-limiting step, and the most abundant
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species, etc. The mechanism is either accepted or rejected by comparing the �tting quality

between experimental results with model predictions.

Compared to the LHHW expression, microkinetic modeling doesn't require any assumptions.

The kinetic parameters such as the rate constant and activation energy areoften estimated

through DFT calculations, molecular simulation, and experimental results such as single crystal

absorption. A detailed mechanism procedure can be found in chapter 4.

2.5.2 Reactor modeling

The reactor modeling in this thesis includes two reactor types: PBR and CMR. The formed is

used for kinetic modeling as discussion in section 2.5.1. The CMR modeling is discussed in detail

in the appendix A.

2.5.3 Process modeling

ASPEN is often used as the process modeling tool to perform the techno-economical analysis

including the capital and operating cost. However, novel modules forprocess intensi�cation such

as the CMR are not prede�ned and cannot be simply replaced using a PBR and separator. Here

we built an Excel connector to process data
ow between ASPEN and MatLab for customized

CMR module. Detailed discussion of this work is documented in theAppendix B.
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CHAPTER 3

EFFICIENT AMMONIA DECOMPOSITION IN A CATALYTIC MEMBRANE REACTOR TO

ENABLE HYDROGEN STORAGE AND UTILIZATION

A paper accepted by the ACS Sustainable Chemistry & Engineering1.

Zhenyu Zhang2;3, Simona Liguori4, Thomas F. Fuerst5, J. Douglas Way3, Colin A. Wolden3;6

3.1 Abstract

Liquid ammonia is a high density (17.7 wt.%) hydrogen carrier with a well-established

production and distribution infrastructure. E�cient decomposit ion and puri�cation are essential

for its use as a hydrogen storage material. Here we demonstrate the production of high purity ( >

99.7%) H2 from NH3 using a catalytic membrane reactor (CMR) in which a Ru catalyst is

impregnated within a porous yttria-stabilized zirconia (YSZ) tube coated with a thin, 6 � m Pd

�lm by electroless deposition. The intimate proximity of catalyst an d membrane eliminates

transport resistances that limit performance in the conventional packed bed membrane reactor
1Reprinted with permission of ACS Publications
2Primary researcher and author
3Department of Chemical and Biological Engineering, Colorado School of Mines, Golden, CO 80401, United States
4Department of Chemical and Biological Engineering, Clarkson Un iversity, Potsdam, NY 13699, United States
5Fusion Safety Program, Idaho National Laboratory, Idaho Falls, I D 83402, United States
6Author for correspondence
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(PBMR) con�guration. The addition of a Cs promoter enabled complete NH3 conversion at

temperatures as low as 400°C, exceeding equilibrium constraints without the need for a sweep gas.

A reactor model was developed that captured CMR performance with high �delity. NH 3

decomposition was observed to follow �rst order kinetics due to e�cient H2 removal. Relative to a

comparable PBMR, the Ru loading in the CMR was reduced an order of magnitude and the H2

recovery increased 35%, enabling record volumetric productivityrates (> 30 mol m� 3 s� 1) that

validate its promise for e�cient, compact H 2 delivery from ammonia.

3.2 Introduction

Numerous studies have demonstrated the strong dependence between global warming and

anthropogenic greenhouse gas (GHG) emission.[1] Of the total GHG emission increases from 1970

to 2010, approximately 78% was attributed to CO2 emission by combustion of fossil fuels and

industrial processes.[1] During that time, the CO2 concentration in the atmosphere has risen from

� 325 ppm to � 400 ppm, while the mean global temperature has increased� 0.56°C [1]. In

order to stabilize these changes and ensure atmospheric CO2 remains less than 440 ppm by 2050,

it is imperative to substantially reduce CO2 emissions from combustion of fossil fuels.[1, 33]

Renewable energy is at the center of the transition to a less carbon-intensive and more

sustainable energy system. In 2016 renewables accounted for almost two-thirds of net new power

capacity, with almost 165 gigawatts (GW) coming online.[34] Solar PV deployments increased

faster than any other fuel, overtaking the net growth in coal for the �rs t time. The International

Energy Agency expects renewables to account for more than one-third of electricity generation by

2022.[34] Transportation accounts for approximately 20% of global energy consumption, but the

contribution of renewables in this sector lags (� 4%). At present, biofuels are the predominant

source, but competition with food production and unclear bene�ts with respect to CO2 reduction

render the global substitution of fossil fuels by biofuels unlikely.[35] Electric vehicles (EVs) are

making signi�cant inroads. However, electri�cation of the transport sector faces serious challenges

because the batteries employed for onboard electric energy su�er from low gravimetric and

volumetric energy densities.[36] Limited driving range and excessive time for recharging are also

concerns. A third alternative is fuel cell electric vehicles (FCEVs) powered by hydrogen, which

are commercialized with driving ranges exceeding 600 km (e.g., ToyotaMirai, Hyundai Tucson,
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Honda Clarity, etc.). Conversion of electricity to chemicals is a leading approach for both medium

and long term energy storage, with electrolysis of water to produce H2 being the critical step in

the process.[37] Production costs for renewable H2 are currently � $4/kg and forecast to drop to

$2/kg.[38] For reference, the energy in a kg of H2 is nominally equivalent to that in a gallon of

gasoline (1.019). At this price point hydrogen FCEVs would be very competitive with

conventional vehicles, considering their higher e�ciency. However, hydrogen currently retails for

$15 - 16/kg, with the majority of costs associated with storage, transport, and dispensing

costs.[39] Conventional H2 storage in high-pressure compressed gas cylinders or cryogenic liquid

tanks is straightforward, but su�ers from excessive energy losses (H2 compression, liquefaction,

and boil-o�) and low volumetric energy capacity.[40, 41]

As such there has long been e�orts to develop alternative hydrogen carriers for storage and

delivery.[42, 43] A host of candidates including metal hydrides[44], chemical hydrides[45], and

nanoporous materials[46] have been explored. Low gravimetric capacity (< 10 wt.%) and issues

with reversibility, durability, and thermal management are major li mitations [47]. Liquid fuels

generated from renewable H2 with high energy density include methanol[48], formic acid [49], and

ammonia [13]. Such fuels can be transported over long distances, storedfor long times, and are

then decomposed to H2 at end-use sites. A liquid at ambient temperature and modest pressure

(< 10 bar), ammonia has a number of advantages over other carriers. First, it has a superior

gravimetric density (17.7 wt.%) relative to either methanol (12.8%) or formic acid (4.34%). In

addition, it does not require management of carbon/CO species during either its synthesis or

subsequent decomposition. As one of the world's leading commodity chemicals [50] an extensive

distribution infrastructure, including regulations for its trans portation, are already in place.[51]

For example, the US alone has over 5000 km of pipelines as well as hundreds of retail outlets

throughout the Midwest.[14]

NH3 decomposition has long been advocated as a means to deliver carbon-free hydrogen for

applications such as fuel cell electric vehicles.[52] State-of-the-art on-board storage consists of

compressed hydrogen (700 bar) that reaches 5.7 wt.% H2.[13] A number of alternatives for

on-board storage have been evaluated over the past decades.[53] However, simultaneously

satisfying the requirements of cost, size, start-up, performance, safety and purity is a tremendous

challenge, and it is expected that compressed H2 will remain the standard for the foreseeable
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future. In such a scenario, ammonia delivery and decomposition would be used to supply

hydrogen fueling stations.[41] Ammonia contains� 40% more hydrogen than liquid hydrogen on a

volumetric basis, without concerns about boil o�. A recent life cycle assessment concluded that

renewable ammonia was second to just hydrogen among all fuels in terms of its environmental

impact.[54] Giddey et al. [55] calculated that the round trip e�ciency ( RTE) of renewable

ammonia to be signi�cantly higher than liquid hydrogen.

The reconversion of ammonia to hydrogen and its puri�cation are energy intensive steps that

impact its RTE [55]. Ammonia decomposition occurs through the followingreaction:

NH 3 *)
1
2

N2 +
3
2

H2 � H o = 46:2 kJ=mol (3.1)

The endothermic reaction is commonly catalyzed by transition metals including Ru, Ni, Fe,

and Ir.[26] Among these, Ru-based catalysts exhibit the highest activity, while Ni is often used

due to cost concerns.[26] Ru catalysts are typically supported using active carbon or metal oxides

such as MgO and Al2O3. Both the nature of the support and alkali metal promoters can have a

signi�cant impact on the catalytic performance by altering the electr onic density of the Ru active

sites.[56, 57] At the conditions of interest, high conversion at the lowest possible temperature, the

kinetics are typically well described using the Temkin-Pyhzev model[58]:

r = kf

2

4

 
P2

NH 3

P3
H 2

! �

�
PN2

K eq

 
P3

H 2

P2
NH 3

! 1� �
3

5 (3.2)

where the exponent� has been reported to be in the range 0.16 - 0.25. This expression indicates

that the rate is inhibited by competitive adsorption of hydrogen and the reverse reaction becomes

non-negligible at temperatures below 600°C.

There are a number of reactor con�gurations that have been explored to conduct this process

as recently reviewed by Chiuta et al.[59]. Packed bed reactors (PBRs) are commonly used for

catalyst studies, but at scale they are ine�cient and cannot meet the requirements with respect

to weight and size required by distributed power systems.[53] There has been considerable work

developing microreactor technologies that provide e�cient heat and mass transfer as well as short

residence times to improve the responsiveness of such systems.[60, 61] Concepts such as
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microchannels, microposts, and monoliths provide the speci�c surface area required to accelerate

reactions while providing e�cient transport.[62] While microreact ors address these issues there

remains a need to purify H2 from N2 and residual NH3 that can be catastrophic to sensitive

systems such as proton exchange membrane (PEM) fuel cells whose tolerance levels are< 0.1

ppm.[18] Moreover microreactors require temperatures in excess of 600°C to fully decompose NH3

[63], and it would be desirable to reduce the thermal budget.

Multifunctional reactors combine reaction and separation into one unit operation. Hydrogen

permeable membrane reactors o�er a number of potential advantages. If H2 is e�ciently removed

from the reaction zone competitive adsorption e�ects might be eliminated and the reaction

kinetics may described by the Tamaru model which normally appliesat high temperature where

H2 adsorption and the reverse reaction are negligible.[64, 65]

r =
kKP NH 3

1 + KP NH 3

= k
0
P �

NH 3
(3.3)

In a conventional ammonia decomposition reactor increasing the pressure is unfavorable

following Le Chatlier's principle. However, with su�cient hydr ogen removal higher pressures

enhances both kinetics and thermodynamics. The ability of membranereactors to accelerate

decomposition kinetics have been demonstrated by a number of investigators [44, 66{70]. In the

typical packed bed membrane reactor (PBMR) con�guration catalyst partic les are packed within

the interior or in the annulus surrounding a tubular hydrogen permeable membrane.[44, 66] Using

a 200 micron thick Pd tube Itoh et al. achieved higher conversion in a PBMR relative to a

PBR.[68] However, the gains were quite modest and modeling showed that hydrogen recovery was

limited by the low permeance of the thick Pd tube. More commonly, composite membranes

comprised of thin layers (� 5 microns) of Pd deposited on porous tubular supports are

used.[44, 66, 69, 70] Using a sweep gas (which enhances driving force for permeation) the

temperature for complete decomposition in a PBMR was reduced below 400°C, exceeding

equilibrium constraints.[66] However, for hydrogen delivery applications dilution by the sweep gas

is not desired. Israni et al. directly compared PBR vs. PBMR performance at various conditions

(500 - 600°C; 1 - 5 bar, space velocity) without a sweep gas.[69] In the PBMR the space velocity

could be modestly increased (10 - 20%) while achieving comparable levels of conversion as the
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PBR, and the purity of the permeate exceeded 99%. Again bene�ts were limited, and increasing

pressure was not bene�cial. They developed a model using Temkin-Pyhzev kinetics and

experimental permeability that captured their results with high �delity. Their modelling analysis

indicated that the H 2 recovery was limited by poor radial transport through the packed bed,

which was supported by the observed insensitivity to the thickness of the Pd membrane.[69]

Figure 3.1 Schematic cross-sections comparing a conventional (PBMR) to the catalytic membrane
reactor (CMR) used in this work.

There are two major transport limitations that can occur in PBMR con�gur ations. First,

when using a highly active catalyst, di�usion within pellets can li mit its e�ectiveness. Second,

upon exiting an individual pellet, the hydrogen must then radially d i�use through the bed and

the support to the membrane surface before being swept away in theretentate 
ow. These issues

can be addressed in part by reducing the pellet size and controllingthe surface area to volume

ratio in the PBMR.[71] The objective of this study was to develop a catalytic membrane reactor

(CMR) that overcomes these transport limitations and demonstrate its performance for ammonia

decomposition. Following the convention of Dittmeyer et al. [72] the membrane in a PBMR is

permselective but inert, with catalytic activity supplied exc lusively by catalysts in the packed

bed. In contrast, the membrane in a CMR is both permselective and catalytically active. The two

are contrasted schematically in Figure 3.1. In our CMR, the catalyst is impregnated onto the

porous oxide support prior to application of the Pd membrane by electroless deposition. The Pd

itself is not catalytically active, but its intimate proximity to t he supported catalyst enables the

composite membrane to behave as a CMR. In the CMR, the length scale fordi�usive transport is
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reduced from millimeters to microns, with H2 being released directly adjacent to the permeable

membrane upon decomposition. The absence of catalyst pellets eliminates issues with poor

dispersion, channeling, or pressure drop through the bed. For a �xed inlet 
ow rate the residence

time in the reactor is nominally doubled.

Herewith we report the development and implementation of a catalytic membrane reactor for

e�cient ammonia decomposition. Speci�c improvements include signi�cant reductions in

temperature, enhanced recovery, and reduced catalyst loading. Ruthenium dispersed on

yttria-stabilized zirconium (YSZ) is shown to be a highly e�ectiv e catalyst that is enhanced with

the addition of a cesium (Cs) promoter. A two-dimensional reactor modelwas developed that

captures the CMR performance with high �delity, and is used to elucidate rate-controlling steps

and optimize reactor operation.

3.3 Experimental details

3.3.1 CMR fabrication and characterization

Figure 3.2 (a) Photographs of the CMR at various stages of fabrication; (b) SEM cross section
showing the morphology of the asymmetric YSZ support that is dominated bylarge macropores
with the exception of a 20 micron mesoporous region at the exterior which is in contact with a dense
layer of Pd deposited by electroless deposition (the apparent separation is an artifact of sample
preparation); (c) high resolution TEM obtained from the mesoporous region showing well dispersed
2 - 3 nm Ru nanocrystals (white).

Asymmetric YSZ supports (3% Y2O3, 97% Zr2O3) were obtained from Praxair Surface

Technologies (Figure 3.2 a). The supports have an outer diameter of 1 cm anda wall thickness of

0.13 cm. The bulk of the support is made up of macropores several microns insize to promote

e�cient transport. The outer 20 � m of the support is a mesoporous region with pores on the

order of 0.2 � m in size (Figure 3.2 b). The as-received supports were cut to the desired length,
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washed with acetone, and rinsed using deionized (DI) water. The Ru catalyst was impregnated

radially from the exterior (Figure 3.2 a) using a solution of Ru chloride hydrate (Pressure

Chemical CO., metal 40%) dissolved in 75% acetone (ICC, 99.5%) and 25% DI water.[73] The

YSZ support was �rst �lled with DI water and the two ends were capped w ith Te
on. The tube

was placed in a graduated cylinder containing the Ru solution which was agitated using an

ultrasonic bath (Bransonic 1200) at room temperature for 30 minutes. Next, the support was

removed and dried in air at 130°C. The Ru impregnated YSZ tube was reduced under pure H2 at

400°C and 1 bar for 1 hour, in a Lindberg blue M furnace. This step was followed by washing the

Ru/YSZ tube in DI water to remove any unreduced Ru chloride. The tube was then dried again

in air at 130°C. The level of Ru loading (0.41 wt.%) was determined gravimetrically.

Attempts to characterize the catalyst by chemisorption were unsuccessful due to the limited

surface area and low catalyst loading. To assess the morphology and level of dispersion

transmission electron microscopy (TEM) was performed on a 10� 10 � m cross-section of the Ru

impregnated mesoporous region prepared by focused ion beam (FIB) milling. The average Ru

crystallite was 3.8 � 2.1 nm in size (Figure 3.2 c) quanti�ed by ImageJ which corresponds to a

dispersion of 34%.[74, 75] The Ru catalytic activity of ammonia decomposition is highly structure

sensitive.[76] This is because Ru particle size determines the density of B5 sites, whose geometry

and electronic properties bene�t the desorption of N diatoms.[77] Smaller Ru particles (< 0.8 nm)

are too �ne to be catalytic active, whilst larger particles do not necessarily increase B5 site

density.[77] The medium Ru particle size prepared in this study was in the range of 2 - 7 nm that

has been reported to be optimal for NH3 decomposition.[41, 77]

The Ru nanoparticles also provided the seed sites to catalyze the growth of a Pd membrane by

electroless deposition.[78] Before plating, the inside of the tube was�lled with DI water and the

two ends were capped with Te
on tape. Then, the vessel containing the plating solution and the

Ru/YSZ tube was placed in an ultrasonic bath at room temperature for 2 hours. Four plating

cycles were employed to produce a homogeneous, dense �lm 6.2� m in thickness measured by

gravimetric analysis. After Pd plating, the membrane was washed in DI water, dried in air at

130°C, and mounted in a module as discussed in the following section. After being used for

ammonia decomposition testing (> 340 hours on stream), the CMR was cooled to ambient

conditions and removed. Cesium, a leading promoter for NH3 decomposition[79], was then added
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by impregnation. Cesium was added after membrane formation since it is soluble in the Pd plating

solution. One end of the tube was capped and the interior of the tube was soaked in cesium

nitrate (Alfa Aesar, 99.99%) in aqueous solution 2 hours. The tube was dried in air at 130°C, and

after reducing in pure H2 at 400°C and 1 bar for 2 hours, the molar ratio of Cs/Ru was 1.5.

The pure gas permeance of H2 and N2 in Ru and Cs/Ru CMR was measured before and after

ammonia decomposition experiments over a range of 1 - 5 bar (gauge) and the results are

summarized in Table 3.1. The hydrogen permeance displayed expectedbehavior, and the

membrane proved to be very stable over another> 340 hours of cumulative ammonia

decomposition testing, including numerous temperature and pressure swings. The hydrogen

permeance was well-described using a Sieverts' exponent of n = 1, consistent with the rate

limiting step being hydrogen dissociation as often observed in thinPd membranes.[23] The slight

increase in permeance and detection of N2 at 350°C is attributed to minor defect formation that

occurred during � 700 hours testing.

Table 3.1 Summary of Pd membrane permeance at various temperatures for the Cs/Ru CMR (hour
340 - 700 of testing).

Permeance 350°C 400°C 450°C
Before ammonia decomposition test
H2 (mol cm� 2 s� 1 Pa� 1) 4.19� 10� 11 5.52� 10� 11 6.46� 10� 11

N2 (mol cm� 2 s� 1 Pa� 1) Not measurable at 5 bar
After ammonia decomposition test
H2 (mol cm� 2 s� 1 Pa� 1) 6.64� 10� 11 8.25� 10� 11 9.91� 10� 11

N2 (mol cm� 2 s� 1 Pa� 1) 4.42� 10� 14 N/A N/A

3.3.2 Ammonia decomposition experiments

The as prepared CMR was mounted in a module with detailed description provided in the

literature [32]. The module was heated in a Lindberg blue M furnace, with an in-situ

thermocouple measuring the temperature in the middle of the CMR.The CMR was short

compared to the heating zone, ensuring isothermal operation. All gases used in this study were of

UHP grade and supplied from General Air. During heating, both the tube/ret entate side and the

shell/permeate side of the module was fed with nitrogen to avoid hydrogen embrittlement of Pd

membrane at low temperatures. Ammonia was delivered through the tubeside controlled using a
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mass 
ow controller (MFC, Parker). The permeate and retentate streams were connected to the

analysis system including quadrupole mass spectroscopy (MS) and non-dispersive infrared

detector (NDIR, Bacharach), independently. MS gives the gas composition including NH3, N2,

and H2, while NDIR analyzes the NH3 concentration only. Calibration using a premixed gas

mixture of NH 3 (1%), N2, and H2 (H2/N 2 = 3) displayed good agreement between the MS and

NDIR. Permeate and retentate 
ow rates were measured using bubble 
ow meters (Humonics

Opti
ow 520). The permeate stream was maintained at atmospheric pressure (0.834 bar in

Golden, CO) while the reactor pressure (gauge) was controlled by manipulation of back-pressure

regulators.

3.3.3 Reactor model

Figure 3.3 Schematic representation of the axisymmetric reactor model used to evaluate the per-
formance of the CMR. A 1D plug 
ow model in the channel is coupled to a 2Dreaction-di�usion
model of the porous region that accounts for hydrogen permeation through the membrane.

A reactor model was developed to quantify the decomposition kineticsand better understand

the performance of the CMR. The axisymmetric model employs a 1D plug 
ow in the channel

that is coupled to a 2D reaction-di�usion model to describe the poroussupport region

(Figure 3.3). This approach is an adaption of a model originally developed to simulate the

performance of solid oxide fuel cells.[80] The 1D plug 
ow treatment ofthe channel is appropriate

for the following range of conditions[81]

d
L

� Re � Sc �
L
d

(3.4)

where the Reynolds number is based on the inner diameter (Re = ud=� ), the Schmidt number is

the ratio of the kinematic viscosity to the di�usivity ( Sc = �=D ), and L is the reactor length.
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The lower constraint ensures that back di�usion is insigni�cant, wh ile the upper constraint

ensures that there is su�cient time for complete radial mixing. The experimental conditions

employed satisfy these conditions with the exception of the very highest 
ow rates. The governing

equation for each species within the channel is as follows,[82]

@�i u
@z

= Fc� i r � Fm Wi J i (3.5)

where � i is the density of speciesi , u is the mass averaged mean velocity through the channel,

� i is the stoichiometric coe�cients to the reaction r (Eq. 3.1), and Wi is the molecular weight.

The velocity (u) is not constant but increases or decreases based on the net generation of moles in

the porous region as described by the right hand side of Eq. 3.5. The �rst term on the right-hand

side of Eq. 3.5 accounts for ammonia decomposition occurring within theporous region and the

second accounts for hydrogen permeation through the membrane.Fc = 2R=r2
c is a geometric term

that accounts for the ratio of the channel surface area to volume of the porous region whereR

and r c are the outer and inner radii, respectively. Likewise,Fm = R=rc is the ratio of the

membrane to channel surface areas. The 
ux through the membrane is

JH 2 = � (PH 2 � Patm ) (3.6)

where � is the experimental permeability (Table 3.1), PH 2 is the partial pressure of hydrogen

at the interior membrane surface, andPatm is the ambient pressure (0.834 bar) which is assumed

to be pure PH 2 . It is assumed that the membrane is impermeable to N2 and NH3. Solution of Eq.

3.5 requires a single boundary condition which is based on the inlet ammonia 
owrate.

In the porous support, it is assumed that pressure{driven 
ow is negligible [83] and the

resulting governing equation is

r (D i r ci ) = � i kcNH 3 (3.7)

where D i is the di�usion coe�cient and ci is the concentration which was evaluated using the

ideal gas equation. Bulk di�usion coe�cients modi�ed by the experi mentally determined porosity

(� = 0.6) were used due to the small Knudsen number.[84] Binary di�usioncoe�cients calculated

using the Chapman-Enskog theory [84] were used as inputs to the Wilkeequation [85] to obtain

mixture averaged di�usivity coe�cients for each species. Ammonia decomposition was modeled

using the Tamaru mechanism (Eq. 3.3) and the best �t was obtained using �rst order kinetics (�
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= 1). The �rst order rate constant k was determined as a function of temperature for both Ru

and Ru/Cs catalysts, and this was the only adjustable parameter in the model. The reaction was

limited to the high surface area mesoporous region impregnated with Ru,and the macroporous

region was assumed to be inert. Eq. 3.7 was solved in cylindrical coordinates using the following

boundary conditions (BCs): the inlet concentration ci (z = 0) was �xed at the experimental

conditions; a Neumann BC was applied at the outlet (@ci
@z = 0 at z = L); the 
ux of species at the

exterior (r = R) was either zero (N2, NH3) or set to match the experimental permeability (H2, Eq.

3.6); a Dirichlet BC was employed at the interface with channel (r = r c) matching the solution to

channel model (Eq. 3.5). Equations 3.5 and 3.7 were simultaneously solved using an implicit

solver in MATLAB using a level of discretization that had no e�ect on the simulation results.

3.4 Results and discussion

Figure 3.4 (a) Comparison of NH3 conversion obtained with the Ru catalyst (X), the Ru CMR (open
symbols), and the CsRu CMR (solid symbols) as a function of ammonia 
ow rate at P = 5 bar and
operating temperature. Lines are the CMR reactor simulations. The application of the membrane
dramatically enhances conversion over the catalyst alone, while Cs enables additional reductions
in operating temperature. (b) Equilibrium conversion as a function of temperature at P = 5 bar
and the maximum values observed experimentally in the three con�gurations, demonstrating the
ability of the CMR to both enhance the kinetics and exceed equilibrium constraints.

The performance of the CMR for ammonia decomposition was evaluated as a function of

temperature, retentate pressure (gauge), and inlet ammonia 
ow rate.Critical metrics include
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ammonia conversion, H2 recovery, volumetric production rate, and purity. Figure 3.4(a) displays

the evolution of reactor performance throughout device fabrication. The conversion achieved over

the Ru-impregnated YSZ support was �rst measured by closing the permeate stream and

directing all products through the retentate. The degree of conversion (X) was limited and

dropped o� sharply as the temperature was reduced. Application of the membrane (open

symbols) dramatically enhanced the level of conversion. For comparable 
ow rates at T = 450°C,

the degree of conversion in the Ru CMR was nearly twice that observed over the catalyst alone.

The bene�ts of the CMR are further accentuated as the temperature isreduced. The Ru CMR

reached 93% and 26% conversion at 400 and 350°C, respectively. In contrast, the maximum levels

of conversion achieved over the Ru catalyst at these temperatures were just 31% and 8%,

respectively. Without e�cient H 2 removal, the kinetics are expected to follow the Temkin-Pyhzev

mechanism (eq. 3.2), with hydrogen inhibition greatly attenuating the reaction at lower

temperature.

The addition of the Cs promoter signi�cantly increased the catalytic act ivity of the CMR,

enabling comparable conversion to be obtained at higher 
ow rates (Figure3.4(a), solid symbols).

Alternatively, at �xed 
ow rate, the CsRu CMR can achieve comparable conversion at operating

temperatures � 50°C lower than in the case of Ru CMR. Notably, complete conversion was

achieved in the CsRu CMR at 400°C, and up to 86% conversion was achieved at T = 350°C

without the use of a sweep gas. The reactor model (lines in Figure 3.4(a))does an excellent job of

capturing the experimentally observed behavior at both 400 and 450°C. At 350°C the quality of

the �t declines, which is attributed to the simple kinetic mod el employed. The �rst-order rate

expression assumes that ammonia adsorption is negligible (eq. 3.3), and as the temperature is

reduced the validity of this assumption becomes questionable. It wasfound that the axisymmetric

model employed was necessary to accurately capture reactor performance, particularly hydrogen

recovery. A simple 1D reactor model is signi�cantly inferior due to its inability to capture the

radial gradients in the support as detailed in the Supporting Information. The maximum

conversions achieved in the three con�gurations are compared with equilibrium (Figure 3.4(b)).

Equilibrium constraints are most signi�cant at high pressure, yet at P = 5 bar the CMR

overcomes these limits at both 400 and 450°C. The bene�ts of the membrane and the Cs

promoter become more pronounced as the temperature is reduced.
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An Arrhenius analysis of the rate constants used to �t the data revealed similar apparent

activation energies of 160� 20 kJ/mol for both Ru and CsRu CMRs. As reviewed by Yin and

co-workers,[76] there is considerable variation in the activation energyreported for this reaction

(20 - 200 kJ/mol) depending on the temperature, degree of conversion, and partial pressure of

NH3 employed. The mechanism has been studied in depth, and it is generally agreed that the rate

is limited by either ammonia dissociation or nitrogen desorption. At high temperature the former

dominates and the low activation energies reported (20 - 40 kJ/mol) are consistent with the

energy required for N-H bond cleavage.[86] At low temperature desorption becomes limiting, with

activation energies that are consistent with the activation energies reported for the recombinative

desorption of nitrogen (120 - 200 kJ/mol).[87] Our data are consistent with nitrogen desorption

being the rate-limiting step.

It is generally agreed that Cs promoters behave as electron donors and accelerate the rate by

reducing the activation energy.[79, 88, 89] The addition of Cs clearly enhanced the kinetics in our

study; however, the apparent activation energy was nominally unchanged. The volumetric

�rst-order rate coe�cient ( k0) in eq. 3.3 is the product of the intrinsic kinetics and the density of

surface sites. This suggests that Cs may enhance the kinetics by e�ectively increasing the density

of sites available for recombinative N2 desorption. This unique promoter e�ect may also re
ect

the use of the YSZ support, which to our knowledge has not been previously studied for ammonia

decomposition. Due to the increased activity, we focus on the performance of the CsRu CMR for

the remainder of this article.

Figure 3.5 displays the impact of operating pressure on CMR performance. Ammonia

conversion at 5 bar was systematically greater than that at 3 bar (Figure 3.5(a)). Increasing

pressure from 3 to 5 bar also signi�cantly increases H2 recovery, especially at higher ammonia


ow rates (Figure 3.5(b)). Higher operating pressure increases the driving force for permeation,

which enhances recovery. Greater hydrogen permeation also increases the concentration of NH3

remaining on the tube side, enhancing kinetics. The volumetric productivity was evaluated using

the CMR reactor volume of 7.3 cm3, and it is proportional to the inlet ammonia 
ow rate,

conversion, and recovery. As shown in Figure 3.5(c) at T = 350°C, productivity quickly reaches

its maximum and then declines with increasing NH3 
ow rate. Increasing pressure elevates both

the maximum productivity and the ammonia 
ow rate at which that is obtai ned, as shown in the
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Figure 3.5 Impact of operating pressure and temperature on (a) NH3 conversion, (b) H2 recovery,
and (c) volumetric productivity as a function of NH 3 
ow rate for the Cs/Ru CMR. Lines are the
results of reactor simulations. Operating pressure has a relativelyminor impact on conversion but
drives both recovery and volumetric productivity.
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T = 400°C results. At T = 450 °C the volumetric productivity increases and the maximum is not

reached over the conditions investigated. The model showed excellent agreement to experimental

results at all conditions, further validating the �rst-order kinet ic model.

Figure 3.6 (a) Hydrogen purity of the permeate of the CsRu CMR as a functionof NH3 
ow rate for
selected combinations of temperature and pressure. Purity> 99.7% was achieved at combinations
of high temperature and NH3 
ow rate. (b) Impurity composition of the permeate as a function of
NH3 
ow rate at T = 450 °C and P = 5 bar. The hydrogen purity remains essentially constant while
the N2/NH 3 ratio changes, re
ecting the decrease in conversion with increasing NH3 
ow rate.

For many applications, hydrogen purity is critical, and Figure 3.6 summarizes the purity of

the permeate stream for the operating conditions employed. The purity improves with operating

temperature, re
ecting increased conversion. Pressure did not signi�cantly impact purity, as all

species permeate with a �rst-order dependence on pressure. At T= 450°C the hydrogen purity

exceeded 99.7% across all operating conditions. As the NH3 
ow rate is increased, the H2 purity

is nominally unchanged while the N2/NH 3 balance shifts in line with the degree of conversion

achieved (Figure 3.6(b)). The ammonia concentration never exceeds 1000 ppm. NH3 impurity can

be reduced to< 1 ppb using commercially available adsorbents (i.e., MesoSystems Technology,

Inc.).[90]

Table 3.2 compares the results obtained with this CMR with those of previous studies in our

group using a PBMR con�guration.[70] The membranes and support employedwere nominally

identical and were mounted in the same housing, with the primary di�erence being the location

and distribution of the catalyst. The CMR obtained comparable levels of conversion using an
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Table 3.2 Comparison of the CMR Performance in This Work to Results Previously Obtained in a
PBMR Using a Nominally Identical Membrane/Support[70].

Speci�cations CMR PBMR
mg Ru/cm 2 1.43 11.68
temperature (°C) 400 450 520
pressure (bar) 5 5 3
NH3 
ow rate (sccm) 61.3 207.3 150
conversion (%) 98 95.7 98
purity (%) 98.7 99.7 99.2
recovery (%) 87.5 78.6 66
productivity (mol m � 3 s� 1) 8.1 23.9 3.6

order of magnitude less Ru at temperatures 120°C lower. The NH3 
ow rate could be increased>

5X while achieving high recovery, con�rming the superior mass transfer in the CMR. The highest

H2 volumetric productivity obtained in this work is 31.6 mol m � 3 s� 1, which is > 3X greater than

the highest value of 10.2 mol m� 3 s� 1 reported in the literature.[66, 69, 91{93]

The reactor model was used to provide insight into the rate-limiting steps and to optimize

CMR performance. Figure 3.7 displays axial and radial composition pro�lesof each species at

various conditions. At T = 400 °C (Figure 3.7(a)) the reactor is limited primarily by NH 3

decomposition kinetics. At the lowest NH3 
ow rate, complete conversion of ammonia is achieved,

and there is su�cient residence time to reduce the hydrogen partial pressure to its limit.

However, as the NH3 
ow rate is increased, ammonia conversion is incomplete, and the hydrogen

concentration increases in the retentate stream. In contrast, at T = 450°C the CMR productivity

is limited by the rate of hydrogen permeation (Figure 3.7(b)). At all NH 3 
ow rates, ammonia

decomposition is essentially complete within the �rst few mm, and in this regime permeation is

the rate-controlling step for H2 recovery. The bene�ts of higher operating pressure are shown for

a �xed 
ow rate at T = 400 °C (Figure 3.7(c)). Without a sweep gas, the theoretical limit of

recovery is when hydrogen partial pressure in the retentate equalsthe ambient pressure in the

permeate. Increasing operating pressure increases both the theoretical amount of H2 recovery and

the rate at which it can be obtained. Finally, the e�cient radial transp ort enabled by the CMR

design is con�rmed in Figure 3.7(d), which shows the radial H2 pro�le through the porous

support at various axial positions. The reactor conditions are 450°C and 5 bar, where the

ammonia decomposition kinetics are the fastest in this study. Nevertheless, the H2 gradients are
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Figure 3.7 Model predictions of axial composition pro�les in the CsRu CMR under the following
conditions: (a) T = 400°C, P = 5 bar at increasing NH3 
ow rate of 35.0 (solid), 94.2 (dashed), and
266.5 (dotted) sccm; (b) T = 450°C, P = 5 bar at increasing NH3 
ow rate of 138.0 (solid), 207.3
(dashed), and 703.7 (dotted) sccm; (c) T = 450°C, 35.0 sccm at pressures of 5 (solid) and 3 (dashed)
bar, showing the bene�ts of increasing pressure; (d) radial pro�les of the H2 mole fraction through
porous support at selected axial positions for the conditions describedin (b), con�rming e�cient
radial transport through the porous support. The horizontal black dashed lines in each graph
indicate the minimum H 2 mole fraction that can be reached in the reactor, assuming complete
conversion and pure H2 at ambient pressure in the permeate. At T = 400°C (a) the reactor is
limited primarily by kinetics, reaching full recovery only at th e lowest 
ow rate. In contrast, at T
= 450°C (b) ammonia conversion is complete within the �rst few mm, and performance is limited
by the rate of permeation through the membrane.
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small at all axial positions. This con�rms that radial transport of H 2 is e�cient and not limiting

reactor performance in this con�guration.

Figure 3.8 Model predictions of the CsRu CMR performance at 5 and 20 bar.

Under permeation-limited conditions, the options to increase performance include the use of

thinner membranes, the further increase of pressure, and/or addition of a sweep gas. A sweep gas

dilutes the product, and reducing membrane thickness raises concerns about purity due to the

greater potential for defects. The feed pressure in the current experimental setup is limited to 5

bar due to concerns about NH3 condensation at room temperature. Nonetheless, the

demonstrated bene�ts of higher-pressure bene�ts motivated the model prediction of CMR

performance at an elevated pressure (Figure 3.8). We choose 20 bar becausethis is the pressure

rating used on ammonia storage tanks. At 20 bar and a given 
ow rate, the absolute NH3

conversion and H2 recovery are increased by factors of� 24% and� 47%, respectively. This

combination nearly doubles the permeate 
ow rate at higher inlet 
ow rat es.

The advantages of the CMR con�guration demonstrated0 here for ammonia decomposition are

expected to be bene�cial for related dehydrogenation processes such as steam methane reforming

(SMR)[24] or the water gas shift (WGS) reaction.[94] Ammonia decomposition was chosen as a

�rst demonstration due to this reaction's simplicity, but its kin etic and thermodynamic

constraints are relatively insigni�cant (Figure 3.4). In SMR and WGS, equilibrium constraints are
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signi�cant. In a review article on SMR kinetics, Rostrup-Nielsen et al.[95] state that mass

transport restrictions in the catalyst can reduce the observed reaction rate as much as 90%. The

e�cient transport exhibited in the CMR is expected to signi�cant ly improve the performance of

membrane reactors for these important industrial processes.

3.5 Conclusions

To summarize, we fabricated and tested a new con�guration for catalytic membrane reactors

by impregnating a promoted Ru catalyst into the exterior of a porous support onto which a Pd

membrane was applied by electroless deposition. The reactor was evaluated for ammonia

decomposition, and experimental results were in excellent agreement with a developed reactor

model. Experimental ammonia-decomposition results were well-described using �rst-order

kinetics, and the addition of Cs signi�cantly enhanced the rate. The improved transport in the

CMR enabled reduced operating temperature (> 120°C), reduced catalyst loading (> 10X), and

enhanced H2 productivity ( > 6X) compared to similar PBMR con�gurations. Nominally

complete NH3 conversion was achieved at operating temperatures as low as 400°C, exceeding

equilibrium limitations. Very high H 2 volumetric productivity of 31.6 mol m � 3 s� 1 was obtained.

Model prediction of CMR operated at elevated pressure provides a vision for large-scale NH3

decomposition as a promising option to enable H2 storage and utilization.

3.6 Supporting information

The comparison of 1D and 2D model predictions is detailed in appendix C
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CHAPTER 4

ULTRA-HIGH PURITY HYDROGEN DELIVERY FROM AMMONIA DECOMPOSITION

USING CATALYTIC MEMBRANE REACTORS

Zhenyu Zhang7;8, Hope Wikof8, Arthur Harris 8, J. Douglas Way8, Colin A. Wolden8;9

4.1 Abstract

In using catalytic membrane reactors (CMR) for ammonia decomposition, high hydrogen

productivity of ultra-high purity (NH 3 < 0.1 ppm) is essential for applications such as supplying

hydrogen fueling stations for fuel cell vehicles. In this work, we identi�ed Clinoptilolite as an

e�ective and low-cost adsorbent to reduce ammonia impurity in the hydrogen permeate stream

below 0.1 ppm. The breakthrough capacity of the adsorbent is� 0.17 wt.%, and used adsorbents

can be completely regenerated after ammonia desorption above T = 400°C. Kinetic testings

revealed that Ru/ � -alumina catalysts are 2 - 3X more active than the Ru/YSZ catalysts.

Compared to a standard CMR where the interior is left empty, packing Ru/ � -alumina catalysts

inside results in a similar conversion using a 3X higher ammonia inlet 
ow rate. The hydrogen

productivity is increased by a factor of 2 and reaches a value close to 20sccm cm� 2.

4.2 Introduction

The cost di�erence in global renewable generation stimulates the use ofammonia as a

commodity for green energy redistribution.[20] This strategy has beenendorsed as an essential for

realizing decarbonization goals by policymakers from countries including the United Kingdom,

Japan, Australia, and Saudi Arabia etc.[17, 20] Ammonia can be decomposed eitherat end-user

sites or in a centralized plant and then transport as compressed/liquid hydrogen. When the

transport distance is 100 km, the hydrogen delivery cost of the former is� 30% lower than the

latter due to a signi�cantly lower cost in ammonia transport and storage, and the cost margin

grows exponentially as the transport distance increases.[20] Technologies such as CMR are

attractive as compact, low-cost, and e�ective solutions for decentralized ammonia decomposition.
7Primary researcher and author
8Department of Chemical and Biological Engineering, Colorado School of Mines, Golden, CO 80401, United States
9Author for correspondence
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Our previous work [23] demonstrated a novel design of a CMR with the intimate proximity of

catalysts and membranes. Compared to a conventional PBMR, the new CMR eliminates two

transport limitations including internal transport limitations wit hin catalyst pellets and the radial

transport limitation of hydrogen through the catalyst bed. Both record hyd rogen productivity

and high hydrogen recovery are obtained. However, the level of ammonia impurity in the

permeate stream is above 1000 ppm, preventing its use for applications such as powering

proton-exchange membrane (PEM) fuel cells. A CMR of improved performance can be evaluated

using several metrics.

The round trip e�ciency (RTE) of ammonia as a hydrogen carrier is signi� cantly a�ected by

the level of conversion and hydrogen recovery.[55] Unconverted ammonia and unrecovered

hydrogen can potentially get burnt to provide heat for maintaining temp erature for the

decomposition reaction. In this scenario, a conversion above 90% and hydrogen recovery above

70% are potentially thresholds for practical operation. Another important metric is hydrogen

productivity. In a decentralized scenario, a high hydrogen rate perreactor volume characterizes a

high level of compactness of a CMR. In addition, it is desirable to havea high hydrogen rate per

surface area of Pd-based membranes due to its high material and fabrication cost. The ammonia

concentration in the delivered hydrogen has to be below 0.1 ppm to avoid poisoning the noble

metal catalysts in fuel cells. There are two approaches to improve hydrogen purity. The �rst is to

develop improved membranes with reduced defects such as alloying. The second is to develop an

adsorbent capable of reducing the ammonia concentration in the permeateto below the ppm

threshold.

In this work, we explore the use of low-cost, commercially available adsorbents to remove

ammonia impurity in the permeate stream. The breakthrough capacity andregeneration

conditions of adsorbents are identi�ed. Kinetic testings are performed to characterize the

decomposition activity of Ru catalysts supported on � -alumina and YSZ supports. The

performance of a CMR including conversion, hydrogen recovery, and hydrogen productivity is

optimized by packing catalysts in the interior of the reactor.
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4.3 Experimental

4.3.1 Adsorbents testing and characterization

There are two types of ammonia adsorbents used including AmmoSorb (Retail price = �

$7/kg) and Clinoptilolite from KMI zeolite (Retail price = � $0.03/kg). The adsorbent particles

are similar in sizes with a diameter of 2 - 3 mm. Adsorbents are packed with glass beads in a 3/8

inch Swagelok VCR cell. The absorption tests are performed at room temperature. For

desorption tests, the adsorbent bed is placed inside of a Lindberg M furnace heated to the desired

temperature (120 - 550°C) with a ramp rate of 3.6°C min � 1. Both absorption and desorption tests

are performed at atmospheric pressures. A typical adsorbent mass is within 0.2 - 1.2 g, and the

inlet 
ow rate is 500 sccm. In an absorption test, the inlet stream is comprised of 0.5 or 1.0

mol.% ammonia (research-grade, Matheson) in a stoichiometric mixtureof hydrogen and nitrogen

(UHP, Matheson). The composition of the gas mixture is controlled through MKS and Parker

mass 
ow controllers (MFC) for ammonia and hydrogen/nitrogen, respectively. Pure nitrogen is

used as the inlet 
ow in a desorption test. The ammonia concentration ofthe outlet stream is

measured using a nondispersive infrared detector (NDIR, Bacharach Inc.). The NDIR detector

has a detection limit of ammonia concentration at 10 ppm. The outlet ammoniaconcentration is

recorded as a function of time using a LabView program every second. The breakthrough

capacity of an adsorbent is de�ned as the ratio of the weight of ammonia absorbed over the

weight of the adsorbent before the outlet ammonia concentration reaches 10ppm.

Draeger sampling tubes are used to detect ammonia concentration below10 ppm by

monitoring the color change introduced by the presence of ammonia. The maximum reading and

lowest scaling of the sampling tube are 3 and 0.25 ppm, respectively.The labeling of concentration

reading (c� ) is relative to a volume (V ) of 100 mL at standard conditions. The 
owrate of the

outlet stream (Q) and time consumed (� t) for the color change of concentration reading are

recorded. The ammonia concentration (c) of the outlet stream can be calculated using eq. 4.1.

c =
c� � Q � � t

V
(4.1)

X-ray di�raction (XRD, X'Pert Panalytical) is used to determine the c rystalline structure of

adsorbents. Figure 4.1 compares the XRD patterns of AmmoSorb and Clinoptilolite adsorbents.

The former (Figure 4.1(a)) is identi�ed by cesium potassium aluminum silicate
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(a)

(b)

Figure 4.1 XRD patterns of fresh (a) AmmoSorb and (b) Clinoptilolite adsorbents.
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hydrate/Clinoptilolite-Cs (blue peaks) and magnesium oxide impurity (green peaks), whereas the

latter (Figure 4.1(b)) consists of potassium sodium calcium aluminum silicate

hydrate/Clinoptilolite-Na (blue peaks) and vanadium oxide impurity (green peaks). The major

di�erence between the two adsorbents is the cation in Clinoptilolite. Temperature programmed

desorption (TPD, custom-built apparatus at National Renewable Energy Laboratory) is used to

identify the ammonia desorption pro�le of adsorbents as a function of temperatures. Figure 4.2

Figure 4.2 TPD pro�le of used AmmoSorb adsorbents.

shows a TPD pro�le of used AmmoSorb adsorbents. Peaks with 15 and 16 amu signals the

predominant presence of ammonia. There are two type of adsorption sites and ammonia starts to

desorb at T = � 80°C and T = � 290°C, respectively.

4.3.2 CMR fabrication

A detailed fabrication method of a CMR can be found in our previous publication.[23] Brie
y,

a tubular, asymmetric yttria-stabilized zirconia (YSZ) support (P raxair Inc.) is loaded with Ru

through wet impregnation. The O.D. of the YSZ support is 1.0 cm. The Ru loading is � 0.5 wt.%

determined gravimetrically. Pd-Au thin �lms are used as hydrogen-permeable membranes. Pd

and Au layers are deposited sequentially through the electroless plating method. Next, the

obtained Pd-Au (Au � 4 wt.%) membrane is annealed for homogeneity at T = 500°C and P = 30
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bar under hydrogen. The thickness of the membrane is� 6.2 � m measured gravimetrically. The

reactor length for permeation is approximately 3.5 cm. Pure gas permeancetests including both

hydrogen and nitrogen are performed before and after ammonia decomposition experiments at T

= 450°C. The hydrogen permeance value remains unchanged as 1.01E-3 mol m� 2 s� 1 Pa� 1,

whereas the nitrogen 
ux is not measurable with a maximum transmembrane pressure of 5 bar.

4.3.3 Ammonia decomposition experiments

The performance of catalysts is studied using a packed bed reactor sameto the setup in

absorption/desorption tests. The 0.5 wt.% Ru/ � -alumina catalysts are purchased from Strem

Chemical. Catalysts including Ru/ � -alumina pellets and Ru/YSZ tubes are crushed and sieved,

and particles with sizes in 250 - 425� m are selected to avoid internal mass transfer limitations.

The space velocity is �xed at 72,000 mL gcat� 1 h� 1 for e�cient external mass transport.

The experimental setup of a CMR is detailed in the work by Collins andWay[32]. In a

standard CMR, the lumen is left empty. Alternatively, it is packed with glass beads with a

diameter of 2 mm or crushed Ru/� -alumina catalysts with sizes in 250 - 425� m. The catalysts

used in a 3.5 cm CMR is� 4.0 g. Both ends of the CMR are placed with thermocouples to assist

the control of an isothermal condition. The temperature and pressure of operation are maintained

at T = 450 °C and P = 5 bar (gauge), respectively. The 
ow rate of outlet streams is measured

through Parker mass 
ow meters (MFMs) and a bubble 
ow meter (Humonics Opti
ow 520).

The composition of the retentate stream is analyzed through gas spectroscopy (GC, Agilent 6890,

CP-Volamine Columns) NDIR and a quadrupole mass spectroscopy (MS) are used for analyzing

the composition of the permeate stream.

4.4 Results and discussion

4.4.1 Adsorbents tests

Figure 4.3(a) shows the use of an absorption bed packed with 175 g AmmoSorb reduces the

ammonia concentration in the e�uent from 10,000 ppm to below detection threshold (10 ppm) for

over 5 hours. During that time, the ammonia concentration is determined to be � 0.05 ppm using

Draeger sampling tubes (Figure 4.3(b)) following the method detailed in section 4.3.1. The shape

of the breakthrough curve suggests the presence of mass transfer limitations, which is likely due
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(a) (b)

(c) (d)

Figure 4.3 (a) Breakthrough curve of AmmoSorb adsorbents. Feed 
ow rate = 92 sccm, feed
ammonia concentration = 1.0 mol.%, adsorbent mass = 175 g. (b) Color changes of Draeger
sampling tubes for detecting ammonia concentration in ppb levels. (c) Regenerated absorption
capacity after a series of desorption at various temperatures. (d) Ammonia impurity in the permeate
hydrogen stream measured through either bypass (NDIR) or absorption bed (Draeger sampling
tubes). Conditions: T = 450°C, P = 5 bar (gauge).
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to a combination of low space velocity and the large particle size of adsorbents. The former is

constrained by a need for long-term operation which requires a large massof adsorbents relative

to the permeate 
ow rate. For the latter, large particle sizes are usedto minimize the pressure

drop across the absorption bed. The breakthrough capacity of AmmoSorb and Clinoptilolite is

very similar and quanti�ed to be � 0.17 wt.% at room temperature. Figure 4.3(c) shows a series

of experiments for the regeneration of AmmoSorb adsorbents as a function of temperatures. It

was found that heating to 400°C or greater resulted in a nominally complete restoration of

ammonia storage capacity. This is consistent with the desorption temperatures determined in the

TPD pro�le of used AmmoSorb adsorbents (Figure 4.2).

The absorption bed is further tested by integration with the CMR for am monia

decomposition. Figure 4.3(d) plots the ammonia concentration in the permeate stream, which is

recorded by periodically directing the e�uent through bypass or an absorption bed. This test is

performed at T = 450°C and P = 5 bar, with the permeate collected at ambient pressure. The

ammonia level in the hydrogen permeate stream exiting the CMR and bypassing the adsorption

bed is measured to be� 3950 ppm by NDIR and is nominally unchanged during the experiment.

At three di�erent times the e�uent exiting the adsorption bed is diverted to a Draeger tube. The

�rst measurement shows ammonia concentration is above 0.5 ppm and thisis likely due to

adsorbed ammonia on the gas lines from the previous bypassing experiment. The second

measurement demonstrates the ammonia concentration is not detectableand well below the 0.1

ppm threshold. The ammonia concentration stays below 0.5 ppm for over16 hours and breaks

through 10 ppm soon (< 1 hour) after the third measurement.

4.4.2 Decomposition kinetics testing on Ru/ � -alumina and Ru/YSZ catalysts

Figure 4.4 compares the apparent rates of ammonia decomposition of Ru/� -alumina and

Ru/YSZ catalysts at di�erent temperatures. Both catalysts have nominal ly the same Ru loading

as 0.5 wt.%. At T = 450°C and P = 0 bar, the Ru/ � -alumina catalysts outperform Ru/YSZ

catalysts by almost a factor of two, and the margin increases at lowered temperatures. The

apparent activation energy of Ru/� -alumina and Ru/YSZ catalysts are 109.3 kJ/mol and 66.9

kJ/mol, respectively. For Ru/ � -alumina catalysts, the pressure increase leads to a decrease in

catalytic activity, potentially due to an increased constrain of thermodynamics.
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Figure 4.4 The ammonia decomposition rate of Ru/� -alumina and Ru/YSZ catalysts as a function
of temperatures at T = 0 and 5 bar.

4.4.3 Ammonia decomposition tests using CMR

In a standard CMR, its interior (lumen) is left empty. As the 
ow rat e of inlet ammonia

increases, the conversion inevitably drops and productivity plateaus, resulting from insu�cient

residence time to decompose ammonia. To maximize catalyst activity the interior of a CMR can

be �lled with a packed bed of catalysts. However, this can potentially be compromised by the

decreased residence time and increased resistance in radial transport. Figure 4.5 compares the

performance of the same CMR with three con�gurations in terms of ammonia conversion,

hydrogen productivity, and hydrogen recovery. The CMR packed with inert glass beads works as

a control experiment.

The results with and without inert beads are nominally identical, demonstrating that

performance is insensitive to any changes in 
uid dynamics, residence time, or dispersion

introduced by the presence of the packing material. In contrast, when the interior is packed with

catalysts the performance is dramatically enhanced. While maintaining the same� 90%

conversion and� 70% hydrogen recovery, the feed 
ow rate of ammonia can get increased by 3X

and 2X, respectively. The use of� -alumina supports can further increase the overall catalytic

activity of the reactor. The lagging increases in hydrogen recovery compared to conversion is

45



(a) (b)

(c)

Figure 4.5 Performance of ammonia decomposition as a function of ammonia inlet 
ow rate in
the same CMR with three con�gurations. Reaction conditions: T = 450°C and P = 5 bar. (a)
Conversion (b) Hydrogen productivity (c) Hydrogen Recovery.
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potentially due to the resistance in permeation being the limiting factor at the conditions. The

pro�le of the hydrogen productivity peaks and drops. This is due to a decreasing hydrogen partial

pressure for permeation due to reduced conversion at high ammonia 
ow rates. Compared to the

standard and packed glass beads scenario, hydrogen productivity is more than doubled by the use

of packed Ru/� -alumina catalysts. Further improvements in performance require increased

permeation rates. Hydrogen 
ux is a product of permeance and the pressure driving force. The

former is inversely scaled with the thickness of membranes. Reducing the thickness can enhance

the permeance but with the risk of an increasing number of defects.The latter is to increase the

pressure of operation.

4.5 Conclusion

To summarize, low-cost and commercially available Clinoptilolite is identi�ed as an e�ective

adsorbent to remove ammonia impurity below 0.1 ppm in the permeate hydrogen stream of a

catalytic membrane reactor. The breakthrough capacity is� 0.17 wt.% and can be restored after

desorption at T = 400°C. Kinetics testing for ammonia decomposition is performed and

Ru/ � -alumina catalysts are more active than Ru/YSZ catalysts by a factor of 2 - 3X. Catalytic

membrane reactors are fabricated by the deposition of Pd-Au membranes on Ru loaded YSZ

supports using electroless plating. Ru/� -alumina catalysts are packed in the interior to maximize

the catalytic activity. Similar conversion and recovery can be realized at increased ammonia inlet


ow rate by a factor of 3 and 2, respectively. Hydrogen productivity more than doubled and the

highest value is at � 20 sccm cm� 2.
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CHAPTER 5

BARIUM-PROMOTED RUTHENIUM CATALYSTS ON YTTRIA-STABILIZED ZIRCONIA

SUPPORTS FOR AMMONIA SYNTHESIS

A paper accepted by the ACS Sustainable Chemistry & Engineering10.

Zhenyu Zhang11;12, Canan Karakaya13, Robert J. Kee13, J. Douglas Way12, Colin A. Wolden12;14

5.1 Abstract

The cost-e�ective, small-scale, distributed synthesis of ammonia depends on e�ective catalysts

and processes that operate under modest elevated-pressure (i.e., p < 20 bar) conditions. The

present paper considers Ru as the active catalyst supported on yittria stabilized zirconia (YSZ).

The addition of alkali and alkaline-earth metal promoters is found to increase synthesis rates by

an order of magnitude. The rate enhancement is largely insensitive to the promoter

concentration, with Cs outperforming Ba and K by a factor of two. However, Ba is found to be

stable whereas Cs degrades more rapidly, which is attributed to the low melting point of its oxide.

At 400� C and 1.0 MPa, the speci�c synthesis rate over Ba-Ru is measured to beapproximately

1410 mmol g� 1
Ru h� 1, higher than the most active oxide-supported Ru catalysts reported in the

10 Reprinted with permission of ACS Publications
11 Primary researcher and author
12 Department of Chemical and Biological Engineering, Colorado School of Mines, Golden, CO 80401, United States
13 Department of Mechanical Engineering, Colorado School of Mines, Golden, CO 80401, USA
14 Author for correspondence
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literature. The rate becomes inhibited by H2 absorption at low temperature (below 350°C), but

lower H2/N 2 ratios enable the rate to remain comparable to what is observed in stoichiometric

mixtures at temperatures below 400°C. The paper reports a new detailed microkinetic model that

accurately captures the observed behavior, revealing that adsorptionis coverage dependent.

These results provide insight and direction into developing alternatives to Haber{Bosch for

distributed synthesis of green ammonia.

5.2 Introduction

The production of ammonia (NH3) is essential to sustain an ever growing human population

by providing the raw material for fertilizer[12]. Conventionally NH 3 is synthesized using the

well-known Haber{Bosch process atT � 400°C and p � 150 bar[12]. The endothermic nature of

H2 generation and massive production scales (145 Mt NH3 in 2014 globally[50]) make ammonia

production one of the most energy intensive chemical processes, consuming as much as 2% of the

world's total energy[12]. Recently, NH3 has also attracted attention as a promising carrier for the

transportation and storage of H2 from renewable sources such as solar, wind, and bio-sources[13].

Attributes as a storage material include its high H2 gravimetric (17.7 wt.%) and volumetric (108

g L� 1) densities, its existence as a liquid at room temperature under 8bar, and an existing

infrastructure for distribution[13]. These properties also make NH3 attractive for the peak energy

storage of renewable electricity.

Ammonia is produced conventionally in large centralized facilities in which the hydrogen is

produced through steam methane reforming and subsequent puri�cation. Hydrogen generation is

responsible for the vast majority of energy consumption and CO2 emissions associated with

ammonia synthesis. Alternatively \green" ammonia could be derived from H2 produced by

electrolysis using renewable electrical energy. However, due tothe distributed nature of renewable

energy sources (e.g., solar and wind), small-scale NH3 production is needed. Unfortunately,

downscaling the capital-intensive conventional Haber{Bosch processis thought to be

uneconomical[96]. This has spurred research into the development of alternatives to Haber{Bosch

that are more amenable to small-scale, distributed production.

The high pressure requirements of the Haber{Bosch process derive from severe equilibrium

limitations at the elevated temperatures required for catalysts to achieve signi�cant kinetic
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activity. However, it has been shown that signi�cant synthesis rates may be maintained at modest

pressure when ammonia is continuously removed through reactive separation processes such as

absorption[97]. Catalytic membrane reactors (CMR) are an alternative approach that has the

potential to combine reactive separation as well as process intensi�cation. Zhang et al.[23]

recently applied catalytic membrane reactor (CMR) technology to the reverse process, delivery of

high purity H 2 generated by ammonia decomposition. E�cient product removal via a

hydrogen-selective membrane enabled signi�cant reductions in operating temperature and

equilibrium constraints were exceeded without the use of a sweepgas. Extending the CMR

concept to the more-challenging problem of ammonia synthesis requires two signi�cant

innovations: the development of highly permeable membranes that are selective to ammonia over

H2/N 2 and catalysts with improved activity at mild conditions. The present paper focuses on the

latter.

Ruthenium (Ru) is recognized to be one of the most active metal catalysts for NH3

synthesis[25]. In addition, it is well known that the catalytic chemistry is a surface-structure

sensitive, with signi�cant variations among oxide supports[98]. Aika et al.[99] compared the NH3

synthesis rates using Ru catalysts on various metal-oxide supports and found MgO > CaO >


 -Al 2O3 > TiO 2 and Nb2O5. The trend between activity and support basicity suggests an

electronic modi�cation of the Ru. In addition to alkaline-earth metal o xides, transition-metal

oxides can be partially reduced to create an enriched electron environment and accelerate the

dissociative adsorption of N2[100, 101]. Wang et al.[102, 103] used Ru supported on Ba- and

K-modi�ed ZrO 2 and realized higher NH3 synthesis rate than unpromoted MgO or ZrO2.

Shimoda et al.[104] used a yttrium-doped barium zirconate (BaZr0:9Y0:1O3� � ) support and

obtained a synthesis rate of 4.63 mmol g� 1
cat h� 1 at 400°C and 1 bar. Sato et al.[105, 106] studied

the use of Pr2O3 and subsequently La0:5Pr0:5O1:75 as the Ru catalyst support. The latter realized

a record NH3 synthesis rate of 60.2 mmol g� 1
cat h� 1 at 400°C and 10 bar. In another recent study,

Ogawa et al.[107] alloyed Ru directly with yttrium to tune electron d ensity for ammonia synthesis.

The present paper focuses on ammonia synthesis, using yttria-stabilized zirconia (YSZ) as an

active support for Ru-based catalysts. Although both zirconia- and rare-earth-element-based

supports have been published, Ru on YSZ supports have not been previously studied. The

present research was motivated by the excellent ammonia decomposition performance using
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porous YSZ tubes impregnated with Ru in catalytic membrane reactors[23].The present study

�rst evaluates the activity of YSZ as compared to the more commonly used� -Al 2O3 support.

The study goes on to systematically investigate the e�ects and stability of alkali and

alkaline-earth metal promoters, the e�ects of space velocity, and thedependence of temperature,

pressure, and H2/N 2 feed ratio on NH3 synthesis rates. A detailed micro-kinetic model was

developed to assist explaining the rate-limiting processes and provide predictive capabilities.

Figure 5.1 (a) SEM cross section of the asymmetric YSZ support; (b) TEM image of a YSZ/Ru/Ba
catalysts and accompanying EDAX maps of the (c) Ru and (d) Ba distributions in this region.
The Ru is dispersed as nanoparticles ranging from 2 - 10 nm while the Ba is distributed nominally
uniformly over the support.

5.3 Experimental procedures

5.3.1 Catalyst preparation

The YSZ and � -Al 2O3 supports were supplied as porous tubes with an approximately 1 cm

outside diameter and approximately 0:134 cm wall thickness. The YSZ support tube (4% Y2O3,

96% ZrO2, Praxair Surface Technologies) has an asymmetric structure (Figure 5.1a). The exterior

of the support is an approximately 20 � m thick mesoporous region with pore diameters of

approximately 0.2� m, whereas the bulk is characterized with larger pores 8� dp � 10 � m. The

� -Al 2O3 (CoorsTek, Inc.) support is symmetric with uniform pore diameters of approximately

0.2� m. The BET surface area of� -Al 2O3 is 4.42 m2 g� 1, whereas the surface area of YSZ is 2.24

m2 g� 1 due to its asymmetric structure and large pore size. The support tubes were cut and

cleaned with deionized (DI) water and acetone to remove contaminants,followed by drying in air

at 130°C.
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The Ru catalyst was loaded into the porous structures using wet impregnation. The 0.67 M

Ru precursor solution is synthesized from Ru chloride hydrate (Pressure Chemical Co., metal

40%) dissolved in 75% acetone (ICC, 99.5%) and 25% deionized water. After reducing Ru

chloride at 400°C and atmospheric pressure in pure H2 for 2 hours in a Lindberg M furnace, the

Ru catalyst was washed using DI water to remove unreduced Ru chloride and then dried in air at

130°C. Several promoters, including Cs, K, and Ba, were loaded individually, following the same

impregnation method as used for the Ru catalyst. The promoter precursorsolution was prepared

using Cs (Alfa Aesar, 99.99%), K, and Ba (Sigma-Aldrich, 99.999%) nitrate dissolved in DI water.

The Ru catalyst and promoter loadings were determined gravimetrically. As a consequence of the

support's low surface area, a typical Ru loading is in the range 0:4 � wt :% � 1:0. The promoter

loading was controlled by varying the concentration of the precursor solution to adjust the

promoter/catalyst molar ratio (cf., Supplementary Figure D.1). The Ru p article size distribution

was determined using TEM (Figure 5.1bc) and quanti�ed using ImageJ[108]. The average Ru

particle size was found to be 5.6� 3.4 nm, corresponding to approximately 23% dispersion, which

is the size range reported to have dense B5 sites that are active for N2 dissociation and facilitate

the NH3 synthesis chemistry[98, 109]. Promoters such as Ba were found to be uniformly

distributed over the support and not preferentially associated with Ru (Figure 5.1d).

5.3.2 Tubular con�guration

Initial studies were accomplished using a modi�ed catalytic membrane reactor that was

documented by Collins and Way[32]. As illustrated in Figure 5.2, the tubular catalyst, which is

connected to a 1/4-in stainless steel feed tube with Swagelok nuts and graphite ferrules

(Chromalytic, Ltd.), is mounted inside a 1-in-diameter stainless steel shell. This tubular

con�guration represents a geometry that could be used for ammonia synthesis in a catalytic

membrane reactor (CMR). Without a membrane, however, the N2/H 2 gases can be directed

through either the shell side or tube side. Alternative 
ow con�gurat ions were tested and shown

to achieve essentially the same NH3 synthesis rate (less than 10% variation). For the results

presented herein, H2 was introduced through the shell side forced to 
ow across the catalyst while

N2 was introduced through the tube side at a gas hourly space velocity of 13,000h� 1. This

tubular con�guration was used to collect the preliminary data on supports and promoters that is
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Figure 5.2 Illustration of a catalytic membrane reactor[32]. Some of the experiments in the present
paper use the shell and tube con�guration, but using the porous tube alone without the membrane.

shown in Figure 5.3-Figure 5.5.

5.3.3 Packed-bed con�guration

For the highly active promoted catalysts, both equilibrium and transport limitations were

found to impact the results at GHSV = 13; 000 h� 1. In the tubular experiments, the GHSV could

not be substantially increased with existing equipment. Thus, subsequent studies were

accomplished in a conventional di�erential packed bed reactor (PBR),which also facilitated direct

comparison with literature reports on other catalysts. The catalysts for PBR studies were �rst

prepared in the tubular con�guration, and then crushed and sieved. Particle diameters in the

range 250� dp � 600 � m were selected to eliminate internal mass transfer limitations[110]. The

catalyst particles were packed with quartz wool and glass beads (Sigma-Aldrich, particle

diameters 2 mm) inside a 3/8-in Swagelok VCR cell with a typical catalyst loading of

approximately 0.2 g. The ratio of glass beads and active catalyst was approximately 8.2. The

catalyst bed was 2 cm long, with quartz wool supports on both ends of the active catalysts. Feed

streams of H2 and N2 were mixed by a tube union tee prior to entering the packed bed. The PBR

con�guration was used to collect the data in Figure 5.6-Figure 5.9, which became the basis for the

microkinetic model (Figure 5.7-Figure 5.11).

53



5.3.4 Space velocities

This manuscript uses two terminologies to describe the total 
ow rates and the relationship

with the catalyst loading. The Gas Hourly Space Velocity (GHSV), which is the ratio of total

volumetric 
ow rate Qin and the catalyst-bed volumeVcat at standard conditions (p = 1bar

absolute, T = 273K), may be evaluated as

GHSV =
Qin

Vcat
: (5.1)

The GHSV is measured as h� 1. A GHSV of 10,000 h� 1 is commonly cited in the literature as

being su�cient to eliminate external mass transfer limitations[102, 103, 111]. Based on this

consideration the initial experiments reported here evaluating di�erent supports and promoters

were conducted in the tubular con�guration at GHSV = 13,000 h � 1, where the volume of the

catalyst bed is de�ned as total volume of the YSZ ceramicVcat = �
�
r 2

o � r 2
i

�
L , where ro and r i

are the outer and inner the radii of the tubular reactor and L is the length.

The alternative terminology used is Space Velocity (SV), which is de�ned as the ratio of the

total inlet 
ow rate at standard conditions and the catalyst loading mcat as measured in grams of

active catalyst,

SV =
Qin

mcat
: (5.2)

The SV is represented as mL g� 1
cat h� 1. The space velocity for experiments conducted in the PBR

con�guration is reported in these units because of the ease and accuracy ofmeasuring the catalyst

mass. For comparison, the GHSV = 13; 000 h� 1 condition used in the tubular con�guration is

equivalent to SV = 4500 mL g� 1
cat h� 1. The PBR con�guration increased the attainable space

velocity range by more than an order of magnitude to a maximum of SV = 144; 000 mL g� 1
cat h� 1.

At space velocities of 72,000 mL g� 1
cat h� 1 or greater, the ammonia-synthesis rate was found to be

insensitive to the feed 
ow rate (cf., Supplementary Figure D.2). The PBR experiments reported

herein all used SV = 72; 000 mL g� 1
cat h� 1.

5.3.5 Gas-composition measurement

The catalyst was heated to desired temperature (300{450°C) under H2 at a ramp rate of 3.6 K

min� 1. A type-K thermocouple was placed in the middle of the catalyst bed/oven. The catalyst
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bed is short relative to the heating zone, ensuring isothermal conditions. The gauge pressure was

controlled through an electronic back pressure regulator (Equilibar, LLC) varying between

0 � p � 10 bar. The 
ow rates of H2 and N2 (UHP, General Air) were varied using mass 
ow

controllers (MKS Instruments, Inc.) and the outlet 
ow rate was det ermined using a bubble 
ow

meter (Humonics Opti
ow 520). An oxygen trap (Supelpure, Sigma-Aldrich Co. LLC) was used

to lower the inlet oxygen/water concentration of the inlet to below 2 ppb. The outlet composition

was measured using a quadrupole mass spectrometer (MS) and a non-dispersive infrared detector

(NDIR, Bacharach). The MS measures the N2, H2, and NH3 concentrations, and the NH3

concentration is measured by NDIR . Both detectors were calibrated using a gas mixture of 1%

NH3 in H2/N 2 (Matheson Gas). Data were logged every 5 minutes using LabView.

5.4 Microkinetics reaction mechanism

The reaction mechanism is developed using data from the packed-bed experiments and a

packed-bed model. The model is used as the basis to interpret measurements and establish

kinetics rate expressions. The reaction mechanism itself is basedon the reaction pathways �rst

proposed by Hinrichsen et al.[112], which has been used widely since its development in 1996. An

important contribution of the present model is the development of coverage-dependent rate

expressions that span ranges of operating temperature and pressure.

5.4.1 Packed-bed model

The isothermal and isobaric packed-bed model solves mass-conservationequations within the

packed bed. This model neglects stream wise di�usive transport. In summary form, the relevant

di�erential equations are

d(�u )
dz

= As

K gX

k=1

_skWk ; (5.3)

�u
dYk

dz
+ AsYk

K gX

k=1

_skWk = As _skWk ; (k = 1 ; : : : ; K g) (5.4)

� =
p

RT
1

P
K g

Yk=Wk
; (5.5)

_sk = 0 ; (k = K g + 1 ; : : : ; K g + K s): (5.6)
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In these equations� is the gas-phase mass density,u is the super�cial velocity, As is the speci�c

catalyst surface area (i.e., surface area per unit volume of bed), _sk is the molar production rate of

gas-phase species via heterogeneous reaction,Wk are the gas-phase species molecular weights, and

Yk are gas-phase mass fractions. There areK g gas-phase species andK s surface-adsorbed species.

The rate expressions (Table 5.1) are evaluated according to the theory presented in the section on

Reaction Pathways and Rate Expressions. Although the model could be extended to include axial

di�usive transport as well as temperature and pressure variations[113],such extensions are not

needed for the 
ow conditions in the present experiments.

The species production rates are evaluated using the reaction mechanism and the local

conditions within the bed. In addition to the gas-phase mass fractionsYk , the dependent variables

include the surface coverages� k for each of theK s surface-adsorbed species. Equation5.6, which

is an algebraic constraint that requires the local steady-state production rates of the surface

adsorbates to vanish, depends on the surface coverages as well as the gas-phase composition[114].

Note that Eq. 5.6 runs only over the K s surface species. The surface reactions do cause net

production rates for gas-phase species (i.e., _sk 6= 0 for the K g gas-phase species). By sign

convention, _sk � 0 means that the surface reactions deliver speciesk into the gas phase.

The governing equations form an initial value problem in di�erential- algebraic form that is

easily solved computationally[115, 116]. Applicable software includes the \ode15i" function in

Matlab . The inlet composition and velocity form the initial conditions. The pressure,

temperature, and speci�c catalyst surface area must be speci�ed.

5.4.2 Reaction pathways and rate expressions

The reaction pathways are taken from Hinrichsen et al.[112] (often called the Ertl mechanism),

which was developed in 1996 to represent the ammonia synthesis over Cs-Ru/MgO catalysts.

Although the reaction pathways are unchanged, the rate expressions are modi�ed signi�cantly to

represent the Ba-Ru/YSZ catalysts over wide ranges of temperature (300� T � 450°C), inlet

composition (0:1 � H2=N2 � 3:0) and pressure (0� p � 10bar gauge). Maintaining

thermodynamic consistency (microscopic reversibility) is an important aspect of establishing the

rate expressions. Thermodynamic consistency was ensured using aleast-squares technique to

minimize the Gibbs free energy over the relevant temperature range. The algorithm details are
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Table 5.1 Microkinetic reaction mechanism for ammonia formation and decomposition over Ba-
Ru/YSZ catalysts. The surface site density is taken to be � = 2 :6079� 10� 9 mol/cm 2. The
rate expression parameters are stated in consistent units of cm, s, andkJ mol� 1, with particulars
depending on reaction order. The reaction kinetics are available as electronically as supplementary
data in Chemkin format (surf.inp, chem.inp, thermo.dat, trans.dat).

A � E

Reaction (cm, s) (kJ mol � 1 )

1 N2 + 2(Ru) ! N(Ru) + N(Ru) 2 :892 � 10� 06 0.000 38:949

(Sticking coe�cient)

2 N(Ru) + N(Ru) ! N2 + 2(Ru) 2 :015 � 10+17 -0.279 148:027 � 14 � N(Ru)

3 H2 + 2(Ru) ! H(Ru) + H(Ru) 4 :007 � 10� 03 0.000 0:0

(Sticking coe�cient)

4 H(Ru) + H(Ru) ! H2 + 2(Ru) 3 :600 � 10+20 0.658 91:948 � 2 � H(Ru)

5 NH 3 + (Ru) ! NH 3 (Ru) 1 :247 � 10� 05 0.000 0:0

(Sticking coe�cient)

6 NH 3 (Ru) ! NH 3 + (Ru) 2 :235 � 10+11 0.083 83:536

7 N(Ru) + H(Ru) ! NH(Ru) + (Ru) 8 :424 � 10+20 0.000 83:620 � 7 � N(Ru)

8 NH(Ru) + (Ru) ! N(Ru) + H(Ru) 6 :813 � 10+19 0.207 30:972 + 1 � H(Ru)

9 NH(Ru) + H(Ru) ! NH 2 (Ru) + (Ru) 4 :949 � 10+19 0.083 75:236

10 NH2 (Ru) + (Ru) ! NH(Ru) + H(Ru) 8 :321 � 10+19 -0.083 15:767 + 1 � H(Ru)

11 NH2 (Ru) + H(Ru) ! NH 3 (Ru) + (Ru) 3 :886 � 10+19 0.083 17:036

12 NH3 (Ru) + (Ru) ! NH 2 (Ru) + H(Ru) 1 :478 � 10+20 0.000 64:980 + 1 � H(Ru)

reported by Karakaya et al[117]. Thus, the model is equally well suited to predict both ammonia

synthesis and decomposition.

The present model presented uses the mean-�eld approximation, thus assuming that the Ru is

uniformly distributed on the catalyst surface[118]. The surface is characterized by Ru site density

and the adsorbate site coverages. The Table 5.1 shows the 12-step reactionmechanism among 5

surface and 3 gas-phase species. Some of the rate expressions are written in Arrhenius form as

k0
i = A i T � i exp

�
�

E i

RT

�
: (5.7)

Nominal values for the rate constants are estimated using transition-state theory. Pre-exponential

factors A are initially evaluated as

A =
kBT

h
1

� n� 1 ; (5.8)

where kB is the Boltzmann constant, h is the Planck constant, � is the Ru surface site density

(� = 2 :6� 10� 9 mol cm� 2), and n is the reaction order. For a �rst-order surface reaction, the

nominal value of A is estimated to be approximately 1013 s� 1[119]. However, the pre-exponential

factors are all empirically adjusted to satisfy thermodynamic consistency and to represent the
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experimental measurements.

Three of the rate expressions (Reactions 1, 3, and 5) are represented as sticking coe�cients,

which may be activated. The sticking coe�cient may represented in terms of the collision

frequency as[114]


 i = ai T � i exp
�

E i

RT

�
: (5.9)

The forward rate expression can be evaluated as

kf ;i =

 i

� m

r
RT

2�W k
; (5.10)

where Wk is the molecular weight of the relevant gas-phase species (e.g., N2 in Reaction 1). The

exponent m indicates the number of adsorption sites that participate in the reaction (e.g., m = 2

for Reaction 1)[114].

Reactions 2, 4, 7{9 and 12 (Table 5.1) use coverage-dependent activation energies, which is an

essential element in representing kinetics over the range of relevant temperatures. To include

coverage-dependent activation energies, the typical Arrhenius expression is modi�ed as[114, 120]

ki = k0
i

KY

k=1

exp
�

�
" k;i � k

RT

�
; (5.11)

where � k is a species coverage fraction," k;i is the coverage-dependent activation energy

corresponding to thekth species in thei th heterogeneous reaction. The present reaction

mechanism considers only H(Ru) and N(Ru) as possibly contributing to the coverage-dependent

activation energies.

5.4.3 Rate-expression �tting

Although the present paper uses the reaction pathways proposed by Ertland colleagues

(Table 5.1), the rate expressions and parameters are qualitatively and quantitatively quite

di�erent. The rate parameters are �t to be consistent with measured performance of the

Ba-Ru/YSZ catalyst over relevant ranges of physical parameters and operating conditions

(Table 5.2). Throughout the �tting process, the physical properties of the catalysts and the

packed bed are �xed.

The pre-exponential factors and the activation barriers are adjusted topreserve overall

thermodynamic consistency[117] in the temperature range 50� T � 1100°C. In principle,
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Table 5.2 Reaction conditions used as model input parameters.

Parameters Values

Temperature 300 � T � 450°C

Pressure (gauge) 0 � p � 10 bar

Inlet velocity 1 :14 � Uin � 15:84 cm s� 1

Inlet stoichiometry 0 :1 � H2=N2 � 3:0

Catalyst bed length, L = 2 :0 cm

Bed inner diameter D = 9 :525 mm

Bed porosity � = 0 :70

Bed tortuosity � = 2 :5

Average particle diameter dp = 430 � m

Speci�c surface area A s = 3 :0 � 103 cm� 1

activation barriers could be assigned to any value that is consistent with transition-state theory.

However, the range of activation barriers are adjusted to be nominally consistent with prior

literature[110, 112, 121].

The iterative �tting procedure is semi-automated, but does require some chemical insight and

judgement to choose the initial values, propose rate-determining steps, anticipate coverage

dependencies, etc. Although adjusting rates to represent the experimental data and enforce

thermodynamic consistency is a lengthy process, theCaRMeN software is used to assist the

iteration procedure[122]. Although the speci�c rate parameters (Table 5.1) may not be entirely

unique, the holistic mechanism does represent the Ba-Ru/YSZ catalyst behavior accurately over

relevant operating conditions.

Table 5.1 uses rate expressions that are di�erent from Ertl's initial model[112]. Although the

Ertl model uses Ru as the active metal, the support e�ect is lumpedinto the overall rate

constants. In a subsequent paper from the Ertl group, Jacobi et al.[123] showed that the support

plays a signi�cant role in the NH 3 formation rates[124], especially concerning the support's

in
uence on nitrogen adsorption and desorption chemistry[110].

The present Ba-Ru/YSZ reaction mechanism uses a signi�cantly higher N2 sticking coe�cient

than does the Ertl model for Cs-Ru/MgO catalysts. The measured and calculated ammonia

formation rates in the present study are approximately seven times higher than those for the

Cs-Ru/MgO catalysts[112]. Based on the present experimental data, the nitrogen sticking

coe�cient is found to be 2.89� 10� 6. Hinrichsen et al.[110] showed that depending on the support
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the N2 sticking coe�cient on supported Ru catalysts vary. Hinrichsen et al . evaluated the N2

sticking coe�cients to be 10 � 15 for Ru/Al 2O3, 10� 13 for Ru/MgO and 5 � 10� 11 for Cs-Ru/MgO

at room temperature via N2 temperature-programmed desorption measurements[110]. Hinrichsen

et al.[110] observed a linear correlation between the N2 sticking coe�cient and ammonia

formation rate. Furthermore, Hinrichsen et al. suggested that because only a small fraction of

catalyst surface was active the N2 sticking coe�cients should be low. Dahl et al.[125] showed that

the nitrogen sticking coe�cient can be as high as 10� 5:4 on the 1% of the Ru/MgAl 2O4 surface's

Ru(001) step sites.

Ertl's microkinetic model includes the recombination of adsorbed nitrogen (Table 5.1,

Reaction 2), which is reported to be energetically the most stable (137 kJ mol� 1) reaction

step[112]. Adsorption and desorption energy barriers of N2 vary depending on the support as well.

Isotopic exchange studies show that N2 adsorption energy for Cs-Ru/MgO is 33 kJ mol� 1, and

the desorption energy is 137 kJ mol� 1, whereas on Ru/MgO the adsorption energy is 48 kJ mol� 1

and desorption energy is 158 kJ mol� 1. Tsai and Weinberg[121] calculated the barrier for nitrogen

desorption to be 184 kJ mol� 1. The present kinetic model uses 38.95 kJ mol� 1 for N2 adsorption

and 148.0 kJ mol� 1 for N2 desorption energy barrier, which is consistent with previous reports.

5.5 Results

5.5.1 E�ects of supports and promoters

Because Ru loadings may vary somewhat as catalysts are prepared in di�erent batches, the

measured NH3 production rates reported herein are normalized by the Ru mass (mmol g� 1
Ru h� 1).

Figure 5.3 compares the NH3 synthesis rate as a function of temperature atp = 0 bar (gauge)

using a YSZ support and the more-conventional� -Al 2O3 support. These measurements were

done in the tubular reactor (Figure 5.2). The production rates using Ru/YSZ are a factor four

greater than those using Ru/� -Al 2O3. Moreover, the Ru/YSZ maintains active at substantially

lower temperatures, below 400°C. An Arrhenius analysis reveals that the YSZ support reduces the

apparent activation energy from 123 kJ mol� 1to 103 kJ mol� 1. The improved performance is

likely due to the strong metal-support interaction associated with the Ru and YSZ. At reaction

conditions, partially reduced Zr2+ may donate electrons to adjacent Ru atoms, thus enhancing

their electron density and facilitating the N 2 dissociation step, which is recognized to be the
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rate-determining step for NH3 synthesis[25, 100, 101].

Alkali and alkaline-earth metal compounds are known to improve the activity of Ru catalysts

by altering their electronic structure[126]. The present study considers three promoters (Cs, K,

and Ba) with varying promoter/catalyst molar ratios. Figure 5.4a shows measured ammonia

synthesis rates atT = 450°C, H2=N2 = 3, and three pressures as functions of the Cs/Ru ratio.

Relative to Ru/YSZ alone, the addition of Cs as a promoter increases the reaction rate by almost

an order of magnitude. The increased activity is relatively insensitive to Cs/Ru ratio in the range

0:1 � Cs=Ru � 1:4. The reaction rate decreases somewhat at higher loadings (Cs=Ru > 1:4),

potentially due to the coverage of active Ru sites by excess promoter[126].

Figure 5.4b shows the in
uence of di�erent promoters and promoter-Ru ratios as functions of

pressure. In all cases, the temperature, inlet stoichiometry, andGHSV are �xed. Clearly, Cs is

the most active. In all cases, the synthesis rates increase nearly linearly as functions of pressure.

Compared to Ru/YSZ, the introduction of Cs reduced the apparent activation energy for

ammonia synthesis from 103 kJ mol� 1 to 65 kJ mol� 1. The Ba and K promoters also signi�cantly

enhanced the reaction rate and were insensitive to the promoter/Ru catalyst ratio. At 400 °C and

30 bar, Siporin et al.[127] compared the catalytic activity of MgO supported Ru with the addition

of Cs and Ba. Those results showed that Cs was twice as active as Ba, which is consistent with

results in the present study. The promoter activity trend (Cs > K � Ba) correlates with the

electronegativity trend (Cs < K < Ba), suggesting that the rate increase associated with the

promoter is caused by electron transfer to the Ru[110, 127].

5.5.2 Space velocity and stability

Given the high rates observed on the promoted catalysts the reaction rates were evaluated as

functions of GHSV to determine the extent to which the experiments could be kinetically limited.

Figure 5.5 shows the measured normalized synthesis rates and the extent of conversion relative to

equilibrium ( X=X eq) as functions of GHSV. The apparent reaction rates increase with increasing

GHSV, suggesting the possibility of a mass-transport limitation. However, the measured

conversions are on the order of equilibrium, suggesting that the synthesis rate at low GHSV could

be equilibrium-limited. Thus, the tubular con�guration is not sui table for further study of the

process kinetics. Consequently, the study of reaction kineticswas accomplished using
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Figure 5.3 Speci�c NH3 synthesis rates of Ru supported on YSZ and� -Al 2O3, individually, without
any promoter as a function of temperature (350� T � 450°C). Reaction conditions: p = 1 bar
(gauge), H2/N 2 = 3, GHSV = 13 ; 000 h� 1.

measurements from a packed-bed reactor.

Using the packed-bed reactor, with the absence of transport limitations, ammonia synthesis

rates were found to be approximately four times higher than those observed in the tubular

reactor. Under the packed-bed conditions, although the rates were initially high, the Cs-Ru

catalyst was found to be unstable. Figure 5.6a plots the normalized ammonia-synthesis rates for

the Cs-Ru catalyst at three temperatures. At T = 450°C, the reaction rate declined

approximately 50% over 40 hours (cf., Figure 5.6a). Reapplication of Cs restored the rate, but it

again declined in a similar manner. The deactivation is apparently thermally activated, with the

degradation rate decreasing at lower temperatures. Nevertheless, the degradation rates associated

with the Cs are practically unacceptable.

A separate stability test using Ru/YSZ without any promoter con�rms the stability of Ru

catalyst itself at 450°C over 100 hours (cf., Supplementary Figure D.3). The Cs promoter was

identi�ed to be the source of the instability. By contrast, the Ba-R u/YSZ remained stable at

450°C for over 140 hours (Figure 5.6b). Table 5.3 lists the melting points of the alkali and

alkaline-earth compounds used in the present study, where the oxide is the most likely form at

reaction conditions[128]. The melting point of cesium oxide is only of 490°C, whereas that of

barium oxide is much higher at 1923°C. Therefore, it may be speculated that the Cs promoter, in

the form of a low-melting-point oxide, is mobile on YSZ support. Such mobility is expected to

reduce activity over time.
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Figure 5.4 a) Speci�c NH3 synthesis rates of Ru/YSZ as functions of Cs/Ru ratio at various
pressures (1� p � 10 bar, gauge). b) Speci�c NH3 synthesis rates of Ru/YSZ using di�erent
promoters and concentrations as functions of pressure (1� p � 10 bar, gauge). Reaction conditions:
T = 450°C, H2=N2 = 3, GHSV = 13 ; 000h� 1.

The Cs stability has been considered in a few previous studies[110, 126{129]. Siporin et

al.[127, 129] studied Cs-Ru/MgO in the operating ranges 325� T � 450°C, 1 � p � 30 bar, and

space velocity 8; 900� SV � 24; 000 mL g� 1
cat h� 1, �nding no deactivation. Larichev et al.[128]

compared the Cs promoter on Ru/MgO and Ru/Al 2O3 at 250 � T � 400°C, p = 1 bar, and
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Figure 5.5 Speci�c NH3 synthesis rate (normalized with respect to the maximum GHSV value)and
the ratio of measured NH3 concentration over that at thermodynamic equilibrium (X/X eq) as a
function of GHSV. Measurements were made in a tubular reactor (Figure 5.2). Reaction conditions:
T = 450°C, p = 10 bar (gauge), H2=N2 = 3, Cs=Ru = 0 :67.

SV = 8; 900 mL g� 1
cat h� 1, but simply did not discuss stability. As was the case with present

experiments in the tubular con�guration, it is possible that Larichev et al.[128] did not detect

activity degradation.

Hinrichsen et al.[110] studied the catalytic activity of Ru/MgO and Cs-Ru /MgO over weeks

duration. At reactor conditions of T = 315°C, p = 1 bar, and SV = 52 ; 000 mL g� 1
cat h� 1, they

reported that the performance of Cs-Ru/MgO declined somewhat initially, whereas Ru/MgO

showed no deactivation. In a more detailed study, Rosowski et al.[124] studied Cs-Ru/MgO at

315°C, p = 1 bar, and SV = 17 ; 400 mL g� 1
cat h� 1. They observed that the measured NH3

concentration declined over 24% for the �rst 8 hours, attributing deactivation to heat treatment.

After an initial 100-hour test at 315°C, temperature was increased to 400°C for 4 hours over

multiple cycles. However, the measured NH3 concentration was at thermodynamic equilibrium,

impeding the direct investigation of stability.

5.5.3 Model-experiment comparison for Ba-Ru/YSZ

Since the Ba-Ru/YSZ proved to be highly active and stable, it is used here to determine the

e�ects of temperature, pressure, and H2/N 2 ratio on ammonia synthesis rates. The model

parameters (Table 5.1) were based on experiments and the subsequent �gures compare

experiment with model predictions. Figure 5.7 shows the ammonia synthesis rate as a function of

pressure at selected temperatures. Other reactor conditions are �xed as H2=N2 = 3, T = 450°C,
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Figure 5.6 a) Normalized NH3 synthesis rate of Cs promoted Ru/YSZ over time at various tempera-
ture (300 � T � 450°C). Cs is reloaded after the performance decline of a 20-hour test atT = 450°C.
Reaction conditions: p = 0 bar (gauge), H2=N2 = 3, SV = 72 ; 000mL g� 1

cat h� 1, Cs=Ru = 0 :3. b)
Normalized NH3 synthesis rate of Ba promoted Ru/YSZ over time at 450°C. Reaction conditions:
p = 0 bar (gauge), H2=N2 = 3, SV = 72 ; 000 mL g� 1

cat h� 1, Ba=Ru = 1 :0.

and SV = 72; 000mL g� 1
cat h� 1. At the higher temperatures, the NH3 synthesis rate scales

approximately linearly with pressure. As the temperature decreases, the bene�ts of increasing

pressure are diminished. AtT = 300°C, the NH3 synthesis rate is nearly independent of pressure.

The model captures these trends.

Figure 5.8 shows measured and model-predicted ammonia synthesis rates at p = 10 bar

(gauge) as functions of inlet H2/N 2 ratios for four temperatures. Depending on the temperature,

the synthesis rates achieve a shallow maximum at di�erent feed stoichiometries. As the

temperature decreases, the feed stoichiometry to achieve the peakrate decreases as follows:

H2=N2 � 2 at T = 450°C; H2=N2 � 1 at T = 400°C; H2=N2 � 0:5 at T = 350°C; and H2=N2 � 0:3

at T = 300°C. At high temperature and low H2=N2 the synthesis rate approaches thermodynamic

equilibrium. Figure 5.8 shows predicted equilibrium rates as dashed lines. The model again
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Table 5.3 Melting points of Cs and Ba compounds.

Melting Point ( � C) Nitrate Oxide Hydroxide

Cs 414 490 342

K 334 360 740

Ba 592 1923 78

Figure 5.7 Speci�c NH3 synthesis rate of Ba-promoted YSZ as a function of pressure (0{10 bar
gauge) at various temperature (300� T � 450°C) at stoichiometric H 2/N 2. The solid line is the
reaction rate obtained from the microkinetics model. Reaction condition: SV = 72; 000 mL g� 1

cat
h� 1.

captures the observed variations, and as discussed below, the local maxima in synthesis rates arise

from a competition between H2 and N2 adsorption rates.

Figure 5.9 shows the reaction rate as a function of pressure using the optimal H 2/N 2 ratio

that maximizes synthesis rate at each temperature. The e�ect of elevated pressure, especially at

low temperature, is stronger when using the optimal feed ratio (cf., Figure 5.7 and Figure 5.9).

Rosowski et al.[124] used Cs-Ru/MgO at 50 bar and obtained optimal H2/N 2 ratios of 1.5, 0.43,

0.25, and 0.05, at temperatures of 450°C, 400°C, 350°C, and 300°C, respectively. The optimal

H2/N 2 ratios for the Cs-Ru/MgO at each temperature are smaller than they are for the

Ba-Ru/YSZ catalyst, suggesting Cs-Ru is more susceptible to H2 poisoning. This is consistent

with the study by Siporin et al.[129] where Cs-Ru was found to be more inhibited by hydrogen

than were Ba-Ru and La-Ru using an MgO support.
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Figure 5.8 Speci�c NH3 synthesis rate of Ba-promoted YSZ as a function of temperature (300�
T � 450°C) using various stoichiometric ratios (0:1 � H2=N2 � 3). The solid lines are the reaction
rates predicted from the microkinetics model. The dashed lines are the theoretical reaction rates
calculated using NH3 concentration at thermodynamic equilibrium. Reactor conditions: p = 10
bar (gauge), SV = 72; 000mL g� 1

cat h� 1.

Figure 5.9 Speci�c NH3 synthesis rate of Ba-promoted YSZ as a function of pressure (0{10 bar
gauge) at various temperature (300� T � 450°C) at optimal H 2/N 2 ratios. The solid lines are the
reaction rates predicted from the microkinetics model. Reactor conditions: SV = 72; 000 mL g� 1

cat
h� 1.

5.6 Discussion

5.6.1 Role of the surface coverages

As discussed in the section on Model-Experiment Comparison, the model accurately predicts

the catalyst performance over wide ranges of temperature, pressure,and stoichiometry. In very
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large measure, the model's predictive capability was the result of extending the Ertl mechanism

by including coverage dependency to the energetics of the surfacechemistry. Figure 5.10 shows

model-predicted surface-coverage fractions at 10 bar (gauge) and 300°C, for H2/N 2 inlet ratios of

0.1, 0.3 and 1.0. At low H2/N 2 ratios (Figure 5.10a), the surface is mostly covered by adsorbed

nitrogen N(Ru). As H 2/N 2 increases to 0.3 (Figure 5.10b), the hydrogen coverage H(Ru)

increases and the N(Ru) coverage decreases correspondingly until their levels are comparable,

which is coincident with the maximum ammonia-formation rates (cf., Figure 5.8). Further

increasing the feed stoichiometry to H2=N2 = 1 :0 (Figure 5.10c) causes the surface to be covered

mostly by H(Ru), with N(Ru) becoming the rate-limiting reactant. To accommodate wide ranges

of H2/N 2, the present model incorporates a coverage dependency of 14 kJ mol� 1 for the nitrogen

desorption (Reaction 2). Although the 14 kJ mol� 1 emerges from the �tting procedure,

independent Density Functional Theory (DFT) models also predict that nitrogen desorption is

coverage dependent[123, 130]. At low temperature this nitrogen coverage dependency, which

decreases the N(Ru)+N(Ru) recombination activation barrier as function of N(Ru) coverage,

enables the model to capture this dynamic evolution in surface coverage and accurately predict

optimal H 2/N 2 ratios.

As the feed H2/N 2 ratio increases from 0.3 to 1.0 the ammonia formation rates decrease as a

result of hydrogen poisoning. Hydrogen poisoning was �rst reported by Ertl's group[124] and

Davis's group[131]. At high H2 concentration its high sticking probability of 4 � 10� 3 is su�cient

to cover the surface as H(Ru). For stoichiometric mixtures H(Ru) recombinative desorption is the

rate-limiting step. As a result, the ammonia formation rates are kinetically controlled.

Consequently, increasing pressure does not signi�cantly increase the ammonia formation rate (cf.,

Figure 5.7).

These model-predicted observations are consistent with those reported by Rosowski et al.[124].

For these reasons, unlike iron-based catalysts, Ru catalysts tend to operate best below the

stoichiometric H2=N2 = 3 :0 to avoid the hydrogen surface poisoning e�ect[131].

As compared to operation at 300°C, the H(Ru) and N(Ru) surface coverages at 450°C

(Figure 5.11) are weaker functions of the inlet H2/N 2 ratios. At very low H 2 concentrations (i.e.,

H2=N2 = 0 :1), Figure 5.11a shows that the surface is largely covered by N(Ru), reaching above

90% for most of the bed length. By contrast, the adsorbed hydrogen H(Ru) covers only small
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Figure 5.10 Model-predicted surface coverage fractions as functions ofthe position in the packed-
bed for selected H2/N 2 inlet ratios (a) H 2=N2 = 0 :1, b) H2=N2 = 0 :3, c) H2=N2 = 1 :0). Reaction
conditions: p = 10 bar (gauge), T = 300°C, SV = 72; 000mL g� 1

cat h� 1.

fraction of the surface (H(Ru) � 2%). The ruthenium open site fraction ((Ru) � 5%) is predicted

to be greater than the H(Ru) coverage. Thus, at low H2/N 2 ratios, the rate-determining step is

the NH formation step (Reaction 7, Table 5.1).

As the feed stoichiometry increases (H2=N2 = 1 :0 and H2=N2 = 3 :0, Figure 5.11b,c) the

qualitative coverage trends remain similar to those at H2=N2 = 0 :1. Comparing Figure 5.10 and

Figure 5.11 reveals that the coverage behaviors at 450°C are qualitatively quite di�erent from the

behaviors at 300°C. At 450°C, nitrogen coverage remains dominant even at high H2/N 2 ratios.

The temperature dependent rate for the H(Ru) recombination (Reaction4, Table 5.1) is

responsible for this behavior. At high temperatures, the hydrogen desorption is enhanced by the
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Figure 5.11 Model-predicted surface coverage fractions as functions ofthe position in the packed-
bed for selected H2/N 2 inlet ratios ( a) H 2=N2 = 0 :1, b) H2=N2 = 1 :0, c) H2=N2 = 3 :0). Reaction
conditions: p = 10 bar (gauge), T = 450°C, SV = 72; 000mL g� 1

cat h� 1.

T � factor (Eq. 5.7). As the temperature increases, the hydrogen poisoning e�ect at high H 2/N 2

ratios (i.e., H2=N2 � 1:0 ) diminishes. The reaction mechanism captures this behavior by

introducing a temperature- and coverage-dependent H(Ru)+H(Ru) recombination rate (Eq.

5.11). The coverage-dependent activation energy barrier is decreased by 2 kJ mol� 1, further

decreasing the activation energy for producing available H(Ru) to formNH(Ru). Increasing the

H(Ru) coverage leads to increasing the ammonia formation rates (cf., Figure 5.8).

Despite the low conversion rates for producing ammonia, Figure 5.10-Figure 5.11 show

relatively large spatial variations in surface coverages. The model �xes the feed-stream

composition at the inlet to be a mixture of H2 and N2. Because of low conversion to NH3, the

gas-phase H2 and N2 concentrations vary only slightly along the bed length. Nevertheless,small
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Table 5.4 Apparent activation energy (Ea) of Ru-based catalysts. For Ba-Ru/YSZ and Ru/YSZ
in present work, reaction conditions are: 300� T � 450°C, p = 0 bar (gauge), and H2=N2 = 3.
Results for other Ru-based catalysts are derived from Kitano, et al.[132],where reaction conditions
were 320� T � 450°C, p = 1 bar, and H2=N2 = 3. The ranges of Ea for some of the catalysts
listed have di�erent Ru loadings.

Catalyst Ea

Ba-Ru/YSZ 46.2

Ru/YSZ 103.0

Ru/CaO 120.1

Ba-Ru/AC 72 :5 � Ea � 88:8

Cs-Ru/MgO 73 :0 � Ea � 85:8

Ru/C12A7:O 2� 104.6

Ru/C12A7:e � 40:0 � Ea � 56:0

changes in the gas-phase composition can produce substantial changes in the surface coverages.

The net NH3 production rates depend on heterogeneous reactions rates and the activity of

gas-phase compounds and surface adsorbates (i.e., mass-action kinetics), but at relatively low

pressure and temperature the NH3 production rates are small.

5.6.2 Comparison with literature

Ammonia production is usually normalized by the mass of catalyst, with the reaction rate

being reported as mmol g� 1
cat h� 1. The low speci�c surface area of the YSZ support (2.23 m2 g� 1

cat )

used in the present study limits the Ru loading to 0:5 � wt% � 1:0. To eliminate the impact of

di�erent Ru loadings on ammonia synthesis rate, the present paper compares results with

literature reports using the speci�c rate measured as mmol g� 1
Ru h� 1. Praseodymium-based

supports[102{104, 106, 132] have registered the highest synthesis rates to date, with Sato et

al.[106] reporting 1204 mmol g� 1
Ru h� 1 at 400°C and 10 bar (absolute) using La0:5Pr0:5O1:75. For

the same operating conditions, which importantly includes identical SV = 72; 000 mL g� 1
cat h� 1,

the speci�c NH3 synthesis over Ba-Ru/YSZ was approximately 1410 mmol g� 1
Ru h� 1 (cf.,

Figure 5.7). The high synthesis rates are attributed to a combination of �ne Ru particles with

dense active sites, electronic-structure modi�cation by the Bapromoter, and the strong

metal-support interaction. Table 5.4 summarizes the activation energies observed over various

supports as reported by Kitano, et al.[132]. The addition of Ba reducesEa from 103 kJ mol� 1 for

Ru/YSZ to 46.2 kJ mol � 1 for Ba-Ru/YSZ, a value that is among the lowest reported to date and

manifested in the good performance observed at low temperature.
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5.7 Summary and conclusions

This paper adds to the long running history of ammonia synthesis catalysts both in terms of

practical advances and improved fundamental understanding. Experimentally yittria-stabilized

zirconia (YSZ) is shown to be a highly active support for Ru nanocrystals, and that the reaction

is greatly accelerated by promoters. Cesium was the most e�ective promoter, but unstable, while

the Ba-Ru/YSZ catalysts achieved the highest speci�c rates reported to date (approximately 1410

mmol g� 1
Ru h� 1 at T = 400°C, p = 1 MPa). It is notable that both of these �ndings were revealed

only when operating at space velocities much greater than values conventionally employed for

catalyst investigations (i.e., 10,000 h� 1), and it is suggested that SV is as important as other

parameters (temperature, pressure, H2/N 2 ratio) when comparing catalysts or considering reactor

designs. The low activation energy of Ba-Ru/YSZ enables signi�cant rates to be maintained as

low as T = 300°C when coupled with appropriate stoichiometry control.

A microkinetic reaction mechanism was developed that captured the observed behavior with

high �delity over a broad range of temperature (300 � T � 450°C), inlet composition

(0:1 � H2=N2 � 3:0), and pressure (0� p � 10 bar gauge). The mechanism employs the same

reaction pathways initially proposed by Ertl and colleagues[112], but expanded upon it in two

signi�cant ways. The �rst was to quantify parameters that represent the Ba-Ru/YSZ catalyst.

The second, and most important, was to introduce coverage-dependentactivation energies that

can accommodate the e�ects of hydrogen and nitrogen catalyst poisoning. Thisenabled, for

instance, the accurate prediction of optimal H2=N2 ratios as functions of temperature. The

reaction mechanism in the present paper is accurate over large temperature ranges, which is a

signi�cant advance over prior research where mechanisms were tailored to high- and

low-temperature regimes. Thus, the validated, predictive, reaction mechanism can play a valuable

role in assisting the design and implementation of practical reactor technology. Although the

present paper focuses on the Ba-Ru/YSZ catalyst, the framework developed to account for

Ru-support interactions and coverage dependent rate behavior is expected to have broad

applicability for Ru-based ammonia-synthesis catalysts.
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5.8 Supporting information

The supporting �le (appendix D) contains the heterogeneous reaction mechanism and rate

parameters (Table 5.1), together with associated thermodynamic and transport properties in

Chemkin format. The supporting information also includes Figure D.1, Figure D.2 and

Figure D.3, which are discussed in the manuscript.
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CHAPTER 6

DESIGN AND OPERATIONAL CONSIDERATIONS OF CATALYTIC MEMBRANE

REACTORS FOR AMMONIA SYNTHESIS

A paper submitted to AIChE Journal

Zhenyu Zhang15;16, J. Douglas Way16, Colin A. Wolden16;17

6.1 Abstract

Production of ammonia using hydrogen derived from renewable electricity instead of

hydrocarbon reforming would dramatically reduce the carbon footprint of this commodity

chemical. Novel technologies such as catalytic membrane reactors may potentially be more

compatible with distributed ammonia production than the convention al Haber-Bosch process. A

reactor model is developed based on integrating a standard industrial iron catalyst into a

catalytic membrane reactor (CMR) equipped with an inorganic membrane that is selective to

NH3 over N2/H 2. CMR performance is studied as functions of wide ranges of membrane

properties and operating conditions. Conversion and ammonia recovery are dictated principally

by the ammonia permeance, and the bene�ts by using membranes becomesigni�cant above 100

GPU = 3.4 � 10� 8 mol m� 2 s� 1 Pa� 1. To be e�ective, the CMR requires a minimum selectivity

for ammonia of 10 over both nitrogen and hydrogen, and purity scales with thee�ective

selectivity. Increasing the pressure of operation signi�cantly improves all metrics, and at P = 30

bar with a quality membrane ammonia is almost completely recovered, enabling direct recycle of

un-reacted hydrogen and nitrogen without need for recompression. Temperature drives conversion

and scales monotonically without thermodynamic limitations in a CMR. Al ternatively, the

temperature may be reduced as low as 300°C while achieving conversion levels surpassing

equilibrium limits at T = 400 °C in a conventional reactor.

15 Primary researcher and author
16 Department of Chemical and Biological Engineering, Colorado School of Mines, Golden, CO 80401, United States
17 Author for correspondence
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6.2 Introduction

Renewables accounted for 25.2% of global electricity generation in 2018, and are the fastest

growing sectors with wind and photovoltaic deployment increasing by 23.0% and 36.5%,

respectively.[3] Renewable power generation is inherently distributed and variable,[6] necessitating

e�cient energy storage and transportation solutions. The electric grid and battery storage are

useful for short term management, but su�er from challenging integration issues and limited

capacity.[6] Chemical storage is attractive for medium- and long-term storage. The simplest

electrochemical conversion is hydrogen generation through electrolysis of water, but hydrogen

storage and transportation is itself a very formidable task. Currently, hydrogen is stored via

cryogenic condensation and/or compression up to 700 bar. Both approaches su�erfrom low

volumetric density and boil-o�, putting practical constraints on both the duration and distance

associated with these approaches.[13] Conversion to ammonia has emerged asa promising energy

vector for hydrogen storage and transportation. Its gravimetric and volumetric hydrogen density

are 17.7 wt.% and 108 g/L, respectively.[13] Additionally, ammonia is a major commodity

chemical (> 175 MMT/year) with an existing global infrastructure for distribution an d regulation

in place.[14] Conventionally, ammonia synthesis is conducted using the Haber-Bosch process at

extreme pressures (100 - 200 bar) in centralized facilities where hydrogen is predominantly

supplied by reforming hydrocarbons, making it the leading commodity chemical in terms of

energy consumption and greenhouse gas emission.[133] A transition to green ammonia derived

from renewable hydrogen would be desirable to both displace current production and additionally

serve as a vector for renewable hydrogen distribution. Capital-intensive Haber-Bosch is not

economical at small scale, so there is need to develop modular technologies for distributed

production that would be more compatible with renewable resources.[22]

Reducing the capital intensity of ammonia synthesis requires development of processes that

operate at milder combinations of temperature and pressure. Currently the reaction is conducted

in a packed bed reactor with conversion approaching equilibrium limits at T � 450°C. The

e�uent is cooled to T � -25°C to condense and recover ammonia, and the unreactive gasses are

recompressed, reheated, and recycled to the reactor. There has been a century of e�ort to develop

catalysts that are more active at lower temperature, as that would greatly reduce thermodynamic
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Figure 6.1 Equilibrium conversion of stoichiometric N2:H2 mixtures as a function of temperature
at selected pressures.

constraints (Figure 6.1). There have been numerous reports displaying high activity in di�erential

reactors, but these catalysts are strongly inhibited by ammonia and their performance under

practical conditions is not signi�cantly improved over the commercial wustite catalysts [134, 135].

A second strategy is to improve the separation process. Cussler and co-workers have championed

novel absorbents as a cost{e�ective alternative to conventional condensation.[136{138] Perhaps

the best opportunity are processes that integrate reaction and separation.[97, 139] Catalytic

membrane reactors (CMRs) o�er process intensi�cation by combining reaction and separation

into a single unit. In addition to the compact and modular design, e�ci ent product removal

relaxes both thermodynamic limitations and kinetic inhibitions.

Previously, the bene�ts of CMRs have been demonstrated against packed bed reactors (PBRs)

mainly for the dehydrogenation processes such as ammonia decomposition[23, 140] and steam

methane reforming[24]. These successful implementations rely heavily on well-developed

hydrogen-permeable membranes based on Pd and Pd alloys.[141] Likewise, ammonia permeable

membranes are crucial to successfully developing CMR technology forammonia synthesis. For

separating ammonia from nitrogen and hydrogen, the majority of work to date has focused on

polymeric membranes that operate via a di�usion-solubility mechanism[142], where the

introduction of functional groups with high ammonia solubility enable selective permeation over

hydrogen and nitrogen. Laciak et al. [143, 144] and Cussler et al.[142] immobilized ammonium
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thiocyanate using poly(vinylamine) and porous Nylon as the membrane backbone, obtaining

permeance up to 1900 GPU and very high selectivity over both hydrogen andnitrogen (� 3000)

at a temperature of 0 - 110°C and pressures up to� 66 bar. Cussler et al.[145] further improved

the ammonia permeance by fabricating thin, 1.9� m Na�on coated microporous polypropylene

hollow �ber membranes. Although high ammonia permeance and selectivity have been achieved

in organic membranes, their thermal stability precludes deployment in a CMR at practical

operating temperatures (300 - 450°C).

Inorganic ammonia permeable membranes have the potential to operate at synthesis

temperatures, but there has been very limited work reported to date. Zeolite and silica

membranes [28, 146] in principal could work via molecular sieving, as the kinetic diameter of NH3

(2.6 �A) is reported to be smaller than both H2 (2.9 �A) and N2 (3.6 �A).[147] These membranes

have exhibited high permeance (> 100 GPU), but have only demonstrated reasonable selectivity

(� 10) at low temperature (< 100°C). The selectivity mechanism was attributed to preferential

adsorption of ammonia that impedes H2/N 2 transport [28]. A second strategy for inorganic

membranes is based on molten salts such as LiNO3 and ZnCl2 immobilized within a porous

support [29]. The ammonia permeance of ZnCl2 membranes increased from 500 to 700 GPU at

temperatures from 250 to 350°C, and the selectivity of NH3 over N2 and H2 exceed 3000 and 1000,

respectively. These membranes work though a facilitated transport mechanism, and as such the

ammonia permeance was found to scale inversely with the absolute ammonia feed partial pressure.

In this paper, we explore the potential of CMR technology for ammonia synthesis at moderate

operating conditions. The model CMR incorporates a conventional iron catalyst with membranes

of variable permeance and selectivity. Here we aim to elucidate the CMR performance

dependence on the ammonia membrane properties using a reactor model, and in doing so

establish minimum requirements for permeance and selectivity that would enable this application.

Key performance metrics include conversion, ammonia recovery, andthe ammonia purity in both

the permeate and the retentate. The sensitivity to operating conditions are also explored to

illustrate the potential bene�ts of a CMR over a conventional packed bed reactor.
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6.3 Reactor model development

6.3.1 Kinetics of bulk iron catalysts

The Haber-Bosch process uses bulk iron catalysts typically promoted with three non-reducible

metal oxides. For example, the KM1 catalyst by Haldor Tops�e A/S is comprised of 94% iron,

2.8% calcium oxide, 2.5% aluminum oxide, and 0.6% potassium oxide.[148] Kowalczyk [149]

studied the e�ect of potassium promoter by comparing the catalytic performance of doubly and

triply promoted bulk iron catalysts (prepared in-house) at industri al operating conditions where

T = 370 - 470°C and P = 100 bar. Sehested et al. [150] developed the global rate expression

shown in Eq. 6.1, and realized a good �t with experimental results of both Nielsen et al. [151]

and Kowalczyk [149].
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(6.1)

To validate this rate expression for use in our CMR simulations, we built a di�erential rate

calculator using kinetics parameters from Sehested et al. [150] and tested its ability to reproduce

a number of packed bed reactor experiments reported in the literature. Figure 6.2 summarizes a

comparison of model predictions of ammonia outlet concentration with literature results for

integral reactors operated at pressures from 1 - 107 bar. Excellent agreement is achieved over a

broad range of conditions, with minor discrepancies observed at extremeconditions that are not

pertinent to the current study (Etrl 1 bar, Etrl 107 bar). The reason s for such discrepancy remain

unclear. For the conditions targeted for CMR operation, 10 - 30 bar and modestconversion, the

model works extremely well. A more extensive review of the ammoniacatalyst literature and

additional validation of the rate expression employed is presented inthe Supporting Information.

6.3.2 Reactor model

The CMR module is assumed to have the same design as documented in Collins and Way.[32]

Brie
y, the reactor is comprised of an ammonia permeable membrane deposited on the exterior of

a tubular support with bulk iron catalyst packed in the lumen. The amm onia permeable

membrane is characterized using ammonia permeance, ammonia over nitrogen (A/N) selectivity,

and ammonia over hydrogen (A/H) selectivity. The reactor is assumed to operate at steady state,
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Figure 6.2 Comparison of ammonia outlet concentration in an integral reactor between experimental
results and model predictions of bulk iron catalysts at T = 400°C and P = 1 bar[135] , 2bar[151]
, 10 bar[148] , 100bar[149] , 107bar[135]

isothermal, and isobaric conditions. Thus, only the mass conservation needs to be solved.

Additionally, the reactor model is assumed to be 1D, i.e., no speciesvariation in the radial

direction. The validity of this assumption is examined using the criteria modi�ed from Raja et al.

[81] as follows.

r
L

� Rer � Sc �
L
r

(6.2)

Where r and L are the radii and the length of the tubular reactor, separately. Rer is the

Reynolds number based on the radius of the channel.Sc is the Schmidt number. The left and

right bounds ensure the axial di�usive transport is negligible and radial di�usive transport is

more e�ective are negligible compared to the axial convective transport, respectively.

Additionally, the permeation 
ux per volume, i.e., the packing density of tubular membranes,

inversely scales with the radius, at �xed ammonia permeance, and pressure driving force. Based

on our previous work on with CMRs [23, 134] a typicalL=r ratio is 40. This sets the valid GHSV

in the range of � 8 - 12,800 h� 1.

A list of the governing equations is brie
y summarized as follows. More detailed derivation

can be found in the supplement MatLab script.

@(�u )
@z

= � Fm=g

K gX

k=1

JkWk (6.3)
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Jk = � � Pk = � (Pk;ret � Pk;per ) (6.6)

The overall continuity equation is given as eq. 6.3. The net change of mass 
uxes is equal to the

permeation 
uxes through the membrane. The net change of mass 
uxes dueto reactions equals

to zero. Fm=g is a factor that represents the ratio of the surface area of the membraneto the

volume of the reactor. Wk is the molecular weight of species k, andJk is the permeation 
ux of

species k by membrane separation. The species continuity equation 6.4 has an additional reaction

term 
 k rNH 3 representing the species mass 
ux by the synthesis reaction, where 
 k is the

stoichiometric coe�cient of species k. Eq. 6.5 is the gas model approximated using the ideal gas

law, where Yk is the mass fraction of species k. Eq. 6.6 gives the relation between the permeation


ux Jk and the membrane permeance� and the pressure driving force. Here we assume vacuum

conditions on the permeate side for simplicity.

The performance of the CMR synthesis is evaluated against the conventional process using

metrics such as the conversion, ammonia recovery, and permeate and retentate ammonia purity.

The conventional packed bed reactor (PBR) counterpart is assessed at conditions with no

permeation. The parameter space explored is summarized in the following ranges. Operating

conditions include temperature (250 - 450°C), pressure (10 - 30 bar), space velocity (500 - 8000

h� 1), H2/N 2 ratio (R = 3). Membrane properties include NH3 permeance (10 - 1000 GPU, where

1 GPU = 3.4 � 10� 10 mol m� 2 s� 1 Pa� 1), A/N selectivity (1 - 1000), A/H selectivity (1 - 1000).

6.4 Results and discussion

The Haber-Bosch process is typically conducted by approaching equilibrium conversion in a

reactor followed by separation using a condenser and recycling unreacted N2 and H2. Extremely

high reactor pressures are employed (100 - 200 bar) to maximize the levelof equilibrium

conversion. In contrast, the CMR process removes ammonia while thesynthesis reaction happens.

This alleviates both the strong ammonia inhibition of the synthesis kinetics and thermodynamic

limitations. The ammonia removal by membrane separation can also generatea permeate stream
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with higher ammonia concentration, which makes the subsequent ammonia puri�cation more

cost-e�ective. The goal of this work was to explore a wide parameter spaceincluding the

operating conditions and membrane properties and their e�ects on the interplay between kinetics,

thermodynamics, and permeation.

First, to balance between high ammonia production rate and high ammonia outlet

concentration for separation, an appropriate gas hourly space velocity (GHSV)needs to be

selected using a conventional PBR at T = 400°C. Figure 6.3 plots the conversion versus pressure

at selected values of GHSV. The conversion maintains over 80% of the equilibrium conversion at

GHSV as high as 4000 h� 1 and pressures up to 30 bar, which is used as the base space velocity in

the following discussion. For the same reasons, the H2/N 2 ratio R is set at 3 to ensure less

constrained thermodynamic limitations. Next, we performed CMR simulations for optimized

membrane properties including ammonia permeance, A/N, and A/H selectivity and operating

conditions including temperature and pressure.

Figure 6.3 Conversion vs. pressure at various GHSV for the base case of a PBRwith no permeation
at T = 400 °C. Thermo represents equilibrium conversion.

6.4.1 Role of the membrane on conversion

The three critical parameters are the ammonia permeance and its selectivity over both N 2

(A/N) and H 2 (A/H). Conversion is de�ned as the ratio of the nitrogen consumed by the

synthesis reaction to the inlet nitrogen. Figure 6.4 evaluates the dependence of conversion on
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ammonia permeance, A/H, and A/N selectivity. As shown in Figure 6.4 (a), at ammonia

permeance of 10 GPU the conversion pro�le is almost constant and close to the conventional PBR

regardless of the selectivity values. As the ammonia permeance increases from 10 to 100 GPU

(Figure 6.4 (b)), the conversion of a CMR can surpass both the PBR and equilibrium when both

the A/N and A/H selectivity are > 10. Interestingly, further improvements in selectivity beyond

this threshold do not impact conversion, as it plateaus independent ofthe permeance level. Below

this threshold, conversion is more sensitive to the A/H selectivity than the A/N selectivity,

re
ecting the reaction mixture stoichiometry. In the case of A/H selectivity being 1, the

conversion drops to close to the PBR value despite the variation of the A/Nselectivity. Figure 6.4

(c) shows the conversion dependence at ammonia permeance equal to 1000 GPU. The A/H

selectivity is cut o� at 5, below which the spurious solution happensdue to the signi�cant

hydrogen removal by permeation. Above the critical selectivity of 10 alevel of conversion of

13.9% is predicted, almost double the equilibrium conversion. It is noted that high conversion (�

12.3%) is obtained even with A/H and A/N selectivity's as low as 5 and 10, separately.

6.4.2 Ammonia recovery

Ammonia recovery is de�ned as the ratio of ammonia in the permeate stream divided by the

ammonia production by synthesis reactions. Figure 6.5 (a) plots the ammonia recovery pro�le at

the ammonia permeance of 10 GPU. The amount of recovery is negligible (2.3%)and its variation

is insensitive to values of A/H and A/N selectivity. As shown in Figure 6.5 (b) and (c), the

recovery values increase from� 2.3% to � 20% and� 75%, when the ammonia permeance

increases from 10 to 100 and 1000 GPU, respectively. At ammonia permeance bigger than 100

GPU, the ammonia recovery inversely scales with the A/H and A/N selectivity. This is somewhat

misleading. The conversion drops signi�cantly at selectivity values< 10 (Figure 6.5), so it is

easier to fully recover the limited amount of ammonia produced. However, above the threshold

variations in selectivity has little impact on ammonia recovery which is driven primarily by

permeance.
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(a) (b)

(c)

Figure 6.4 Conversion as a function of ammonia selectivity over nitrogenand hydrogen at ammonia
permeance levels of (a) 10, (b) 100, and (c) 1000 GPU with other conditions �xedat T = 400 °C,
P = 10 bar, R = 3, and GHSV = 4000 h � 1. PBR conversion (6.6%) represents the packed bed
reactor with no membrane separation. Equilibrium conversion is 7.2% at these conditions.
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(a) (b)

(c)

Figure 6.5 Ammonia recovery as a function of ammonia selectivity over nitrogen and hydrogen at
ammonia permeance levels of (a) 10, (b) 100, and (c) 1000 GPU with other conditions �xed at T
= 400°C, P = 10 bar, R = 3, and GHSV = 4000 h � 1.
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6.4.3 Ammonia purity

The purity of the ammonia recovered from the permeate de�nes the size of a subsequent

condenser as well as the subsequent recycle stream. Figure 6.6 plotsthe ammonia purity in the

permeate stream at various A/N and A/H selectivity values. The pro�le is essentially

independent of the ammonia permeance. The level of conversion and recovery were largely

independent of selectivity as long as the values were above the threshold of 10. In contrast,

permeate purity is strongly dependent on the selectivity, scaling with the logarithm of an e�ective

selectivity (Figure 6.6 d), which is de�ned as:

Sef f =
SA=N SA=H R

SA=H + SA=N R
(6.7)

where R is the H2:N2 ratio. The e�ective selectivity is controlled by the lower of two selectivities.

For example, if one of the selectivities is unity, improving the other does little to improve purity.

For stoichiometric mixture (R = 3) the A/H selectivity is more importan t than the A/N

selectivity. Compared to the PBR scenario, the use of CMR can upgrade the ammonia fraction

from 3.4% to > 22% if the A/H and A/N selectivity are equal to 10.

6.4.4 Pressure and temperature dependence

We have also evaluated the CMR performance as a function of temperatures (250 - 450°C) and

pressure (10 - 30 bar). To illustrate the important trends we display results at �xed membrane

properties including the ammonia permeance = 1000 GPU, A/H selectivity = 10, and A/N

selectivity = 100. The higher A/N selectivity re
ects the expectati on that the larger N2 molecule

will be more easily separated by a size exclusion transport mechanism[147]. Other membrane

materials with di�erent mechanisms such as solution di�usion [142] or facilitated transport [29]

could potentially achieve higher A/H selectivities. Figure 6.7 compares the conversion of a CMR,

PBR, and equilibrium as a function of pressure at T = 400°C. Conversion in the CMR increases

linearly with pressure, exceeding both the PBR and equilibriumand the impact is enhanced at

higher pressure. This results from a combination of faster kinetics, less constrained

thermodynamics, and stronger permeation (Figure 6.1). Increasing from10 - 30 bar results in

nominally complete ammonia recovery, the permeate purity can be upgraded to over 30%, and

importantly the ammonia fraction in the retentate is negligible, enabling direct recycle without
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(a) (b)

(c) (d)

Figure 6.6 Permeate purity as a function of ammonia selectivity over nitrogen and hydrogen at
ammonia permeance levels of (a) 10, (b) 100, and (c) 1000 GPU with other conditions �xed at T
= 400°C, P = 10 bar, R = 3, and GHSV = 4000 h � 1. The purity exiting a PBR is 3.4% at these
conditions. (d) Permeate purity plotted vs. e�ective selectivi ty from these simulations (a-c).
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further puri�cation.

(a) (b)

(c)

Figure 6.7 Conversion (a), ammonia recovery (b), ammonia purity (c) inthe permeate and retentate
as a function of pressure at T = 400°C, R = 3, and GHSV = 4000 h � 1. The ammonia permeance,
A/H and A/N selectivity are �xed at 1000 GPU, 10, and 100, respectively. Thermo represents
equilibrium conversion.

Lastly, we consider the impact of temperature on a CMR with these membrane properties

operated at P = 30 bar as shown in Figure 6.8. For a conventional PBR 400°C is optimal, with

performance constrained by kinetics at lower temperature and equilibrium at higher temperature.

With e�cient ammonia removal, conversion increases monotonically with temperature since

equilibrium constraints are removed, as shown in Figure 6.8 (a). Notably, the conversion is 17.7%

at a temperature as low as 300°C, and is higher than 14.5% in a PBR at 400°C. As temperature is

further reduced to 250°C kinetics become limiting and the bene�ts of using a CMR are
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attenuated. Ammonia recovery (Figure 6.8 b) is a weak function of temperature and dictated by

pressure as discussed above. Figure 6.8 c plots the ammonia purity inboth the permeate and

retentate at various temperatures. The permeate purity increases with temperature, re
ecting the

higher levels of conversion. The ammonia purity in a CMR is at least 3X greater than what is

expected from a conventional PBR operated at these conditions. With a high permeance

membrane such as this the level of ammonia in the retentate stream is negligible, enabling direct

recycle of this stream to the reactor without the need for puri�cation or recompression.

(a) (b)

(c)

Figure 6.8 Conversion (a), ammonia recovery (b), ammonia purity (c) inthe permeate and retentate
as functions of temperature) at P = 30 bar, R = 3, and GHSV = 4000 h� 1. The ammonia
permeance, A/H and A/N selecitivity are �xed at 1000 GPU, 10, and 100, separately. Thermo
represents equilibrium conversion.
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Ammonia permeable membranes have been proposed as a separator before therefrigeration

unit.[152, 153] However, to the author's knowledge, this work is the �rst to explore the use of the

CMR for ammonia synthesis. The results obtained in this study suggest that CMR technology

could be an attractive technology for distributed ammonia production at low temperature and

modest pressure, provided that su�cient membrane technologies are available. While the

membrane requirements identi�ed in this work are challenging they are not beyond the realm of

possibility. Laciak et al.[29] have demonstrated excellent ammonia permeance up to 700 GPU and

A/N and A/H selectivity at least 1000 and 3000 using immobilized ZnCl2 molten salt membranes

at T = 350 °C. A drawback of this technology is that the ammonia permeance drops by upto 80%

after increasing the absolute ammonia feed partial pressure from 0.1 barto 1 bar. While this

presents a reactor engineering challenge, a CMR with high ammonia permeance can maintain the

low ammonia partial pressure allowing such a membrane to retain su�cient performance. A �nal

caveat is that the simulations discussed above assumed vacuum or an inert sweep gas on the

permeate side to simplify the calculations. This maximizes the potential driving force for

permeation and enables the possibility of complete ammonia recovery.In reality the permeate

would likely be collected at atmosphere or potentially elevated pressure to facilitate its

liquefaction. Thus the predictions for ammonia recovery are overlyoptimistic, but operation at 30

bar would be expected to provide a su�cient driving force to enable signi�cant if not complete

recovery. An optimal permeate pressure needs to be selected considering the membrane's

ammonia permeance and e�ective selectivity by integrating the CMR model with a more

complete process simulation.
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6.5 Summary and conclusions

A reactor model was developed for CMR production of ammonia that employed a validated

kinetic model based on current industrial catalysts and consideredthe impact of membrane

properties, pressure, and temperature. The model identi�ed minimum material requirements, and

the key conclusions for each parameter are summarized below:

ˆ Ammonia Permeance: Permeance is critical to both conversion and recovery. Membranes

must have a permeance> 100 GPU in order to realize signi�cant bene�ts, and these improvement

scales with permeance up to 1000 GPU. Above this value further gains saturate.

ˆ Selectivity: The bene�ts of permeance described above requireminimum values of

selectivity. Ideally, selectivity over both N 2 and H2 should be> 10, but the minimum

requirements were A/H > 4 and A/N > 10. Above the S = 10 threshold, the degree of conversion

and recovery is generally independent of selectivity. In contrast, permeate purity scales sharply

with the e�ective selectivity, where the lower of the two values is controlling.

ˆ Pressure has a dramatic positive impact as it drives permeation, kinetics, and

thermodynamics. Conversion scales linearly with pressure and operation at 30 bar is su�cient as

ammonia recovery approaches 100%, and the ammonia concentration in the retentate becomes

negligible, enabling direct recycling to the reactor without additional puri�cation or

recompression.

ˆ Temperature has a negligible impact on recovery or purity, which are dictated by pressure

and membrane properties, respectively. The main impact is conversion, and with the membrane

removing equilibrium constraints conversion increases monotonically with temperature.

Alternatively, a CMR could operate at 300°C with performance in excess of a conventional PBR

operated at 400°C.
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CHAPTER 7

GENERAL CONCLUSIONS AND RECOMMENDATIONS FOR FUTURE WORK

Catalytic membrane reactor (CMR) technology for a chemical processingrequires three

components including advanced catalysts and membranes, proper reactordesign and operation,

and proper integration into the overall process design. The associated experimental and numerical

analyses are often in vastly di�erent scales in terms of time and size.The completion of catalytic

reactions can happen at the nanoscale in microseconds, whereas transport such as di�usion

through catalyst beds at the cm length scale extends to seconds. A complete system with recycle

and puri�cation is on the length scale of meters and the time scale is on the order of minutes or

hours. As such a linear development that optimizes each step locally cannot bridge the gap to

reach an overall best result. From studies in this work, it is concluded that an agile and iterative

cycle of development that integrates the three components can facilitate the diagnosis of limiting

steps (descriptive) and the discovery of new design specs for materials, reactors, and processes

(predictive).

Figure 7.1 Example methods at various time/length scales in a CMR development process.

The use of the CMR technology was explored in this thesis for two chemical processes: (i)

ultra-high purity hydrogen delivery by decomposing ammonia on-site for end-users, and the

reverse process (ii) small-scale ammonia synthesis for distributed green hydrogen production from

renewables. For the ammonia decomposition process, we identi�ed a new con�guration of a CMR
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with the intimate proximity of catalysts and membranes. Compared to a conventional packed bed

membrane reactor, the improved con�guration eliminates two types of mass transfer limitations

including the internal mass transfer limitations within catalyst p ellets and radial transport

limitations for an e�cient dispersion. The CMR of the new design reali zed record conversion and

hydrogen productivity using reduced catalyst mass at reduced temperature. A numerical

simulation of the CMR captures the experimental results with high � delity and is used to assist

the further analysis and improvement of the system. Two CMR operating ranges were identi�ed

and categorized kinetically limited and permeation limited. To maximize conversion at elevated


owrates we need to enhance the catalytic activity. It was found that Ru/ � -alumina catalysts are

more active in decomposition activity than the Ru/YSZ catalysts. A combin ation of saturating

the YSZ support with Ru and loading the interior with Ru/ � -alumina signi�cantly lowered

characteristic time for reaction. With ammonia su�ciently decompose d performance is limited by

how e�ectively the hydrogen may be recovered. This is tackled byalloying Pd with Au to increase

the hydrogen permeance of the membrane. Improved performance including increased conversion

and doubled hydrogen productivity is realized especially when using short residence time.

Due to unavoidable defects in membranes and seals the hydrogen in thepermeate stream

contains ammonia levels on the order of 1000 ppm, which would be catastrophicfor a PEM fuel

cell. To meet the target of ammonia impurity for ultra-high purity hyd rogen delivery, a

puri�cation unit based on adsorption is added after the CMR. Clinoptilol ite is identi�ed as a

low-cost, commercially available adsorbent to scrub ammonia impurity below 0.1 ppm. The

capacity was found to be� 0.15 wt. % and it was shown that it could be fully regenerated and

reused by thermal annealing.

Catalyst development was a major focus for an e�ective synthesis of ammonia at mild

temperatures (300 - 450°C) and pressures (1 - 20 bar). Two new catalysts based on supported Ru

and Fe nanoparticles developed during this thesis. Ammonia catalyst performance relies heavily

on the interaction between metal sites, supports, and promoters. Yttria-stabilized zirconia (YSZ)

is identi�ed to be one of the most active transition metal oxide support for Ru catalysts. The

application of Cs is found to be not stable but the Ba promoter provides asigni�cant increase in

a steady activity by an order of magnitude. The system of Ba-Ru/YSZ catalysts is then

optimized as a function of operating conditions. The catalytic activity is sensitive to the H2/N 2
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ratio and remains active at low temperatures as T = 300°C. The experimental results are

described accurately by detailed microkinetic modeling to give insights into the rate-limiting step

at the conditions of interest. The rate sensitivity to the H 2/N 2 ratio results from competitive

adsorption between H2 and N2. The optimal H 2/N 2 ratio shifts with temperature due to di�erent

activation energies for the elementary steps of H2 and N2 adsorption. For a low and high H2/N 2

ratio, the catalytic surface is poisoned by adsorbed N and adsorbed H, respectively, whereas a

balanced adsorbed N and H can be achieved using an optimal H2/N 2 feed. In addition, Fe-based

catalysts were developed as a low-cost alternative to Ru-based catalysts. The interaction between

Cs promoter and 
 -alumina supports is identi�ed to be the most stable and active for supported

Fe catalysts.

All ammonia catalysts are strongly inhibited by the presence of ammonia. Assuch,

maintaining a low partial pressure of ammonia is key to a fast kinetic rate for practical usage. In

principle CMR technology could be a potentially transformative approach to ammonia synthesis.

To this end, a numerical simulation of the CMR is used to explore theperformance dependence

on the design parameters of ammonia permeable membranes and operating conditions. The

model employed a validated industrial iron catalysts combined withammonia permeable

membranes of variable properties. The permeance of an ammonia selective membrane

signi�cantly impacts the conversion and ammonia recovery. The purity of the permeate stream is

determined by an e�ective selectivity. The thresholds for ammonia permeance and selectivity are

100 GPU and 10, respectively. Temperature positively drives conversion without the

thermodynamics limitation at high temperatures. Pressure improves conversion and ammonia

recovery and 30 bar is found to be optimal.

Based on studies in this work, several directions can be considered for future work: continued

work to improve the e�ciency of studied chemical processes including (i) ammonia synthesis and

(ii) ammonia decomposition. (iii) advancing the development cycle ofCMR technology.

(i) ammonia synthesis. There are two areas of the prioritized focus including the integration of

CMR simulation with process simulations and the development of ammonia permeable

membranes.
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ˆ Chapter 3 discussed the development of a numerical simulation of a CMR for the ammonia

synthesis process. It evaluates CMR performance using conversion, ammonia recovery, and

ammonia purity assuming the permeate side at vacuum conditions, which is unrealistic and

should be improved. The e�ciency of the secondary ammonia separation is determined by

the pressure and composition of the permeate stream. The integration of the CMR model

with a process simulation and techno-economical (TEA) analysis is necessary to evaluate

the CMR performance using metrics such as the ammonia production cost. The more

explicit metrics can potentially reveal a more proper dependence ofdesign specs of ammonia

permeable membranes and operating conditions.

ˆ The numerical simulation of the CMR for ammonia synthesis lacks experimental validation.

This re
ects the absence of ammonia permeable membranes, though our colleagues are

making great progress in their development. From our modeling analysiswe have identi�ed

membrane technologies in the literature that could potentially meet the performance

threshholds. An encouraging candidate is the immobilized ZnCl2 molten salt membrane.

The porous YSZ supports can be used to load ZnCl2 through impregnation. The mechanical

stability of the loaded membrane needs inspection by creating a trans-membrane pressure

up to 30 bar in a temperature range of 250 - 400°C. The maximum pressure di�erential is

likely dependent on factors including the surface tension of moltenZnCl2/ZnCl 2�(NH3)x and

pore sizes of the support. In addition, the ammonia permeance inversely scales with the

thickness of the membrane. As such, various fabrication methods using supports with small

pore size can help achieve the desired ammonia permeance with enhanced mechanical

stability. The facilitated transport of ammonia across molten salt membranes is limited by

the di�usion of ammonia loaded mobile carriers. As such a screening of molten salts can be

performed potentially aiming for candidates with high ammonia coordination number and

high di�usivity at the conditions of operation.

(ii) ammonia decomposition. There are two areas that can be considered toadvance the use of

CMR for ammonia decomposition including scaling up the CMR process using both numerical

and fabrication strategies and validation of alternative process designs.
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ˆ Chapter 4 discussed the improvement of CMR performances by packing catalysts in the

interior of the reactor. The addition of catalysts changes the chemistryand transport

phenomenon in the lumen. Corresponding changes to the reactor model shall be made. A

validated model can then be used to identify the limiting steps ofthe reactor for further

improvements. In addition, the use of CMR for applications such as supplying hydrogen

fueling stations requires hydrogen productivity at an industrial scale. The scaling up of the

CMR can be approached in two ways including changing the reactor geometry such as the

use of a longer CMR tube and multi-tube modules. In both scenarios, challenging heat

integration can deviate the reactor operation from isothermal conditions due to the

endothermic nature of decomposition reactions. The integration of heat conservation

equations into the reactor simulation can help identify potential constraints on the variation

of reactor geometry.

The exploration of the CMR performance using simulations can potentially pose specs that

commercially available membrane supports cannot meet. In addition, Pd-based membranes

are well optimized such as plating techniques to deliver hydrogen ofhigh purity while

studies on membrane supports lag. Impurities in the permeate streamare likely caused by

defects of membrane supports. It is preferable to prototype membrane supports with a

better control of quality and customization of complex geometry. The advent of novel

manufacturing techniques such as additive manufacturing/3D printing has demonstrated its

capability of high resolution in an nm-� m scale and wide ranges of material choices such as

Al 2O3.[154] Studies on the membrane supports can focus on achieving a narrow pore size

distribution of the outer layer to avoid membrane defects caused bylarge pores. Predictions

from reactor modeling can potentially be used to inform the design of membrane supports

with a novel geometry.

ˆ Pd-based membranes are particularly suitable for ultra-high purity hydrogen delivery

resulting from the solution-di�usion mechanism uniquely selective to hydrogen over other

species. When the CMR performance is limited by the resistance in permeation, two

strategies can be considered including the increase of pressure driving force and the increase

of hydrogen permeance of the membrane. The hydrogen permeance of the Pd-based
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membrane can be increased by decreasing its thickness, but the compromise here is the

added risks in creating more defects and lowered hydrogen purity. In addition to a focus on

the development of membrane materials, an alternative process designcan be considered.

For example, compared to membranes used in this study, membranes with better

permeation and worse selectivity can be used. For example, microporousmembranes

typically have similar hydrogen permeation 
ux, lower selectivit y, and lower material costs

compared to Pd-based membranes. Dense metallic membranes can be used to obtain a

permeate stream of ultra-high purity with negligible ammonia and nitrogen impurities. The

design of dense metallic membranes can relax more cost-e�ective choices including metals

such as vanadium and geometry such as planar foils. As a start, the process simulation with

TEA analysis can be performed to compare the overall costs of two scenarios and o�er

design specs of the alternative membranes.

(iii) advancing the development cycle of CMR technology. An agile development process needs

a well-established framework for both numerical simulations and experimental setup. An

improved rate of iterations for process development can be facilitated by the fast collection of

data both experimentally and numerically. Possible improvementsto the methodology are

recommended as follows.

ˆ Chapter 2 discussed the experimental method used in this thesis. The control of pressure,


ow rate, analysis of the stream composition, and data recording are alreadyautomated

through a LabView program. Human input is still required in two cases. The �rst is

temperature control. The lab-scale experiments especially kinetics measurements require

operation at isothermal conditions. Two thermocouples are placed in boththe front and

end of the reactor. When changing the conditions of operation, it is necessary to adjust the

reactor position in a furnace for a desired uniform pro�le of temperatures. This can

potentially be solved by using multi heating elements with individual control. For example,

the use of an arti�cial neural network (ANN) with IR thermography is found to have better

control than conventional PID controllers in both response time and stability.[155] Secondly

when running experiments with a variety of parameters, the change ofconditions requires

judgment on whether the system is at a steady state, made by monitoringthe change of
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composition and 
ow rate of the outlet streams. Instead, the cumulative sum (CUSUM)

approach can be used for automated decisions. Complete lab automation can accelerate the

experimental data collection signi�cantly.

ˆ Chapter 5 discussed the development of the microkinetic mechanism of Ba-Ru/YSZ

catalysts. Chapter 3 described a simulation of CMR for ammonia decomposition. In both

cases, it is a lengthy process to adjust several �tting parameters to match the experimental

results. Both problems can be formulated as optimization problems and canbe solved with

accelerated speeds using computer-aid automation methods.

The use of arti�cial intelligence in chemical engineering has experienced a third phase with

a prominent success in the �eld of material science.[156] The "learned" algorithm such as

ANN is made possible by the availability of a large amount of data from simulations such as

density functional theories (DFT).[157] To assist the design of the reactor and development

of materials, the process simulation with TEA analysis can involve a large number of

combinations of parameters. Various analytics methods and machine learning algorithms

can potentially be used to assist the �nding of optimal parameter sets.

97



REFERENCES

[1] Rajendra K Pachauri, Myles R Allen, Vicente R Barros, John Broome, Wolfgang Cramer,
Renate Christ, John A Church, Leon Clarke, Qin Dahe, Purnamita Dasgupta, et al.
Climate change 2014: synthesis report. Contribution of Working Groups I, II and III to the
�fth assessment report of the Intergovernmental Panel on Climate Change. Ipcc, 2014.

[2] Trends in atmospheric carbon dioxide, Accessed: 11-5-2020. URL
https://www.esrl.noaa.gov/gmd/ccgg/trends/.

[3] International Energy Agency. Renewables Information. 2020. URL
https://webstore.iea.org/renewables-information-overview-2020-edition.

[4] Levelized cost of energy analysis version 14.0 (lcoe 14.0), Accessed: 11-5-2020. URL
https://www.lazard.com/media/451419/lazards-levelized-cost-of-energy-version-140.pdf.

[5] Suparna Ray. Planned u.s. electric generating capacity additions, Accessed: 11-5-2020.
URL https://www.eia.gov/todayinenergy/detail.php?id=42495.

[6] Benjamin Kroposki. Integrating high levels of variable renewable energy into electric power
systems. Journal of Modern Power Systems and Clean Energy, 5(6):831{837, 2017.

[7] Claus Krog Ekman and S�ren H�jgaard Jensen. Prospects for large scale electricity storage
in denmark. Energy Conversion and Management, 51(6):1140{1147, 2010.

[8] Oliver Schmidt, Sylvain Melchior, Adam Hawkes, and Iain Sta�ell. P rojecting the future
levelized cost of electricity storage technologies.Joule, 3(1):81{100, 2019.

[9] Peter P Edwards, Vladimir L Kuznetsov, William IF David, and Nigel P Brandon.
Hydrogen and fuel cells: towards a sustainable energy future.Energy policy, 36(12):
4356{4362, 2008.

[10] Ram Ramachandran and Raghu K Menon. An overview of industrial uses of hydrogen.
International journal of hydrogen energy, 23(7):593{598, 1998.

[11] Pavlos Nikolaidis and Andreas Poullikkas. A comparative overview of hydrogen production
processes.Renewable and sustainable energy reviews, 67:597{611, 2017.

[12] M. Appl. Ammonia: Principles and industrial practice . Vch Verlagsgesellschaft Mbh, 1999.
ISBN 3527295933. doi: 10.1002/9783527613885.

[13] Asbj�rn Klerke, Claus Hviid Christensen, Jens K N�rskov, and Tejs Vegge. Ammonia for
hydrogen storage: challenges and opportunities.Journal of Materials Chemistry, 18(20):
2304{2310, 2008.

98



[14] L.E. Apodaca. Nitrogen. Report, U.S. Department of the Interior, U.S. Geological Survey,
2017. URL https://prd-wret.s3-us-west-2.amazonaws.com/assets/palladium/production/
atoms/�les/myb1-2016-nitro.pdf.

[15] Julia Hansson, Selma Brynolf, Erik Fridell, and Mariliis Lehtveer. The potential role of
ammonia as marine fuel|based on energy systems modeling and multi-criteria decision
analysis. Sustainability, 12(8):3265, 2020.

[16] Ryo Michikawauchi, Yasushi Ito, Kazuki Iwatani, and Shiro Tanno. Ammonia burning
internal combustion engine, December 9 2014. US Patent 8,904,994.

[17] F Birol. The future of hydrogen, seizing today's opportunities, report prepared by the iea
for the g20, 82-83, japan. 2019.

[18] James M Ohi, Nicholas Vanderborgh, GV Consultants, S Ahmed, and R Kumar.Hydrogen
fuel quality speci�cations for polymer electrolyte fuel cells in road vehicles.O�ce of Energy
E�ciency and Renewable Energy: Washington, DC, USA, 2016.

[19] Krystina E Lamb, Michael D Dolan, and Danielle F Kennedy. Ammonia for hydrogen
storage; a review of catalytic ammonia decomposition and hydrogen separation and
puri�cation. International Journal of Hydrogen Energy, 44(7):3580{3593, 2019.

[20] Ammonia to green hydrogen project feasibility study. 2020. URL
https://assets.publishing.service.gov.uk/government/uploads/sy stem/uploads/
attachment data/�le/880826/HS420 - Ecuity - Ammonia to Green Hydrogen.pdf.

[21] Potashcorp 2016 annual report. 2016. URL
https://www.annualreports.com/HostedData/AnnualReports/PDF/NYSE POT 2016.pdf.

[22] Michael Reese, Cory Marquart, Mahdi Malmali, Kevin Wagner, Eric Buchanan, Alon
McCormick, and Edward L Cussler. Performance of a small-scale haber process.Industrial
& Engineering Chemistry Research, 55(13):3742{3750, 2016.

[23] Zhenyu Zhang, Simona Liguori, Thomas F Fuerst, J Douglas Way, and Colin A Wolden.
E�cient ammonia decomposition in a catalytic membrane reactor to enable hydrogen
storage and utilization. ACS Sustainable Chemistry & Engineering, 7(6):5975{5985, 2019.

[24] Hani W Abu El Hawa, Sean-Thomas B Lundin, Neil S Patki, and J Douglas Way. Steam
methane reforming in a pdau membrane reactor: Long-term assessment.international
journal of hydrogen energy, 41(24):10193{10201, 2016.

[25] Jens Kehlet N�rskov, Thomas Bligaard, Ashildur Logadottir, S Bahn, Lars Bru no Hansen,
Mikkel Bollinger, H Bengaard, Bj�rk Hammer, Z Sljivancanin, Manos Mavrik akis, et al.
Universality in heterogeneous catalysis.Journal of catalysis, 209(2):275{278, 2002.

[26] TV Choudhary, C Sivadinarayana, and DW Goodman. Catalytic ammonia decomposition:
Cox-free hydrogen production for fuel cell applications.Catalysis Letters, 72(3-4):197{201,
2001.

99



[27] Sean-Thomas B Lundin, Neil S Patki, Thomas F Fuerst, Sandrine Ricote,Colin A Wolden,
and J Douglas Way. Dense inorganic membranes for hydrogen separation, volume 1. World
Scienti�c Publishing: Hackensack, NJ, 2017.

[28] Masakoto Kanezashi, Akira Yamamoto, Tomohisa Yoshioka, and Toshinori Tsuru.
Characteristics of ammonia permeation through porous silica membranes.AIChE journal ,
56(5):1204{1212, 2010.

[29] Daniel V Laciak, Guido P Pez, and Peter M Burban. Molten salt facilitat ed transport
membranes. part 2. separation of ammonia from nitrogen and hydrogen at high
temperatures. Journal of membrane science, 65(1-2):31{38, 1992.

[30] James J Lingane. Standard potentials of half-reactions involving+ 1 and+ 3gold in chloride
medium: Equilibrium constant of the reaction aucl4-+ 2au+ 2cl-= 3aucl2-. Journal of
Electroanalytical Chemistry (1959), 4(6):332{342, 1962.

[31] Peter Atkins. Physical Chemistry Vol 1+ Vol 2+ Student Solutions Manual. WH Freeman,
2010.

[32] John P Collins and J Douglas Way. Preparation and characterization of a composite
palladium-ceramic membrane.Industrial & engineering chemistry research, 32(12):
3006{3013, 1993.

[33] Klaus S Lackner, Sarah Brennan, J•urg M Matter, A-H Alissa Park, Allen Wright, and Bob
Van Der Zwaan. The urgency of the development of co2 capture from ambient air.
Proceedings of the National Academy of Sciences, 109(33):13156{13162, 2012.

[34] H Bahar, Y Abdelilah, E Bianco, et al. Renewables 2017, 2017.

[35] Hartmut Michel. The nonsense of biofuels.Angewandte Chemie International Edition, 51
(11):2516{2518, 2012.

[36] Hyun Deog Yoo, Elena Markevich, Gregory Salitra, Daniel Sharon, and DoronAurbach. On
the challenge of developing advanced technologies for electrochemicalenergy storage and
conversion. Materials Today, 17(3):110{121, 2014.

[37] Manuel G•otz, Jonathan Lefebvre, Friedemann M•ors, Amy McDaniel Koch, Frank Graf,
Siegfried Bajohr, Rainer Reimert, and Thomas Kolb. Renewable power-to-gas: A
technological and economic review.Renewable energy, 85:1371{1390, 2016.

[38] Genevieve Saur and Chris Ainscough. Us geographic analysis of the cost of hydrogen from
electrolysis. Technical report, National Renewable Energy Lab.(NREL), Golden, CO
(United States), 2011.

100



[39] Joe Genovese, Knut Harg, Mark Paster, and John Turner. Current (2009) state of the art
hydrogen production cost estimate using water electrolysis.Independent Review published
for the US. Department of Energy Hydrogen Program, National Renewable Energy
Laboratory, NREL/BK-6A1-46676 , 2009.

[40] Michael Felderho�, Claudia Weidenthaler, Rittmar von Helmolt, and Ulrich Eberle.
Hydrogen storage: the remaining scienti�c and technological challenges.Physical Chemistry
Chemical Physics, 9(21):2643{2653, 2007.

[41] Jasem Alazemi and John Andrews. Automotive hydrogen fuelling stations:An international
review. Renewable and sustainable energy reviews, 48:483{499, 2015.

[42] Puru Jena. Materials for hydrogen storage: past, present, and future.The Journal of
Physical Chemistry Letters, 2(3):206{211, 2011.

[43] Ulrich Eberle, Michael Felderho�, and Ferdi Schueth. Chemicaland physical solutions for
hydrogen storage.Angewandte Chemie International Edition, 48(36):6608{6630, 2009.

[44] John P Collins and J Douglas Way. Catalytic decomposition of ammonia in a membrane
reactor. Journal of membrane science, 96(3):259{274, 1994.

[45] Morten B Ley, Lars H Jepsen, Young-Su Lee, Young Whan Cho, Jose Bellosta Von Colbe,
Martin Dornheim, Masoud Rokni, Jens Oluf Jensen, Mikael Sloth, Yaroslav Filinchuk, et al.
Complex hydrides for hydrogen storage{new perspectives.Materials Today, 17(3):122{128,
2014.

[46] Qi-Long Zhu and Qiang Xu. Metal{organic framework composites.Chemical Society
Reviews, 43(16):5468{5512, 2014.

[47] DP Broom and M Hirscher. Irreproducibility in hydrogen storage material research. Energy
& Environmental Science, 9(11):3368{3380, 2016.

[48] Katerina Sordakis, Conghui Tang, Lydia K Vogt, Henrik Junge, Paul J Dyson, Matthias
Beller, and Gabor Laurenczy. Homogeneous catalysis for sustainable hydrogen storage in
formic acid and alcohols.Chemical reviews, 118(2):372{433, 2018.

[49] Jorg Eppinger and Kuo-Wei Huang. Formic acid as a hydrogen energy carrier.ACS Energy
Letters, 2(1):188{195, 2017.

[50] L.E. Apodaca. Nitrogen 2014 minerals yearbook. Report, U.S. Department of the Interior,
U.S. Geological Survey, 2016. URL https://prd-wret.s3-us-west-2.amazonaws.com/assets/
palladium/production/atoms/�les/myb1-2016-nitro.pdf.

[51] George Thomas. Potential roles of ammonia in a hydrogen economy.http://www. hydrogen.
energy. gov/pdfs/nh3 paper. pdf, 2006.

101



[52] Ferdi Sch•uth, Regina Palkovits, Robert Schl•ogl, and Dang ShengSu. Ammonia as a
possible element in an energy infrastructure: catalysts for ammonia decomposition. Energy
& Environmental Science, 5(4):6278{6289, 2012.

[53] Sunita Satyapal, John Petrovic, Carole Read, George Thomas, and Grace Ordaz. The us
department of energy's national hydrogen storage project: Progress towards meeting
hydrogen-powered vehicle requirements.Catalysis today, 120(3-4):246{256, 2007.

[54] Yusuf Bicer and Ibrahim Dincer. Life cycle environmental impact assessments and
comparisons of alternative fuels for clean vehicles.Resources, Conservation and Recycling,
132:141{157, 2018.

[55] S Giddey, SPS Badwal, C Munnings, and M Dolan. Ammonia as a renewable energy
transportation media. ACS Sustainable Chemistry & Engineering, 5(11):10231{10239, 2017.

[56] Alfred K Hill and Laura Torrente-Murciano. Low temperature h2 produc tion from ammonia
using ruthenium-based catalysts: Synergetic e�ect of promoter and support. Applied
Catalysis B: Environmental, 172:129{135, 2015.

[57] Shreya Mukherjee, Surya V Devaguptapu, Anna Sviripa, Carl RF Lund, and Gang Wu.
Low-temperature ammonia decomposition catalysts for hydrogen generation.Applied
Catalysis B: Environmental, 226:162{181, 2018.

[58] V. Temkin, M.; Pyzhev. Kinetics of ammonia synthesis on promoted iron catalysts. Acta.
Physicochim. URSS, 12:217{222, 1940.

[59] Steven Chiuta, Raymond C Everson, Hein WJP Neomagus, Percy Van der Gryp, and
Dmitri G Bessarabov. Reactor technology options for distributed hydrogen generation via
ammonia decomposition: a review.International journal of hydrogen energy, 38(35):
14968{14991, 2013.

[60] Jason C Ganley, Edmund G Seebauer, and Richard I Masel. Porous anodic alumina
microreactors for production of hydrogen from ammonia.AIChE Journal , 50(4):829{834,
2004.

[61] Jason C Ganley, Edmund G Seebauer, and Richard I Masel. Developmentof a microreactor
for the production of hydrogen from ammonia. Journal of Power Sources, 137(1):53{61,
2004.

[62] Ye Liu, Hong Wang, Jianfeng Li, Yong Lu, Qingsong Xue, and Jinchun Chen. Micro�brous
entrapped ni/al2o3 using ss-316 �bers for h2 production from nh3.AIChE journal , 53(7):
1845{1849, 2007.

[63] Steven Chiuta and Dmitri G Bessarabov. Design and operation of an ammonia-fueled
microchannel reactor for autothermal hydrogen production. Catalysis Today, 310:187{194,
2018.

102



[64] Kenzi Tamaru. A" new" general mechanism of ammonia synthesis and decomposition on
transition metals. Accounts of Chemical Research, 21(2):88{94, 1988.

[65] DG L•o�er and LD Schmidt. Kinetics of nh3 decomposition on polycrystal line pt. Journal
of Catalysis, 41(3):440{454, 1976.

[66] FR Garc��a-Garc��a, Yi Hua Ma, I Rodriguez-Ramos, and A Guerrero-Ruiz. High purity
hydrogen production by low temperature catalytic ammonia decomposition in a
multifunctional membrane reactor. Catalysis Communications, 9(3):482{486, 2008.

[67] Gang Li, Masakoto Kanezashi, and Toshinori Tsuru. Highly enhanced ammonia
decomposition in a bimodal catalytic membrane reactor for cox-free hydrogen production.
Catalysis Communications, 15(1):60{63, 2011.

[68] Naotsugu Itoh, Atsushi Oshima, Eita Suga, and Takafumi Sato. Kinetic enhancement of
ammonia decomposition as a chemical hydrogen carrier in palladium membrane reactor.
Catalysis Today, 236:70{76, 2014.

[69] Sameer H Israni, Balamurali Krishna R Nair, and Michael P Harold. Hydrogen generation
and puri�cation in a composite pd hollow �ber membrane reactor: Experiments and
modeling. Catalysis Today, 139(4):299{311, 2009.

[70] Sean-Thomas B Lundin, John O Law, Neil S Patki, Colin A Wolden, and J DouglasWay.
Glass frit sealing method for macroscopic defects in pd-based composite membranes with
application in catalytic membrane reactors. Separation and Puri�cation Technology, 172:
68{75, 2017.

[71] Sameer H Israni and Michael P Harold. Methanol steam reforming in single-�ber packed
bed pd{ag membrane reactor: experiments and modeling.Journal of Membrane Science,
369(1-2):375{387, 2011.

[72] Roland Dittmeyer, Volker H•ollein, and Kristian Daub. Membrane reactors for
hydrogenation and dehydrogenation processes based on supported palladium. Journal of
Molecular Catalysis A: Chemical, 173(1-2):135{184, 2001.

[73] Hai Sheng Zeng, Koji Inazu, and Ken-ichi Aika. Dechlorination process of active
carbon-supported, barium nitrate-promoted ruthenium trichloride catalyst for ammonia
synthesis. Applied Catalysis A: General, 219(1-2):235{247, 2001.

[74] Xiongfei Shen, Luis-Javier Garces, Yunshuang Ding, Kate Laubernds,Richard P Zerger,
Mark Aindow, Edward J Neth, and Steven L Suib. Behavior of h2 chemisorption on ru/tio2
surface and its application in evaluation of ru particle sizes compared with tem and xrd
analyses.Applied Catalysis A: General, 335(2):187{195, 2008.

[75] Chong Huang, Michael F Becker, John W Keto, and Desiderio Kovar. Annealing of
nanostructured silver �lms produced by supersonic deposition of nanoparticles. Journal of
Applied Physics, 102(5):054308, 2007.

103



[76] SF Yin, BQ Xu, XP Zhou, and CT Au. A mini-review on ammonia decomposition catalysts
for on-site generation of hydrogen for fuel cell applications.Applied Catalysis A: General,
277(1-2):1{9, 2004.

[77] Xiu-Kai Li, Wei-Jie Ji, Jing Zhao, Shui-Ju Wang, and Chak-Tong Au. Ammoni a
decomposition over ru and ni catalysts supported on fumed sio2, mcm-41, andsba-15.
Journal of Catalysis, 236(2):181{189, 2005.

[78] Neil S Patki, Sean-Thomas Lundin, and J Douglas Way. Rapid annealing of sequentially
plated pd-au composite membranes using high pressure hydrogen.Journal of Membrane
Science, 513:197{205, 2016.

[79] Alfred K Hill and Laura Torrente-Murciano. In-situ h2 production vi a low temperature
decomposition of ammonia: Insights into the role of cesium as a promoter.international
journal of hydrogen energy, 39(15):7646{7654, 2014.

[80] Huayang Zhu, Robert J Kee, Vinod M Janardhanan, Olaf Deutschmann, and David G
Goodwin. Modeling elementary heterogeneous chemistry and electrochemistry in solid-oxide
fuel cells. Journal of the electrochemical society, 152(12):A2427, 2005.

[81] Laxminarayan L Raja, Robert J Kee, Olaf Deutschmann, Juergen Warnatz,and Lanny D
Schmidt. A critical evaluation of navier{stokes, boundary-layer, and plug-
ow models of the

ow and chemistry in a catalytic-combustion monolith. Catalysis Today, 59(1-2):47{60,
2000.

[82] N Mladenov, J Koop, S Tischer, and O Deutschmann. Modeling of transport and chemistry
in channel 
ows of automotive catalytic converters. Chemical Engineering Science, 65(2):
812{826, 2010.

[83] JW Veldsink, Rudolf MJ Van Damme, GF Versteeg, Willibrordus Petrus Maria Van Swaaij,
et al. The use of the dusty-gas model for the description of mass transport with chemical
reaction in porous media. Chemical Engineering Journal-Including Biochemical Engineering
Journal, 57(2):115{126, 1995.

[84] R Byron Bird. Transport phenomena. Appl. Mech. Rev., 55(1):R1{R4, 2002.

[85] CR Wilke. A viscosity equation for gas mixtures. The journal of chemical physics, 18(4):
517{519, 1950.

[86] Michael CJ Bradford, Paul E Fanning, and M Albert Vannice. Kinetics of
nh3decomposition over well dispersed ru.Journal of Catalysis, 172(2):479{484, 1997.

[87] AS Chellappa, CM Fischer, and WJ Thomson. Ammonia decomposition kinetics over
ni-pt/al f sub 2g o f sub 3g for pem fuel cell applications. Applied Catalysis. A, General,
2002.

104



[88] Colin H Smith, Daniel I Pineda, Casey D Zak, and Janet L Ellzey. Conversion of jet fuel
and butanol to syngas by �ltration combustion. International journal of hydrogen energy,
38(2):879{889, 2013.

[89] Dariusz Szmigiel, Wioletta Rar�og-Pilecka, El_zbieta Mi�skiewicz, Zbigniew Kaszkur, and
Zbigniew Kowalczyk. Ammonia decomposition over the ruthenium catalysts deposited on
magnesium{aluminum spinel. Applied Catalysis A: General, 264(1):59{63, 2004.

[90] Vyjayanthi Alagharu, Srinivas Palanki, and Kevin N West. Analysis of ammonia
decomposition reactor to generate hydrogen for fuel cell applications.Journal of Power
Sources, 195(3):829{833, 2010.

[91] Gang Li, Masakoto Kanezashi, Hye Ryeon Lee, Makoto Maeda, Tomohisa Yoshioka, and
Toshinori Tsuru. Preparation of a novel bimodal catalytic membrane reactor and its
application to ammonia decomposition for cox-free hydrogen production.International
journal of hydrogen energy, 37(17):12105{12113, 2012.

[92] Jian Zhang, Hengyong Xu, and Wenzhao Li. High-purity cox-free h2 generation from nh3
via the ultra permeable and highly selective pd membranes.Journal of membrane science,
277(1-2):85{93, 2006.

[93] Young Suk Jo, Junyoung Cha, Chan Hyun Lee, Hyangsoo Jeong, Chang Won Yoon,
Suk Woo Nam, and Jonghee Han. A viable membrane reactor option for sustainable
hydrogen production from ammonia. Journal of Power Sources, 400:518{526, 2018.

[94] Liang-Chih Ma, Bernardo Castro-Dominguez, Nikolaos K Kazantzis, and Yi Hua Ma.A
cost assessment study for a large-scale water gas shift catalytic membrane reactor module in
the presence of uncertainty.Separation and Puri�cation Technology, 166:205{212, 2016.

[95] Jens R Rostrup-Nielsen, Jens Sehested, and Jens K N�rskov. Hydrogen and synthesis gas
by steam-and c02 reforming.Adv. Catal., 2002.

[96] E.R. Morgan. Techno-economic feasibility study of ammonia plants powered byo�shore
wind. Thesis, University of Massachusetts Amherst, 2013.

[97] Mahdi Malmali, Yongming Wei, Alon McCormick, and Edward L Cussler. Ammonia
synthesis at reduced pressure via reactive separation.Industrial & Engineering Chemistry
Research, 55(33):8922{8932, 2016.

[98] C.J. Jacobsen, S. Dahl, P.L. Hansen, E. T•ornqvist, L. Jensen, H. Tops�e, D.V. Prip, P.B.
M�enshaug, and I. Chorkendor�. Structure sensitivity of supported r uthenium catalysts for
ammonia synthesis.J. Mol. Catal. A-Chem., 163(1-2):19{26, 2000. ISSN 1381-1169. doi:
10.1016/S1381-1169(00)00396-4.

105



[99] K. Aika, T. Takano, and S. Murata. Preparation and characterization of chlorine-free
ruthenium catalysts and the promoter e�ect in ammonia synthesis: 3. A
magnesia-supported ruthenium catalyst. J. Catal., 136(1):126{140, 1992. ISSN 0021-9517.
doi: 10.1016/0021-9517(92)90112-U.

[100] C.J. Pan, M.C. Tsai, W.N. Su, J. Rick, N.G. Akalework, A.K. Agegnehu, S.Y. Chengand,
and B.J. Hwang. Tuning/exploiting strong metal-support interaction (SM SI) in
heterogeneous catalysis.J. Taiwan Inst. Chem. E. , 74:154{186, 2017. ISSN 1876-1070. doi:
10.1016/j.jtice.2017.02.012.

[101] S.J. Tauster. Strong metal-support interactions.Accounts Chem. Res., 20(11):389{394,
1987. ISSN 0001-4842. doi: 10.1021/ar00143a001.

[102] Z. Wang, B. Liu, and J. Lin. Highly e�ective perovskite-type BaZrO 3 supported ru catalyst
for ammonia synthesis.Appl. Catal. A-Gen., 458:130{136, 2013. ISSN 0926-860X. doi:
10.1016/j.apcata.2013.03.037.

[103] Z.Q. Wang, Y.C. Ma, and J.Z. Lin. Ruthenium catalyst supported on high-surface-area
basic ZrO2 for ammonia synthesis.J. Mol. Catal. A-Chem., 378(Supplement C):307{313,
2013. ISSN 1381-1169. doi: 10.1016/j.molcata.2013.07.003. URL
http://www.sciencedirect.com/science/article/pii/S138111691300263X.

[104] N. Shimoda, Y. Kimura, Y. Kobayashi, J. Kubota, and S. Satokawa. Ammonia synthesis
over yttrium-doped barium zirconate and cerate-based perovskite-type oxide supported
ruthenium catalysts. Int. J. Hydrogen Energ., 42(50):29745{29755, 2017. ISSN 0360-3199.
doi: 10.1016/j.ijhydene.2017.10.108. URL
http://www.sciencedirect.com/science/article/pii/S0360319917341484.

[105] K. Sato, K. Imamura, Y. Kawano, S. Miyahara, T. Yamamoto, S. Matsumura, and
K. Nagaoka. A low-crystalline ruthenium nano-layer supported on praseodymium oxide as
an active catalyst for ammonia synthesis.Chem. Sci., 8(1):674{679, 2017. ISSN 2041-6520.
doi: 10.1039/C6SC02382G. URL http://dx.doi.org/10.1039/C6SC02382G.

[106] Y. Ogura, K. Tsujimaru, K. Sato, S. Miyahara, T. Toriyama, T. Yamamoto, S. Mats umura,
and K. Nagaoka. Ru/La0:5Pr0:5O1:75 catalyst for low-temperature ammonia synthesis.ACS
Sustainable Chem. Eng., 6(12):17258{17266, 2018. ISSN 2168-0485. doi:
10.1021/acssuschemeng.8b04683.

[107] T. Ogawa, Y. Kobayashi, H. Mizoguchi, M. Kitano, H. Abe, T. Tada, Y. Toda, Y. Niwa,
and H. Hosono. High electron density on Ru in intermetallic YRu2: The application to
catalyst for ammonia synthesis. J. Phys. Chem. C, 122(19):10468{10475, 2018. ISSN
1932-7447. doi: 10.1021/acs.jpcc.8b02128. URL https://doi.org/10.1021/acs.jpcc.8b02128.

[108] C.A. Schneider, W.S. Rasband, and K.W. Eliceiri. NIH Image to ImageJ: 25 years of image
analysis. Nat. Methods, 9(7):671{675, 2012. ISSN 1548-7105. doi: 10.1038/nmeth.2089.

106



[109] F.R. Garc��a-Garc��a, A. Guerrero-Ruiz, and I. Rodr��guez-Ramos. Role of B5-type sites in Ru
catalysts used for the NH3 decomposition reaction. Top. Catal., 52:758{764, 2009. doi:
10.1007/s11244-009-9203-7.

[110] O. Hinrichsen, F. Rosowski, A. Hornung, M. Muhler, and G. Ertl. The kinetics of ammonia
synthesis over Ru-based catalysts 1. The dissociative chemisorption and associative
desorption of N2. J. Catal., 165:33{44, 1997. doi: 10.1006/jcat.1997.1447.

[111] Y. Li, C. Pan, W. Han, H. Chai, and H. Liu. An e�cient route for the preparation of
activated carbon supported ruthenium catalysts with high performancefor ammonia
synthesis. Catal. today, 174(1):97{105, 2011. ISSN 0920-5861. doi:
10.1016/j.cattod.2011.01.053.

[112] O. Hinrichsen, F. Rosowski, M. Muhler, and G. Ertl. The microkinetics of ammonia
synthesis catalyzed by cesium-promoted supported ruthenium.Chem. Eng. Sci., 51:
1683{1690, 1996. doi: 10.1016/0009-2509(96)00027-9.

[113] H. Zhu, R.J. Kee, J.R. Engel, and D.T. Wickham. Catalytic partial ox idation of methane
using RhSr and Ni-substituted hexaaluminates.Proc. Combust. Inst., 31:1965{1972, 2007.
doi: 10.1016/j.proci.2006.07.028.

[114] R.J. Kee, M.E. Coltrin, P. Glarborg, and H. Zhu. Chemically Reacting Flow: Theory and
Practice. Wiley, Hoboken, NJ, second edition, 2018. doi: 10.1002/9781119186304.

[115] K.E. Brenan, S.L. Campbell, and L.R. Petzold. Numerical Solution of Initial-Value
Problems in Di�erential Algebraic Equations . SIAM, Philadelphia, 2nd ed edition, 1996.
doi: 10.1137/1.9781611971224.

[116] P. Deu
hard, E. Hairer, and J. Zugck. One-step and extrapolation methods for
di�erential-algebraic systems. Num. Math., 51:501{516, 1987. doi: 10.1007/bf01400352.

[117] C. Karakaya, S. Hern�andez Morejudo, H. Zhu, and R.J. Kee. Catalytic chemistry for
methane dehydroaromatization (MDA) on a bifunctional Mo/HZSM5 catalyst in a p acked
bed. Ind. Eng. Chem. Res., 55:9895{9906, 2016. doi: 10.1021/acs.iecr.6b02701.

[118] O. Deutschmann.Modeling and Simulation of Heterogeneous Catalytic Reactions: From the
Molecular Process to the Technical System. Wiley-VCH, Weinheim, Germany, 2012. doi:
10.1002/9783527639878.

[119] L. Maier, N. Schaedel, K.H. Delgado, S. Tisher, and O. Deutschmann. Steam reforming of
methane over nickel: Development of a multi-step surface reactionmechanism. Top. Catal.,
54:845{858, 2011. doi: 10.1007/s11244-011-9702-1.

[120] M.E. Coltrin, R.J. Kee, and F.M. Rupley. Surface Chemkin: A generalized formalism and
interface for analyzing heterogeneous chemical kinetics at a gas-surface interface. Int. J.
Chem. Kinet., 23:1111{1128, 1991. doi: 10.1002/kin.550231205.

107



[121] W. Tsai and W.H. Weinberg. Steady-state decomposition of ammonia on the Ru(001)
surface. J. Phys. Chem, 91:5302{5307, 1987. doi: 10.1021/j100304a034.

[122] H. Gossler, L. Maier, S. Angeli, S. Tischer, and O. Deutschmann. CaRMeN: An improved
computer-aided method for developing catalytic reaction mechanisms. Catalysts, 9:227{237,
2019. doi: 10.3390/catal9030227.

[123] K. Jacobi, H. Dietrich, and G. Ertl. Nitrogen chemistry on rutheniu m single-crystal
surfaces.Appl. Surf. Sci., 121/122:558{561, 1997. doi: 10.1016/s0169-4332(97)00366-8.

[124] F. Rosowski, A. Hornung, O. Hinrichsen, D. Herein, M. Muhler, and G.Ertl. Ruthenium
catalysts for ammonia synthesis at high pressures: Preparation, characterization, and
power-law kinetics. Appl. Catal. A , 151:443{460, 1997. doi:
10.1016/S0926-860X(96)00304-3.

[125] S. Dahl, J. Sehested, C.J.H. Jacobsen, E. T•ornqvist, and I. Chorkendor�. Surface science
based microkinetic analysis of ammonia synthesis over ruthenium catalysts. J. Catal., 192:
391{399, 2000. doi: 10.1006/jcat.2000.2857.

[126] K. Aika. Role of alkali promoter in ammonia synthesis over ruthenium catalysts: E�ect on
reaction mechanism.Catal. Today, 286:14{20, 2017. ISSN 0920-5861. doi:
10.1016/j.cattod.2016.08.012.

[127] S.E. Siporin and R.J. Davis. Isotopic transient analysis of ammonia synthesis over Ru/MgO
catalysts promoted by cesium, barium, or lanthanum. J. Catal., 222(2):315{322, 2004. ISSN
0021-9517. doi: 10.1016/j.jcat.2003.10.018.

[128] Y.V. Larichev, B.L. Moroz, E.M. Moroz, V.I. Zaikovskii, S.M. Yunusov, E.S. Kalyuzhnaya,
V.B. Shur, and V.I. Bukhtiyarov. E�ect of the support on the nature of me tal-promoter
interactions in Ru-Cs+ /MgO and Ru-Cs+ -Al 2O3 catalysts for ammonia synthesis.Kinet.
Catal., 46(6):891{899, 2005. ISSN 0023-1584. doi: 10.1007/s10975-005-0153-1.

[129] S.E. Siporin and R.J. Davis. Use of kinetic models to explore therole of base promoters on
Ru/MgO ammonia synthesis catalysts. J. Catal., 225(2):359{368, 2004. ISSN 0021-9517.
doi: 10.1016/j.jcat.2004.03.046.

[130] S. Deshmukh, A. Mhadeshwar, and D.G. Vlachos. Microkinetic modeling of ammonia
synthesis and decomposition on ruthenium and microreactor design for hydrogen
production. Am. Chem. Soc. Div. Fuel. Chem., 48:937{939, 2003.

[131] T. Becue, R.J. Davis, and J.M. Garces. E�ect of cationic promoterson the kinetics of
ammonia synthesis catalyzed by Ruthenium supported on Zeolite X.J. Catal., 179:129{137,
1998. doi: 10.1006/jcat.1998.2212.

108



[132] M. Kitano, Y. Inoue, Y. Yamazaki, F. Hayashi, S. Kanbara, S. Matsuishi, T. Yokoyama,
S.W. Kim, M. Hara, and H. Hosono. Ammonia synthesis using a stable electride as an
electron donor and reversible hydrogen store.Nat. chem., 4(11):934{940, 2012. ISSN
1755-4349. doi: 10.1038/nchem.1476.

[133] M van der Hoeven, Y Kobayashi, and R Diercks. Technology roadmap: Energyand ghg
reductions in the chemical industry via catalytic processes.International Energy Agency:
Paris, 56, 2013.

[134] Zhenyu Zhang, Canan Karakaya, Robert J Kee, J Douglas Way, and Colin A Wolden.
Barium-promoted ruthenium catalysts on yittria-stabilized zirconi a supports for ammonia
synthesis. ACS Sustainable Chemistry & Engineering, 7(21):18038{18047, 2019.

[135] F Rosowski, A Hornung, O Hinrichsen, D Herein, M Muhler, and G Ertl. Ruthenium
catalysts for ammonia synthesis at high pressures: Preparation, characterization, and
power-law kinetics. Applied Catalysis A: General, 151(2):443{460, 1997.

[136] Collin Smith, Alon V McCormick, and EL Cussler. Optimizing the conditions for ammonia
production using absorption. ACS Sustainable Chemistry & Engineering, 7(4):4019{4029,
2019.

[137] Matthew J Palys, Alon McCormick, EL Cussler, and Prodromos Daoutidis. Modeling and
optimal design of absorbent enhanced ammonia synthesis.Processes, 6(7):91, 2018.

[138] Mahdi Malmali, Giang Le, Jennifer Hendrickson, Joshua Prince, Alon VMcCormick, and
EL Cussler. Better absorbents for ammonia separation.ACS Sustainable Chemistry &
Engineering, 6(5):6536{6546, 2018.

[139] Deepak K. Ojha, Matthew J. Kale, Alon V. McCormick, Michael Reese, Mahdi Malmali,
Paul Dauenhauer, and E. L. Cussler. Integrated ammonia synthesis and separation. ACS
Sustainable Chemistry & Engineering, 7(23):18785{18792, 2019. doi:
10.1021/acssuschemeng.9b03050. URL https://doi.org/10.1021/acssuschemeng.9b03050.

[140] Gang Li, Masakoto Kanezashi, Tomohisa Yoshioka, and Toshinori Tsuru. Ammonia
decomposition in catalytic membrane reactors: simulation and experimental studies. AIChE
Journal, 59(1):168{179, 2013.

[141] SN Paglieri and JD Way. Innovations in palladium membrane research.Separation and
Puri�cation Methods , 31(1):1{169, 2002.

[142] Abhoyjit Bhown and EL Cussler. Mechanism for selective ammonia transport through poly
(vinylammonium thiocyanate) membranes. Journal of the American Chemical Society, 113
(3):742{749, 1991.

[143] Daniel V Laciak and Guido P Pez. Ammonia separation using ion exchange polymeric
membranes and sorbents, July 19 1988. US Patent 4,758,250.

109



[144] Guido P Pez and Daniel V Laciak. Ammonia separation using semipermeable membranes,
August 9 1988. US Patent 4,762,535.

[145] Vincenzo Tricoli and EL Cussler. Ammonia selective hollow �bers. Journal of membrane
science, 104(1-2):19{26, 1995.

[146] Olivier Camus, Semali Perera, Barry Crittenden, Yvonne C van Delft, Dick F Meyer, Paul
PAC Pex, Izumi Kumakiri, Sylvain Miachon, Jean-Alain Dalmon, Steve Tennison, et al.
Ceramic membranes for ammonia recovery.AIChE journal , 52(6):2055{2065, 2006.

[147] Donald W Breck. Zeolite molecular sieves: structure, chemistry and use. Krieger, 1984.

[148] Stefan Hagen, Rasmus Barfod, Rasmus Fehrmann, Claus JH Jacobsen, HermanT
Teunissen, and Ib Chorkendor�. Ammonia synthesis with barium-promoted iron{cobalt
alloys supported on carbon.Journal of Catalysis, 214(2):327{335, 2003.

[149] Zbigniew Kowalczyk. E�ect of potassium on the high pressure kinetics of ammonia
synthesis over fused iron catalyst.Catalysis letters, 37(3-4):173{179, 1996.

[150] Jens Sehested, Claus JH Jacobsen, Eric T•ornqvist, Said Rokni, and Per Stoltze. Ammonia
synthesis over a multipromoted iron catalyst: extended set of activity measurements,
microkinetic model, and hydrogen inhibition. Journal of Catalysis, 188(1):83{89, 1999.

[151] JJF Scholten. An investigation on promoted iron catalysts for the synthesis of ammonia:
By anders nielsen. jul. gjellerups forlag, copenhagen, 1968. 263 pp. price: Da. cr. 28,
paperbound; da. cr. 36, clothbound (excl. danish sales tax), 1968.

[152] Benjamin Bikson, Joyce K Nelson, and Jerry E Perrin. Process for recovery of ammonia
from an ammonia-containing gas mixture, April 23 1991. US Patent 5,009,678.

[153] Jun S Choe and Lyndon J Kellogg Jr. Membrane-assisted process to produce ammonia,
October 3 1995. US Patent 5,455,016.

[154] Zhangwei Chen, Ziyong Li, Junjie Li, Chengbo Liu, Changshi Lao, Yuelong Fu, Changyong
Liu, Yang Li, Pei Wang, and Yi He. 3d printing of ceramics: A review. Journal of the
European Ceramic Society, 39(4):661{687, 2019.

[155] Benjamin A Rizkin, Karina Popovich, and Ryan L Hartman. Arti�cial neu ral network
control of thermoelectrically-cooled micro
uidics using computer vision based on ir
thermography. Computers & Chemical Engineering, 121:584{593, 2019.

[156] Venkat Venkatasubramanian. The promise of arti�cial intelligence in chemical engineering:
Is it here, �nally? AIChE Journal , 65(2):466{478, 2019.

[157] Klavs F Jensen, Connor W Coley, and Natalie S Eyke. Autonomous discovery in the
chemical sciences part i: Progress.Angewandte Chemie International Edition, 2019.

110



[158] Aspen Plus User Models. Aspen Technology, Inc., 10 edition, 2020.

[159] Javier Fontalvo. Using user models in matlab® within the aspen plus® interface with an
excel® link. Ingenier��a e Investigaci�on , 34(2):39{43, 2014.

111



APPENDIX A

DOCUMENTATION OF NUMERICAL SIMULATION FOR CMR

A.1 Governing equation derivation

In this section, the derivation of governing equations for the CMR model will be discussed.

The discussion will be in the context of ammonia decomposition. The reactor operates in an

isothermal condition and no energy balance needs to be solved. In addition, momentum is

embedded in the 1D plug 
ow equation and not solved separately. And only continuity equations

are solved explicitly.

The reactor model is axisymmetric consisting of two components. First, in the lumen region, a

1D plug 
ow model is used in the axial/z direction. The underlying assumption includes no back

di�usion in the axial direction and perfect mixing in the radial/r dir ection. Second, in the porous

region, 2D reaction-di�usion equations in both z and r directions are solved. Detailed

assumptions and boundary conditions will be discussed in detail in later sections.

A.1.1 Overall mass continuity equation

The system is de�ned as a collection of mass, whereas control volume is a�xed volume in

space. Reynolds Transport Theorem (RTT) is applied to build the relation between system and

control volume.
�

dN
dt

�

System
=

Z

CV

@(�� )
@t

dV +
Z

CS
�� ~V � ~ndA (A.1)

Where N is an extensive variable, and� is the according intensive variable. Using the Divergence

theorem, the (A.1) can be further expressed in a more compact form as:
�

dN
dt

�

System
=

Z

CV

�
@(�� )

@t
+ r � �� ~V

�
dV (A.2)

In the case of mass conservation, the extensive variableN is massm, and the corresponding

intensive variable is 1. By de�nition, the mass is a �xed collection and it doesn't change with

time. As a result, the left-hand side of (A.2) is zero. And the overall mass continuity equation is
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derived as follows.

@�
@t

+ r � � ~V = 0 (A.3)

Now expand the right-hand side of (A.2) using chain rule:
�

dN
dt

�

System
=

Z

CV

�
�

@�
@t

+ �
@�
@t

+ � ~V � r � + � � r � ~V
�

dV (A.4)

Using the mass continuity equation (A.3), two terms can be eliminated exactly. This gives:
�

dN
dt

�

System
=

Z

CV

�
�

@�
@t

+ � ~V � r �
�

dV (A.5)

Equation (A.5) is the most commonly used form.

Getting back to equation (A.3), it is obvious that the transient term is zero when the reactor

is at steady state. We also note that the individual species continuity equation should sum to the

overall mass continuity equation.

The validity of this assumption is examined using the criteria modi�ed from Raja et al. [81] as

follows.

d
L

� RedSc �
L
d

(A.6)

Where r and L are the diameter and the length of the CMR, separately.Red is the Reynolds

number based on the channel diameter.Sc is the Schmidt number. (A.3) will be reduced to the

form as follows.

@(�u )
@z

= 0 (A.7)

A.1.2 Species continuity equation

In addition to the transient and convection terms, the species continuity equation includes the

terms of di�usion and reaction. For the former, we assume a perfect mixing in the radial

direction, and convection is much more e�ective than di�usion in the axial direction. As a result,

the di�usion term is neglected. In the system we are interested here, NH3 decomposition accounts

for the generation of N2 and H2 and the consumption of NH3. Finally an additional permeation

term is required for H2.

The model we developed here is a hybrid model, meaning that the reaction only happens

heterogeneously in the porous region. Because the reaction is solved separately, we need to
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\project" it from the porous region part to the 1D plug 
ow part. This is d one using a scaling

factor F c=g that scales the volume of the reaction region (cat) to the volume of the lumen region

(geo).

Similarly, another scaling factor F m=g is required to scale the permeation on the exterior

surface (mem) to the lumen region. Note that, in this model, we referNH3, N2, and H2 as species

1, 2, and 3. The species continuity equations are summarized as follows:

NH 3 :
@(� 1u)

@z
= Fc=gW1 _s1 (A.8)

N2 :
@(� 2u)

@z
= Fc=gW2 _s2 (A.9)

H2 :
@(� 3u)

@z
= Fc=gW3 _s3 � Fm=gW3JH 2 (A.10)

Where � is the density. u is the mass averaged mean velocity.W is the molecular weight. _s is the

molar kinetic rate by reactor volume. JH 2 is the H2 permeation 
ux, and the partial pressure

power n is assumed to be 1. The permeance value� is experimentally determined by pure gas

permeance tests.

Fc=g =
Vcat

Vgeo
=

2�Rdrdz
�r 2

cdz
=

2Rdr
r 2

c

Fm=g =
A

Vgeo
=

2�Rdz
�r 2

cdz
=

2R
r 2

c

JH 2 = � (Pn
ret � Pn

perm )

Since the highest order of derivatives is �rst order, only one boundarycondition (BC) at the

inlet is needed. For H2 and N2, BCs are determined by the reaction inlet conditions. For NH3,

the inlet concentration is zero.

A.1.3 Reaction di�usion equation

In the porous region, we assume there is no convection, and we also neglect the

pressure-driven 
ow. As a result, the transport of mass is solely driven by molecular di�usion and

reaction. Following the writing convention of (A.3), the di�usion ter m, and reaction term are

written on the right-hand side.

r � J i = si (A.11)
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Where

J i = � D im r ci

In this model, molecular di�usion uses a simple form of Fick's model. De
i is the overall e�ective

di�usion coe�cient of species i. r ci is the gradient of concentration of species i. In the cylindrical

coordinates, (A.11) is expanded explicitly as follows:

�
1
r

@
@r

�
D e

i r
@ci
@r

�
�

@
@z

�
D e

i
@ci
@z

�
= si (A.12)

Ammonia decomposition rate was modeled using �rst-order kinetics. Detailed information can

be found in chapter 3. Second-order derivatives in both r and z directions require four BCs in

total. In the z direction, the inlet/left BC is a Dirichlet BC, whi ch is simply determined by

reaction inlet conditions. The outlet/right BC uses a Neumann BC is used. In the r direction, the

lower BC (in contact with the lumen) is determined by solving ODEs in the 1D plug 
ow model.

And the upper BC varies with species: for N2 and NH3, no 
ux BC is used, neglecting membrane

defects. For H2, a permeation BC (Neumann BC) is implemented, where the di�usive 
ux equals

the permeation 
ux.

A.1.4 Fluid property estimation

A mixture averaged di�usion coe�cient is a close approximation of species di�usion in a

mixture. It requires information on binary di�usion coe�cients and the composition of a mixture.

Binary di�usion coe�cients ( DAB ) are calculated using the Chapman-Enskog theory. Since Dij =

Dji , three binary di�usion coe�cients in total are needed.

DAB = 0 :0018583

s

T3

�
1

M A
+

1
M B

�
1

P � 2
AB 
 D;AB

�
cm2

s

�
(A.13)

� i is one of the parameters of Lenard-Jones potential (this isn't necessarily equal to the kinetic

diameter), whereas 
 D;AB is the collision integral.
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T [K ]

M [g=mol]

P [atm]

� AB
�
�A

�


 D;AB = f
�

kT
� AB

�
�
�A

�

� AB =
p

� A � B

D i;m =
1 � X iP n

j =1 ;j 6= i X j =Dij
(A.14)

Ideally, the expression of the mixture averaged di�usion coe�cient (eq. A.14) should be

plugged into the numerical model, and this will become a nonlinear problem. It is hard to get the

solution converged. As a result, an approximation has to be used by usingan average of inlet and

outlet molar composition (X ), where both are determined by the experimental conditions.

D e
i;m =

"
�

D i;m (A.15)

D e
i;k =

2rp

3
"
�

�
8RT
�M i

� 1=2

(A.16)

D e
i =

1
1

D e
i;m

+ 1
D e

i;k

(A.17)

The e�ective mixture averaged di�usion coe�cient ( D e
i;m ) is corrected using the porosity (" )

and tortuosity ( � ) of the porous support as eq. A.15. The overall e�ective coe�cient (D e
i ) is

estimated using eq. A.17 accounting for the e�ective Knudsen di�usion coe�cient ( D e
i;k , eq.

A.16).

� =
p

RT
1

P K g
k=1 Yk=Wk

(A.18)

The gas model is approximated using ideal gas law (equation A.18) whereYk is the mass

fraction of species k.
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APPENDIX B

ASPEN PROCESS SIMULATION FOR AMMONIA SYNTHESIS WITH A CATALYTIC

MEMBRANE REACTOR MODEL INTEGRATED USING MATLAB AND EXCEL

There are two approaches to customize an ASPEN module. The �rst to usea calculator

module and write the associated FORTRAN code. Secondly, ASPEN provides the capability to

de�ne a user model that can be connected to Excel. Next, Excel can beused as a port to send

and get data with Matlab using the Matlab-Excel add-in.

In this report, the second customization method, a typical work
ow f rom ASPEN to Excel

and Matlab will be discussed. The discussion will be in the contextof implementing a CMR in an

ammonia synthesis process.

B.1 ASPEN module

A user de�ned model (USER2) is used due to its capability to add multiple inlet and outlet

streams. As shown in �gure Figure B.1, the design parameters of CMRs are de�ned by specifying

the integer and real parameters including the number of tubular CMRs, geometric properties

including the length and diameter of a CMR, and the membrane properties including the

ammonia permeance, nitrogen and hydrogen selectivity.

ASPEN solves the process model using the sequential modular method. The reactor model

requires the 
ow information of the inlet and sweep including temperature (T), pressure (P), total


ow rate (Q), and molar fractions (X). Then, the corresponding 
ow infor mation of the permeate

and retentate is calculated using the Matlab code. Next, the stream 
ash option of the USER2

model uses the 
ow information (T, P, Q, and X) of the permeate and the retentate and

calculates the associated thermo properties such as the molar entropy.
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Figure B.1 Setup of design parameters of the user model.

B.2 Excel connector

The ASPEN Excel connector used in this report is modi�ed from the ASPEN user model

manual [158] and Fonstalvo's work [159]. The former provides an example spreadsheet with

built-in utility functions in macros to collect the ASPEN input and send the output back to

ASPEN. The latter provides the utility macro which collects the Ex cel data, send and then

retrieve the data from Matlab.

Table B.1 The default units of 
ow properties.

Flow properties Default units

Molar 
ow rate kmol s � 1

Temperature K

Pressure N m� 2

It is noted that for consistency ASPEN will convert the units of the dat a sent to Excel to the

default ones (table Table B.1) regardless of the users' preference inthe ASPEN model.

B.3 Matlab model

The CMR model is written using Matlab. Detailed information about the model can be found

in appendix A. Notably, this model assumes the use of the ideal gas law, which might be di�erent

from the setup of the ASPEN model.
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Figure B.2 Process 
ow diagram of a CMR process for ammonia synthesis.

Table B.2 Flow setup of the feed and sweep streams.

Stream information Inlet Sweep

NH3 molar fraction 0 0

N2 molar fraction 0.25 1

H2 molar fraction 0.75 0

Flow rate (kmol s� 1) 7.45E-5 7.45E-8

Temperature (K) 723 723

Pressure (K) 30 0.05

Table B.3 Design parameters of the CMR

CMR parameters Values

Number of tubes 100

Length (m) 0.1

Radius (m) 0.005

Ammonia permeance (GPU) 1000

N2 selectivity 100

H2 selectivity 100
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B.4 Comparison with the tested CMR model

Figure Figure B.2 shows an example of a CMR ammonia synthesis process. The feed stream is

composed of stoichiometricH2 and N2. A sweep stream is used to create vacuum conditions on

the permeate side. A separator is used to purify ammonia as the product stream. The out stream

can be used as a recycle stream connected to the mixer. Additional design parameters of the

CMR and the operating conditions are summarized in the table Table B.2 and table Table B.3.

The Matlab model which has been tested separately is used to benchmark the performance of the

process model. The comparison of the results of the retentate streamis summarized in table

Table B.4

Table B.4 Comparison of the retentate 
ow between Matlab model and ASPENsimulation.

Retentate 
ow Matlab model ASPEN simulation

NH3 molar fraction 0.036 0.036

N2 molar fraction 0.241 0.241

H2 molar fraction 0.723 0.723

Flow rate (kmol s� 1) 4.77E-7 4.77E-7

The mass balance is closed within 0.2% with a single pass. This deviationcomes from two

ways. First, the error is attributed to the truncation error betwe en the conversion between kmol

s� 1 to sccm. The former is used in the ASPEN model, whereas the latter is used in the Matlab

model. Second, the Matlab model assumes the use of ideal gas law, whichis di�erent from the

PENG-ROBINSON gas law used in the ASPEN simulation.
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APPENDIX C

SUPPORTING INFORMATION TO CHAPTER 3

C.1 Comparison of 1D and 2D models

The goal of this this work was to develop a computationally e�cient model t hat accurately

captures CMR performance. Here we compare the hybrid axisymmetric model used in this work

with a simple 1D model that assumes perfect mixing in the radial direction. Both models employ

the experimental hydrogen permeance and assume �rst order ammonia decomposition. As shown

in Figure C.1 the ability of the 1D model to capture CMR performance is signi�cantly inferior,

particularly at elevated 
owrates, not modeling trends in H 2 recovery and conversion due to

radial gradients within the catalytic support. In the 2D model hydrogen is generated by ammonia

decomposition exclusively within the catalytic support adjacent to the membrane, elevating the

H2 concentration at this interface, which drives permeation. The 1D model assumes perfect radial

mixing which e�ectively dilutes the H 2 concentration at this interface and arti�cially reduces

hydrogen recovery. At low 
owrates where ammonia conversion is essentially complete this is not

an issue, but it becomes signi�cant at higher 
owrates. The 1D model also under predicts

conversion at higher 
owrates for the same reason. As the hydrogen recovery declines it dilutes

the ammonia concentration remaining in the reactor and reduces the e�ective residence time,

which both contribute to the under prediction of conversion as 
owrates increase. With respect to

computational time the 1D model takes � 1 second, the hybrid 2D model employed requires� 1

minute, whereas a full 2D Navier-Stokes model would be expected totake several hours operating

on the same machine. The combination of e�ciency and accuracy makes the selected model most

appropriate for the CMR, consistent with literature expectations[81].
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Figure C.1 Comparison of 2D (solid lines) and 1D (dashed lines) model predictions of both ammonia
conversion and hydrogen recovery for CMR operation at P = 5 bar, T = 450°C using the Cs/Ru
catalyst.

122



APPENDIX D

SUPPORTING INFORMATION TO CHAPTER 5
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Figure D.1 Normalized loading of catalyst/promoters as a function of normalized precursor con-
centration for Ru, Cs, K, and Ba displaying the nominally linear relat ionship between loading and
precursor concentration.
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Figure D.2 Conversion as a function of the catalyst weight. Flowrate is adjusted to keep space
velocity constant including 18,000, 36,000, and 72,000 mL gcat� 1 h� 1, for 0.1, 0.2, and 0.3 g in
catalyst weight, separately. At 18,000 and 36,000 the rate slowly increases with catalysts wright
whereas at 72,000 mL gcat� 1 h� 1 the rate saturates with mass. Reaction conditions: P = 10 bar
(gauge), H2/N 2 = 3, T = 450 °C.
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Figure D.3 Normalized NH3 synthesis rate of Ru/YSZ over time at 450°C. Reaction conditions: p
= 0 bar (gauge), H2/N 2 = 3, SV = 72,000 mL gcat� 1 h� 1. The Ru/YSZ takes up to 60 hours of
activation to approach its maximum rate but then remains stable.
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The supplementary data include required input �les in Chemkin format. The �les include:

1- surf.inp: The �le contains the surface species, side densities and the elementary step

reaction mechanism for Ba-Ru/YSZ catalysts. The mechanism uses the units of cm, s, kJ, mol.

2- chem.inp: Contains the gas phase species and element lists.

3- therm.dat: Contains NASA constants of gas-phase and surface species to calculate the

thermodyamic properties. The gas-phase species thermodynamic data are taken from Burcat

(http: nngar�eld.chem.elte.hu=Burcat=burcat.html). The surface species NASA constants are

based on Gibbs free energy calculations after the adjustment procedure.

4- Trans.dat: Gas-phase speices transport properties are listed. Thedata are taken from

Curran, H. J., Ga�uri, P., Pitz, W. J., & Westbrook, C. K. (2002). A compr ehensive modeling

study of iso-octane oxidation. Combustion and 
ame, 129(3), 253-280.
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APPENDIX E

CESIUM-PROMOTED IRON CATALYSTS ON / 
 -ALUMINA SUPPORTS FOR AMMONIA

SYNTHESIS

E.1 Characterization of Cs-Fe/ 
 -alumina catalysts

The Cs-Fe/
 -alumina catalyst is prepared following the incipient wet impregnation method

detailed in chapter 2. The Fe loading is� 0.94 wt.% measured using XRF. The surface area of

the catalyst is � 265 m2/g measured using the N2 physisorption and BET method. Assuming the

catalyst particle as hemisphere, the particle size and dispersion are determined as 7.2 nm and 15.5

%, respectively.

E.2 Stability of Cs-Fe/ 
 -alumina catalysts

Figure E.1 Normalized ammonia outlet concentration as a function of time at T = 450°C, P = 0
barg, and H2/N 2 ratio = 3.

Figure E.1 plots the normalized ammonia outlet concentration of Cs-Fe/
 -alumina catalysts as

a function of time. The initial activation takes 20 - 30 hours and the performance reaches a

plateau and stabilizes for an additional 20-hours operation. In contrast, the addition of Cs
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promoter into the Ru/YSZ catalyst makes its catalytic activity decline over time, suggesting the

interaction of Cs and YSZ is the source of instability.

E.3 E�ect of supports

Figure E.2 The ammonia synthesis rate as a function of pressures (0, 5, and 10 barg) at T = 450°C
using various supported Fe catalysts without the addition of promoters.

Various supported Fe catalysts are prepared including Fe/YSZ, Fe/� -alumina, and

Fe/ 
 -alumina catalysts without the addition of promoters. Their Fe loadings (relative to the

weight of Fe and support) are close and in the range of 0.7 - 1.0 wt.%. Figure E.2 shows their

synthesis rates by catalyst mass are very similar at T = 450°C and P = 0 - 10 barg.

E.4 E�ect of the feed H 2/N 2 ratio

Figure E.3 compares the H2/N 2 ratio dependence of the Cs-Fe/
 -alumina catalysts at various

temperatures and P = 10 barg. The optimal H2/N 2 ratio of Cs-Fe/ 
 -alumina catalysts stays

approximately the same in the range of 1 to 3, potentially due to a similaractivation energy of

the H2 and N2 absorption steps.
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Figure E.3 Ammonia synthesis rate as a function of H2/N 2 ratio (0.1, 0.3, 0.5, 1, 2, and 3) at T =
300, 350, 400, 450°C and P = 10 barg using Cs-Fe/
 -alumina catalysts.

Figure E.4 Ammonia synthesis rates as a function of pressures (0, 5, and 10barg) at T = 450 °C
using Cs-Fe/
 -alumina catalysts and Ba-Ru/YSZ catalysts.

132



Table E.1 Ammonia inhibition of Cs-Fe/ 
 -alumina and Ba-Ru/YSZ catalysts at various tempera-
tures (350, 400, 450°C).

T ( °C) Ba-Ru/YSZ Cs-Fe/ 
 -alumina

350 -0.89 -1.22

400 -1.04 -1.32

450 -0.92 -1.24

E.5 Comparison with Ba-Ru/YSZ catalysts

As shown in Figure E.4, the synthesis rates by catalyst mass of Cs-Fe/
 -alumina catalysts are

roughly half of that of the Ba-Ru/YSZ catalysts at T = 450 °C. Their metal loadings are quite

similar in 0.94 wt.% and 1.05 wt.%, separately. Additionally, the apparent activation energy of

Cs-Fe/
 -alumina catalysts and Ba-Ru/YSZ catalysts are 34.9 and 47.5 kJ/mol, separately,that

is, the synthesis rates of Cs-Fe/
 -alumina catalysts are even of a higher portion of the

Ba-Ru/YSZ catalysts rates at a lower temperature. Table E.1 compares theammonia inhibition

of the two catalysts at various temperatures. The inhibition is a weak function of temperature for

both catalysts. The Cs-Fe/
 -alumina catalysts are slightly more susceptible to ammonia

inhibition than the Ba-Ru/YSZ catalysts.
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APPENDIX F

PERMISSION TO REUSE COPYRIGHTED MATERIAL

The author has obtained permission from both publishers and co-authors toreuse the

copyrighted material including chapter 3 and chapter 5. Details of the permission can be found in

the supplementary material.
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