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ABSTRACT 

 Accurate hydrate phase equilibria and vapor-liquid equilibria predictions are critical to 

the safe and economic design of flow assurance, gas processing, and seawater desalination 

technologies.  Inaccurate predictions of vapor-liquid equilibria can also lead to erroneous hydrate 

phase equilibria predictions. Hydrate phase equilibria predictions typically use the classical van 

der Waals and Platteeuw (vdWP) model based on statistical thermodynamics, with some 

modifications (e.g. CSMGem, with Gibbs Energy Minimization). In this thesis work, the vdWP 

model with Gibbs Energy Minimization algorithm was developed in Matlab. The developed 

algorithm was evaluated by first investigating the effect of hydrogen (H2) concentration on the 

phase equilibria of sH hydrate (i.e. H2O+CH4+H2+methylcyclohexane (MCH) quaternary 

systems). The predictions were shown to be in close agreement with experimental phase 

equilibria measurements. Cage occupancies of methane and hydrogen in sH hydrate were 

predicted to increase with increasing pressure, and the extent of occupation was found to be 

dependent on the methane: hydrogen ratio in the feed gas. 

Current hydrate phase equilibria predictions (using different models, e.g. CSMGem, 

Multiflash and PVTsim) for inhibited systems in subsea pipelines (with salts, e.g. NaCl, KCl, 

CaCl2, also thermodynamic hydrate inhibitors (THIs), e.g. methanol, monoethylene glycol) 

exhibit large errors. The unavailability of phase equilibria data and absence of an association 

equation of state in CSMGem leads to problems in predicting the phase equilibria of associating 

fluids and inhibited systems. Therefore, the current CSMGem model is not reliable for predicting 

these inhibited systems. Such thermodynamic calculations are critical to flow assurance and 

desalination process design. To overcome these limitations this work revisited the fluid model 

and a new fluid model is proposed for phase equilibria predictions; an association equation of 

state has been developed and applied to predict fluid phase properties for a wide range of 

hydrocarbons (low to high MWt), polar components and electrolytes (salts). Five parameters of 

the association equation of state were determined for the associating components by 

simultaneous minimization of absolute errors in saturated liquid densities and vapor pressures, 

with comparisons to experimental data. 

In order to predict the phase equilibria of gas hydrates without inhibitors, the proposed 

association equation of state needs to be tuned with vapor-liquid equilibria. In this thesis work 

experimental hydrate phase equilibria and vapor-liquid equilibria data (over a range of 
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temperature, pressure and composition) were collated and utilized to tune the fluid and hydrate 

models. Binary interaction parameters were optimized for a range of hydrate formers, including 

methane, ethane, nitrogen and hydrogen in combination with all other available hydrocarbons. 

Different equations of state were also used to predict the vapor-liquid equilibria for mixtures of 

methane, ethane, nitrogen and hydrogen, in combination with other available hydrocarbons and 

various cross associating systems (including water, methanol, ethanol, monoethylene glycol). 

The equations of state used in these predictions include: the cubic plus association, Soave 

Redlich Kwong (SRK) and Peng Robinson (PR) equations of state. 

In addition to tuning of the fluid model for hydrocarbons, equation of state parameters 

and binary interaction parameters were optimized for hydrogen sulfide and carbon dioxide 

mixtures with hydrocarbons and other associative components. The equations of state used in 

these predictions include: the cubic plus association, Soave Redlich Kwong (SRK), Peng 

Robinson (PR), Statistical Associating Fluid Theory (SAFT), and Perturbed-Chain SAFT (PC-

SAFT) equations of state. Absolute errors were calculated and compared for combinations of 

binary mixtures including self associating and cross associating systems. Various mixing rules 

were utilized in the SRK and PR equations of state to investigate their effect on VLE prediction 

accuracies. Model accuracies were compared with and without optimized binary interaction 

parameters. 

Various electrolyte physical models: Debye Huckel, truncated Debye Huckel, Pitzer 

theory and Bromley activity model were also tested for mean activity coefficient calculations. 

The Debye Huckel and truncated Debye Huckel models give accurate predictions at lower salt 

concentrations, but major deviations were observed at molal concentrations of greater than 1 

mol/kg. The Bromley activity model and Pitzer theory were found to be good alternatives to the 

Debye Huckel model and its modifications. For 1:1 electrolytes, the Pitzer theory and Bromley 

activity model give accurate predictions up to the salt saturation limit. However, for 1:2 

electrolytes (CaCl2, MgCl2 and BaCl2), the Pitzer theory, Bromley activity model, and Debye 

Huckel models were not able to capture these electrolyte contributions. Furthermore, a more 

rigorous statistical thermodynamics approach has also been developed to accurately predict the 

activity of the aqueous phase and 1:2 electrolytes. 

The remaining thesis work investigated other applications of hydrate phase equilibria 

predictions. Desalination of seawater using gas hydrates is a potential technique to produce 
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potable water. However, poor understanding and control in prior studies of nucleation, growth, 

and separation have prevented adequate advancement or commercialization of this hydrate 

desalination process. Thermodynamic modeling was applied to this desalination process to 

calculate the required driving forces for hydrate formation and dissociation. Hydrate formation 

experiments were performed using a Jerguson high pressure visual cell.  Hydrate formation onset 

times were found to be three times longer in salt water compared to fresh water (for the same 

driving force). Hydrate formation onset times were shown to decrease with increasing 

subcooling, and hydrate memory effects were reduced with increasing replenish time (time lapse 

between dissociation and subsequent gas re-pressurization).  

A high pressure desalination apparatus was also designed and constructed to produce and 

overflow hydrates in the inner annulus of a gas bubble column inside a dissociation reactor. 

Hydrate nucleation and crystal growth studies were performed in this bubble column reactor. The 

salt removal efficiency was determined by measuring the conductivity of the recovered water 

(from dissociated hydrates). The proof-of-concept experiments showed that desalination 

efficiency was independent of the initial salt content (over the range 3.3 - 7 wt.% NaCl) and 

hydrate subcooling.  Hydrate morphology was also found to be a key factor in determining the 

amount of overflowing (separated) hydrates, and hence desalination efficiency. 

 Separation of greenhouse gases from flue gas exiting a power plant is a key industrial 

objective. In comparison to the other separation techniques, a hydrate formation method can be 

an appropriate choice in terms of fuel efficiency and degree of separation. Phase equilibrium 

modeling is critical to evaluating a hydrate separation process. In this work, hydrate phase 

equilibria predictions were performed for carbon dioxide and nitrogen mixtures at various 

composition ranges to determine the suitable region for separation. The cage occupancies were 

also determined to select the optimal separation temperature. Recovery and separation factors for 

carbon dioxide and nitrogen were found to depend on temperature. A process design was also 

proposed for other gaseous mixtures, including: CH4+CO2, N2+CO2, CH4+H2S and H2+CO2 

mixtures.   

  



 

vi 
 

 
TABLE OF CONTENTS 

ABSTRACT ................................................................................................................................... iii 

LIST OF FIGURES .....................................................................................................................  xii 

LIST OF TABLES ....................................................................................................................  xxix 

NOMENCLATURE  ............................................................................................................... xxxiii 

ACKNOWLEDGEMENTS  .................................................................................................... xxxvi 

CHAPTER 1  INTRODUCTION .............................................................................................1 

1.1. Area of Research  ...............................................................................................3 

1.2. Thermodynamic Modeling of Gas Hydrates .....................................................4 

1.3. Seawater Desalination  .......................................................................................6 

1.4. Gas Separation  ................................................................................................10 

1.5. The Scope of this Thesis Work  .......................................................................11 

 1.5.1. Phase Thermodynamic Modeling of gas hydrates  ........................11 

 1.5.2. High-Pressure Desalination and Gas Separation  ..........................16 

1.6. References  .......................................................................................................17 

CHAPTER 2  REVIEW OF VAPOR-LIQUID EQUILIBRIA & HYDRATE PHASE 
EQUILIBRIA ...................................................................................................23 

2.1. Introduction ......................................................................................................24 

2.2. Vapor-Liquid Equilibria Measurements  .........................................................25 

 2.2.1. Dynamic Methods  .........................................................................26 

 2.2.2. Static Methods  ..............................................................................27 

2.3. VLE Data of Various Hydrate Formers  ..........................................................28 

 2.3.1. VLE Data of Hydrate Formers with Hydrocarbons  ......................28 

    2.3.1.1. Hydrogen Sulfide ...................................................28 

    2.3.1.2. Carbon Dioxide ......................................................30 

    2.3.1.3. Methane and Hydrocarbons ...................................30 



 

vii 
 

    2.3.1.4. Hydrogen................................................................31 

    2.3.1.5. Nitrogen .................................................................33 

 2.3.2. VLE Data of Hydrate Formers with Water and Organic   
    Thermodynamic Inhibitors (THI) ..................................................34 

2.4. Hydrate Phase Equilibria Measurements  ........................................................37 

 2.4.1. Isochoric Pressure Search Method  ................................................37 

 2.4.2. High-Pressure DSC Method  .........................................................38 

2.5. Hydrate Phase Equilibria Data  ........................................................................39 

2.6. Single Component Hydrate Phase Equilibria Data  .........................................39 

 2.6.1. Hydrocarbons  ................................................................................39 

 2.6.2. CO2/ N2/H2S Phase Equilibria  ......................................................41 

 2.6.3. Hydrate Phase Equilibria Data for Multicomponent    
    Systems  .........................................................................................42 

2.7. Review of Hydrate Phase Equilibria Data for Inhibited Systems  ...................43 

2.8. Conclusion  ......................................................................................................45 

2.9. References  .......................................................................................................47 

CHAPTER 3  THERMODYNAMIC MODELING OF GAS HYDRATES  .........................56 

3.1. Hydrate Thermodynamic Model  .....................................................................56 

3.2. Results and Discussion  ...................................................................................62 

 3.2.1. Pure Gas Hydrate Systems  ............................................................63 

 3.2.2. Mixed Hydrate Systems  ................................................................66 

 3.2.3. Cyclopentane (CP) Hydrate Phase Equilibria  ...............................71 

 3.2.4. Modification in The vdWP model for Multiple Cage   
    Occupancy .....................................................................................74 

3.3. Conclusion .......................................................................................................79 

3.4. References  .......................................................................................................79 



 

viii 
 

CHAPTER 4  THERMODYNAMIC FLUID PHASE EQUILIBRIA MODEL 
DEVELOPMENT  ...........................................................................................82 

4.1. Fluid Phase Model for Hydrate Phase Equilibria  ...........................................83 

 4.1.1. Inhibited Gas Hydrate Systems  .....................................................83 

4.2. New Fluid Phase Model for Hydrate Phase Equilibria  ...................................92 

4.3. New Fluid Phase Model for Hydrate Phase Equilibria  .................................102 

 4.3.1. Redlich Kwong Equation of State ...............................................102 

 4.3.2. Soave Redlich Kwong Equation of State  ....................................102 

 4.3.3. Peng Robinson Equation of State ................................................103 

 4.3.4. Statistical Associating Fluid Theory (SAFT) ..............................103 

 4.3.5. Perturbed Chain Statistical Associating Fluid Theory  ................104 

4.4. Electrolyte Models for Hydrate Phase Equilibria ..........................................104 

 4.4.1. Complete Debye-Huckel Term  ...................................................104 

 4.4.2. Truncated Debye-Huckel .............................................................105 

 4.4.3. Mean Spherical Approximation  ..................................................106 

4.5. MSA Based Models  ......................................................................................108 

 4.5.1. vRE-SAFT  ..................................................................................108 

4.6. Conclusion .....................................................................................................109 

4.7. References  .....................................................................................................109 

CHAPTER 5  THERMODYNAMIC FLUID PHASE EQUILIBRIA MODEL 
DEVELOPMENT  .........................................................................................113 

5.1. Optimization of Association EoS Parameters  ...............................................113 

5.2. Model Validation for Cn+Water  ...................................................................121 

 5.2.1. Model Validation for C1-3+Water  ...............................................122 

 5.2.2. Solubility Predictions for H2+Hydrocarbons ...............................127 

 5.2.3. VLE Predictions for N2+Non-asociating Hydrate Formers .........130 



 

ix 
 

5.3. Conclusion  ....................................................................................................135 

5.4. References  .....................................................................................................136 

CHAPTER 6  THERMODYNAMIC MODEL VALIDATION FOR BINARY SYSTEMS 
OF HYDROCARBONS IN THE PRESENCE OF ORGANIC 
INHIBITORS/H2S/CO2  ................................................................................139 

6.1. Vapor Liquid Equilibria for C1 -C3+ Hydrocarbons ......................................139 

6.2. Vapor Liquid Equilibria for H2S/CO2 Containing Binary Mixtures  .............144 

 6.2.1. Vapor Liquid Equilibria for C1-C3+ H2S  ....................................145 

 6.2.2. Vapor Liquid Equilibria for C1-C3 + CO2 ....................................150 

6.3. Vapor-Liquid Equilibria for C1 -C5 + Organic Inhibitors  .............................157 

 6.3.1. C1 - C5 + Ethanol  .........................................................................157 

 6.3.2. C1 - C5 + Methanol .......................................................................160  

6.4. Conclusion  ....................................................................................................163 

6.5. References  .....................................................................................................164 

CHAPTER 7  SOAVE REDLICH KWONG (SRK) AND PENG ROBINSON (PR) EOS 
PREDICTIONS FOR C1-C3/H2S/CO2/H2/N2 + HC/WATER BINARY 
SYSTEMS WITHOUT BIP  ..........................................................................168 

7.1. SRK & PR EoS Prediction for Liquid Density and Vapor Pressure..............168 

7.2. SRK EoS Predictions for C1-C3 + Hydrocarbons  .........................................172 

7.3. PR EoS Predictions for C1-C3 + Hydrocarbons  ............................................176 

7.4. SRK-EoS Prediction for H2S/CO2 +Hydrocarbons ........................................180 

7.5. PR-EoS Prediction for H2S/CO2 +Hydrocarbons ..........................................183 

7.6. Conclusion  ....................................................................................................186 

7.7. References  .....................................................................................................186 

CHAPTER 8  STATISTICAL ASSOCIATING FLUID THEORY (SAFT) AND 
PERTURBED CHAIN (PC)-SAFT EOS VLE PREDICTIONS ..................189 

8.1. PC-SAFT Predictions for Vapor Liquid Equilibria H2S/CO2 VLE  ..............189 



 

x 
 

8.2. SAFT Predictions for Vapor Liquid Equilibria H2S/CO2 VLE  ....................195 

8.3. Comparisons of Errors using Cubic and SAFT Based Equation of state  .....199 

8.4. Conclusion  ....................................................................................................201 

8.5. References  .....................................................................................................202 

CHAPTER 9  Electrolyte Contributions of Association EoS  ..............................................205 

9.1. Review of Mean Activity Coefficient (MAC) and Osmotic Coefficient  ......205 

9.2. Results and Discussion  .................................................................................206 

 9.2.1. Complete Debye & Huckel Term  ...............................................206 

 9.2.2. Truncated Debye Huckel  ............................................................210 

 9.2.3. Pitzer Theory (Low to medium salt concentration) .....................212 

 9.2.4. Modified Pitzer theory  ................................................................221 

 9.2.5. Mean Spherical Approximation (High Salt Concentration) ........224 

    9.2.5.1. Dielectric constant calculation  ............................225 

    9.2.5.2. Salt Solution Density  ..........................................226 

    9.2.5.3. Helmholtz Free Energy (MSA) ............................228 

9.3. Conclusion  ....................................................................................................236 

9.4. References  .....................................................................................................236 

CHAPTER 10  HIGH PRESSURE DESALINATION USING GAS HYDRATES ..............239 

10.1. High Pressure Desalination  ...........................................................................240 

 10.1.1. Selection of Hydrate Former  .......................................................240 

10.2. Hydrate Nucleation Studies  .......................................................................242 

10.3. Hydrate “Memory” Effect Studies  ...........................................................246 

 10.3.1. Fresh Water  .................................................................................246 

 10.3.2. Salt Water ....................................................................................248 



 

xi 
 

10.4. High Pressure Desalination Cell  ...............................................................249 

10.5. Conclusion  ....................................................................................................259 

10.6. References  .....................................................................................................260 

CHAPTER 11  GAS SEPARATION USING GAS HYDRATE FORMATION...................262 

11.1. Introduction and Literature Review ...............................................................262 

11.2. Results and Discussion  .................................................................................264 

 11.2.1. CH4+H2S Separation  ...................................................................264 

 11.2.2. CH4+CO2 Separation  ...................................................................266 

 11.2.3. N2+CO2 Separation  .....................................................................269 

11.3. Conclusion  ....................................................................................................273 

11.4. References  .....................................................................................................273 

CHAPTER 12  CONCLUSIONS & FUTURE WORK  .........................................................276 

 
 

 

 

 

 

 

 

 

 

 

 



 

xii 
 

LIST OF FIGURES 

Figure 1.1.  The three most common hydrate structures sI, sII, sH, and the number of cages 
which make up their respective unit cells (Strobel et al., 2009a) ........................ 1 

Figure 1.2.  Effect of hydrate former diameter on hydrate structures (Grim, R, 2014) ...........2 

Figure 1.3.  A gas hydrate plug recovered from a subsea oil pipeline slug catcher (courtesy 
of Petrobras) (Koh et al., 2011) ............................................................................ 3 

Figure 1.4.  Global locations of naturally occurring gas hydrate deposits along the 
continental margins and in arctic regions (Kvenvolden, 1993). ...........................4 

Figure 1.5.  Classification of typical seawater desalination technologies (Clayton, R. 2006) .7 

Figure 1.6.  Conceptual picture representing hydrate desalination; yellow sphere represents 
salt ions (Max, 2002b) ..........................................................................................8 

Figure 1.7.  Absolute average deviation in pressure for 50 vol.% monoethylene glycol for 
various hydrate formers ..................................................................................... 13 

Figure 1.8.  Absolute average deviation in pressure for 50 vol.% monoethylene glycol for 
various hydrate formers ..................................................................................... 13 

Figure 1.9.  Flow Chart for CSMGem development ............................................................. 16 

Figure 2.1.  Dynamic method for high pressure vapor liquid equilibria (Figure was 
reproduced from (Raal and Mühlbauer, 1994)). ................................................ 26 

Figure 2.2.  Dynamic method for high pressure vapor liquid equilibria (Figure was 
reproduced from (Raal and Mühlbauer, 1994)) ................................................. 27 

Figure 2.3.  Steps in isochoric pressure search (Ward et al., 2011; Ward et al., 2015) ........ 38 

Figure 3.1.  Model not allowing for the distortion of cages by guest molecules (Ballard, 
2002) .................................................................................................................. 58 

Figure 3.2.  Model allowing for the distortion of cages by guest molecules(Ballard, 2002) 58 

Figure 3.3.  Pure methane (CH4) Lw-H-V hydrate phase equilibria boundary. 
Experimental data are from (Kobayashi and Katz, 1949; Marshall et al., 1964; 
Mohammadi et al., 2003; Yang et al., 2001) ..................................................... 63 

Figure 3.4.  Pure propane (C3H8) Lw-H-V & H-L w-LHC hydrate phase equilibria boundary 65 

Figure 3.5.  Pure ethane (C2H4) Lw-H-V & H-L w-LHC hydrate phase equilibria boundary .. 65 

Figure 3.6.  Pure H2S Lw-H-V hydrate phase equilibria boundary ....................................... 66 



 

xiii 
 

Figure 3.7.  Pure CO2 Lw-H-V hydrate phase equilibria boundary ....................................... 66 

Figure 3.8.  Phase equilibria for H2+ CH4 hydrate from calculations (lines) and 
experiment (points) (Matsumoto et al., 2014). .................................................. 67 

Figure 3.9.  CH4+C2H6+C3H8+H2O (Lw-H-V) hydrate phase equilibria boundary .............. 68 

Figure 3.10.  CH4+C2H6+C2H4+H2O (Lw-H-V) hydrate phase equilibria boundary .............. 68 

Figure 3.11.  P-T diagram for ternary system: methane + MCH + water Mooijer et al., 
2004, Khan et al., 2014). .................................................................................... 69 

Figure 3.12.  P-T diagram for the quaternary system of methane + MCH + water + H2 as a 
function of H2/CH4 ratio (N.Khan et al., 2014, Mooijer et al., 2004). ............... 69 

Figure 3.13.  Cage occupancies of methane in the small cavity of sH at different H2/CH4 
ratios ................................................................................................................... 70 

Figure 3.14.  Cage occupancies of methane in the medium cavity of sH at different H2/CH4 
ratios ................................................................................................................... 70 

Figure 3.15.  Cage occupancies of hydrogen in large cavity at different H2/CH4 ratios ....... 70 

Figure 3.16.  Cage occupancies of hydrate formers in large cavity of sH hydrate ................. 71 

Figure 3.17.  Optimized Kihara parameters from pure cyclopentane phase equilibria data ... 72 

Figure 3.18.  Fractional cage occupancy of cyclopentane as a function of pressure .............. 73 

Figure 3.19.  P-T diagram for ternary system, cyclopentane + CH4 + water .......................... 73 

Figure 3.20.  P-T diagram for pure cyclopentane.................................................................... 73 

Figure 3.21.  P-T diagram for ternary system, cyclopentane + N2 +water .............................. 74 

Figure 3.22.  P-T diagram for ternary system, cyclopentane+ O2 + water .............................. 74 

Figure 3.23.  Langmuir constant for hydrogen clusters as a function of temperature ............. 79 

Figure 4.1.  Absolute average deviation in pressure for various hydrate formers 
containing 50 vol.%  MEG. DBRHyd-Peng Robinson EoS, PVTSim-Peng 
Robinson, Multiflash-cPA EoS, CSMGem-SRK EoS, HydFLASH-Pen 
Robinson EoS. .................................................................................................. 88 

Figure 4.2.  Absolute average deviation in pressure for H2S hydrates over a range of 
MEG concentrations (vol.%). DBRHyd-Peng Robinson EoS, PVTSim-Peng 
Robinson, Multiflash-cPA EoS, CSMGem-SRK EoS, HydFLASH-Pen 
Robinson EoS ................................................................................................... 88 



 

xiv 
 

Figure 4.3.  Absolute average deviation in pressure for natural gas hydrates over a range 
of methanol concentrations (vol.%). DBRHyd-Peng Robinson EoS, 
PVTSim-Peng Robinson, Multiflash-cPA EoS, CSMGem-SRK EoS, 
HydFLASH-Pen Robinson EoS ...................................................................... 89 

Figure 4.4.  Absolute average deviation in pressure for natural gas hydrates over a range 
of MEG concentrations (vol.%). DBRHyd-Peng Robinson EoS, PVTSim-
Peng Robinson, Multiflash-cPA EoS, CSMGem-SRK EoS, HydFLASH-
Pen Robinson EoS ............................................................................................ 89 

Figure 4.5.  Absolute average deviation in pressure for CO2 hydrates over a range of 
methanol concentrations (vol.%). DBRHyd-Peng Robinson EoS, PVTSim-
Peng Robinson, Multiflash-cPA EoS, CSMGem-SRK EoS, HydFLASH-
Pen Robinson EoS ............................................................................................ 90 

Figure 4.6.  Absolute average deviation in pressure for CO2 hydrates over a range of 
MEG concentrations (vol.%). DBRHyd-Peng Robinson EoS, PVTSim-Peng 
Robinson, Multiflash-cPA EoS, CSMGem-SRK EoS, HydFLASH-Pen 
Robinson EoS ................................................................................................... 90 

Figure 4.7.  Absolute average deviation in pressure for methane hydrates over a range of 
mixed salt concentration. DBRHyd-Peng Robinson EoS, PVTSim-Peng 
Robinson, Multiflash-cPA EoS, CSMGem-SRK EoS, HydFLASH-Pen 
Robinson EoS  .................................................................................................. 91 

Figure 4.8.  Absolute average deviation in pressure for hydrogen sulfide hydrates over a 
range of mixed salt concentration. DBRHyd-Peng Robinson EoS, PVTSim-
Peng Robinson, Multiflash-cPA EoS, CSMGem-SRK EoS, HydFLASH-
Pen Robinson EoS …………………………………… ................................... 92 

Figure 4.9.  Conceptual picture representing the forces contributions in an electrolyte 
equation of state ................................................................................................. 93 

Figure 4.10.  CO2 and H2O structures with different association schemes ............................. 97 

Figure 5.1.  Algorithm for liquid density and vapor pressure calculations ......................... 115 

Figure 5.2.  Vapor pressure (left) and liquid density (right) predictions for water using 
the 4C association scheme ............................................................................... 116 

Figure 5.3.  Vapor pressure (left) and liquid density (right) predictions for ethanol using 
the 2B association scheme ............................................................................... 117 

Figure 5.4.  Vapor pressure (left) and liquid density (right) predictions for methanol 
using the 2B association scheme ...................................................................... 118 

Figure 5.5.  Hydrogen sulfide with 4C (left) and 3B (right) ............................................... 119 



 

xv 
 

Figure 5.6.  Vapor pressure (left) and liquid density (right) predictions for H2S using the 
4C association scheme ..................................................................................... 119 

Figure 5.7.  Optimized association equations of state parameters for MEG using the 4C 
association scheme ........................................................................................... 120 

Figure 5.8.  Optimized association equation of state parameters for CO2 using the 3A 
association scheme ........................................................................................... 120 

Figure 5.9.  Optimized association equation of state parameters for CO2 using the 3A 
association scheme ........................................................................................... 122 

Figure 5.10.  Optimization of binary interaction parameters of methane (left) and ethane 
(right) ............................................................................................................... 123 

Figure 5.11.  Experimental and predicted solubility of methane in water. Experimental 
data was taken from (Chapoy et al., 2005; Chapoy et al., 2004a; Kim et al., 
2003; Lekvam and Bishnoi, 1997; Sultanov et al., 1972; Wang et al., 1995; 
Yang et al., 2001) ............................................................................................. 124 

Figure 5.12.  Experimental and predicted solubility of ethane in water at different 
temperatures (a-i). Experimental data was taken from (Mohammadi et al., 
2004; Wang et al., 2003) .................................................................................. 125 

Figure 5.13.  Optimization of binary interaction parameters of propane (left) and nitrogen 
(right) ............................................................................................................... 125 

Figure 5.14.  Experimental and predicted solubility of propane in water at different 
temperatures. Experimental data was taken from (Azarnoosh and McKetta, 
1958; Cargill, 1993; Chapoy et al., 2004c; Jou et al., 2002)) .......................... 126 

Figure 5.15.  Experimental and predicted solubility of nitrogen in water at different 
temperatures. Experimental data was taken from (Chapoy et al., 2004b) ....... 126 

Figure 5.16.  Optimization of binary interaction parameters of sII hydrate formers. ........... 127 

Figure 5.17.  Experimental and predicted solubility of i-butane, n-butane, and 
cyclohexane in water at different temperatures (a-c). Experimental data was 
taken from (Chapoy et al., 2004a; Kudchadker and McKetta, 1961) .............. 127 

Figure 5.18.  Experimental and predicted solubility of hydrogen in propane at different 
temperatures (a-i). Experimental data was taken from (Trust and Kurata, 
1971; Williams and Katz, 1954) ...................................................................... 128 

Figure 5.19.  Experimental and predicted solubility of hydrogen in ethylene. 
Experimental data was taken from (Williams and Katz, 1954). ...................... 129 



 

xvi 
 

Figure 5.20.  Experimental and predicted solubility of hydrogen in n-butane at different 
temperatures (a-i). Experimental data was taken from (Bond and Russell, 
1949; Klink et al., 1975). ................................................................................. 129 

Figure 5.21.  Association equation of state model predictions for N2-ethane vapor liquid 
equilibria at various temperatures. Experimental data was taken from 
(Grausø et al., 1977; Gupta et al., 1980) .......................................................... 131 

Figure 5.22.  Model predictions for N2-ethylene vapor liquid equilibria at 200 K and 260 
K. Experimental data was taken from (Gasem et al., 1981; Grausø et al., 
1977) ................................................................................................................ 131 

Figure 5.23.  Vapor-liquid equilibria predictions for the binary system N2 + toluene at 
various temperatures. Experimental data was taken from (Lin et al., 1995; 
Llave and Chung, 1988) ................................................................................... 132 

Figure 5.24.  Vapor-liquid equilibria predictions for the binary system N2 + propylene at 
various temperatures. Experimental data was taken from (Grausø et al., 
1977). ............................................................................................................... 132 

Figure 5.25.  Vapor-liquid equilibria predictions for the binary system N2 + n-pentane at 
various temperatures. Experimental data was taken from (Kalra et al., 1977; 
Silva-Oliver et al., 2006) .................................................................................. 133 

Figure 5.26.  Model predictions for N2-ethylene vapor liquid equilibria at 250 K and 270 
K. Experimental data was taken from (Gasem et al., 1981; Grausø et al., 
1977) ................................................................................................................ 133 

Figure 5.27.  Model predictions for N2-octane vapor liquid equilibria at various 
temperatures. Experimental data was taken from (Eliosa-Jiménez et al., 
2009; Llave and Chung, 1988) ......................................................................... 134 

Figure 5.28.  Model predictions for N2-cyclopentane vapor liquid equilibria at 366.4 and 
410.2 K. Experimental data was taken from (Marathe and Sandler, 1991) ..... 135 

Figure 6.1.  Vapor- liquid equilibria predictions for methane+propane binary systems at 
270 K (left) and 294 K (right). Experimental data was taken from 
(Wichterle and Kobayashi, 1972) .................................................................... 140 

Figure 6.2.  Vapor liquid equilibria predictions for C1+i-butane binary systems. 
Experimental data was taken from (Olds et al., 1942) ..................................... 140 

Figure 6.3.  Model predictions for C1+N2 vapor liquid equilibria at various temperatures 
(110.01 to 123.08 K). Experimental data was taken from (Dohrn and 
Brunner, 1995; Dohrn et al., 2012; Williams and Katz, 1954)  ....................... 141 



 

xvii 
 

Figure 6.4.  Model predictions for C1+Toluene vapor liquid equilibria at various 
temperatures (277 to 500 K) . Experimental data was taken from (Lin et al., 
1979) ................................................................................................................ 141 

Figure 6.5.  Model predictions for C1+n-C2 vapor liquid equilibria at various 
temperatures (160 to 280 K). . Experimental data was taken from (Vrabec 
and Fischer, 1996; Wichterle and Kobayashi, 1972; Zhang and Duan, 
2002)) ............................................................................................................... 142 

Figure 6.6.  Model predictions for n-C2+n-C3 vapor liquid equilibria at various 
temperatures (273 to 355 K). . Experimental data was taken from 
(Matschke and Thodos, 1962) .......................................................................... 143 

Figure 6.7.  Model predictions for H2S + methane vapor liquid equilibria at various 
temperatures (40 to 160 oF).Experimental data was taken from (Gillespie et 
al., 1982; Haghighi, 2009) ............................................................................... 145 

Figure 6.8.  Model predictions for H2S + n-C2 vapor liquid equilibria at 50 oF. 
Experimental data was taken from Haghighi, 2009; Kay and Brice, 1953 
(Haghighi, 2009; Kay and Brice, 1953) ........................................................... 145 

Figure 6.9.  Model predictions for H2S + n-C4 vapor liquid equilibria at various 
temperatures (366.45 to 408.15 K) . Experimental data was taken from 
(Dicko et al., 2012; Kalra et al., 1977; Leu and Robinson, 1989) ................... 146 

Figure 6.10.  Model predictions for H2S + i-C4 vapor liquid equilibria at various 
temperatures (344.25 to 398.15 K) . Experimental data was taken from 
(Kalra et al., 1977; Leu and Robinson, 1989; Rainwater et al., 1990) ............. 147 

Figure 6.11.  Model predictions for H2S + n-C5 vapor liquid equilibria at various 
temperatures (277 to 422.6 K) . Experimental data was taken from (Dicko 
et al., 2012)....................................................................................................... 147 

Figure 6.12.  Model predictions for H2S+ n-C6 vapor liquid equilibria at various 
temperatures (322.9 to 422.6 K) . Experimental data was taken from 
(Laugier and Richon, 1995) ............................................................................. 148 

Figure 6.13. Model predictions for H2S + n-C7 vapor liquid equilibria at various 
temperatures (310.92 to 477.59 K) . Experimental data was taken from 
(Kalra et al., 1977; Ng et al., 1980) .................................................................. 148 

Figure 6.14. Model predictions for H2S + cyclohexane vapor liquid equilibria at various 
temperatures (323 to 422.6 K) . Experimental data was taken from (Laugier 
and Richon, 1995) ............................................................................................ 149 

Figure 6.15. Model predictions for H2S + ethylcyclohexane vapor liquid equilibria at 
various temperatures (310 to 477.6 K ) . Experimental data was taken from 
(Tang and Gross, 2010) .................................................................................... 149 



 

xviii 
 

Figure 6.16. Model predictions for CO2 + n-C3 vapor liquid equilibria without using 
binary interaction parameters at 273.14 to 294.1 K. Experimental data was 
taken from (Vitu et al., 2008)) ......................................................................... 151 

Figure 6.17. Model predictions for CO2 + n-C3 vapor liquid equilibria by using 
temperature dependent binary interaction parameters at 273.14 to 294.1 K. 
Experimental data was taken from (Vitu et al., 2008). .................................... 152 

Figure 6.18. Model predictions for CO2 + n-C3 vapor liquid equilibria by using 
temperature independent binary interaction parameters at 273.14 to 294.1 
K. Experimental data was taken from (Vitu et al., 2008) ................................ 152 

Figure 6.19. Model predictions for n-C2 + CO2 vapor liquid equilibria at 270 K. 
Experimental data was taken from (Turek et al., 1984; Vitu et al., 2008) ....... 153 

Figure 6.20. Model predictions for CO2 + i-C4 vapor liquid equilibria using a BIP (Left) 
and no BIP (Right) at 110.01 K. Experimental data was taken from 
(Besserer and Robinson, 1973; Vitu et al., 2008) ............................................ 153 

Figure 6.21. Model predictions for CO2 + O2 vapor liquid equilibria by using 
temperature independent binary interaction parameters at 223.15 to 283.15 
K. Experimental data was taken from (Diamantonis et al., 2013; 
Diamantonis and Economou, 2012) ................................................................. 154 

Figure 6.22. Model predictions for N2 + CO2 vapor liquid equilibria at 230 to 298.15 K 
(left) and at 293.40 K (Right) . Experimental data was taken from 
(Diamantonis et al., 2013) ................................................................................ 154 

Figure 6.23. Model predictions for CO2 + C1 vapor liquid equilibria without using a 
binary interaction parameter at 219.26 to 288.15 K. Experimental data was 
taken from (Diamantonis et al., 2013) ............................................................. 155 

Figure 6.24. Model predictions for n-C3+CO2 vapor liquid equilibria without using a 
BIP (left) and model predictions with a BIP (Right) at 310.15 K using a 4C 
association scheme. Experimental data was taken from (Vitu et al., 2008) .... 155 

Figure 6.25. Model predictions for n-C5+CO2 vapor liquid equilibria using a BIP at 
310.15 K using a 2B association scheme. Experimental data was taken from 
(Cheng et al., 1989) .......................................................................................... 156 

Figure 6.26. Model predictions for n-C5+CO2 vapor liquid equilibria without using a 
BIP (left) and model predictions with a BIP (right) at333.15 K using the 2B 
association scheme. Experimental data was taken from (Cheng et al., 1989) . 156 

Figure 6.27. Model predictions for the solubility of methane in ethanol at 280 to 333 K 
(a-c) . Experimental data was taken from (Brunner et al., 1987; Suzuki et al., 
1990; Ukai et al., 2002) .................................................................................... 157 



 

xix 
 

Figure 6.28. Model predictions for the solubility of ethane in ethanol over at 333 K. 
Experimental data was taken from (Ellis et al., 1968; Suzuki et al., 1990; 
Ukai et al., 2002) .............................................................................................. 158 

Figure 6.29. Model predictions for the solubility of propane in ethanol over a 
temperature range of 273.15 to 323.15 K (a-c) . Experimental data was 
taken from (Ellis et al., 1968; Kretschmer and Wiebe, 1949; Ukai et al., 
2002) ................................................................................................................ 158 

Figure 6.30. Solubility predictions for n-C4 in ethanol at 308.15 K (left) and at 298.15 K 
(right) . Experimental data was taken from (Kretschmer and Wiebe, 1949) ... 159 

Figure 6.31. Model predictions for the solubility of i-C4 in ethanol at 283.15 to 323.15 K 
(a-d) . Experimental data was taken from (Kretschmer and Wiebe, 1949) ..... 159 

Figure 6.32. Model predictions for the solubility of methane in methanol and its 
comparison with CSMGem at 280.15 K. Experimental data was taken from 
(Avlonitis et al., 1994; Haghighi, 2009)) ......................................................... 160 

Figure 6.33. Model predictions for the solubility of methane in methanol at 273.15 to 
330 K (a-d) . Experimental data was taken from (Avlonitis et al., 1994; 
Haghighi, 2009))  ............................................................................................. 161 

Figure 6.34. Model predictions for solubilities of ethane in methanol at 273.15 to 348.15 
K (a-f) . Experimental data was taken from (Avlonitis et al., 1994; Haghighi, 
2009; Li and Englezos, 2004) .......................................................................... 162 

Figure 6.35. Model predictions for solubilities of propane in methanol at 298.15 to 393 
K (a-d) . Experimental data was taken from (Avlonitis et al., 1994; 
Haghighi, 2009; Li and Englezos, 2004) ......................................................... 163 

Figure 7.1. Comparison of liquid density predictions from SRK EoS, PR EoS with cPA 
EoS for water (left) and hydrogen sulfide (right) ............................................ 170 

Figure 7.2. Comparison of liquid density predictions from SRK EoS, PR EoS with 
cPA-EoS for CO2 (left) and polypropylene glycol (right) ............................... 170 

Figure 7.3. Comparison of liquid density predictions from SRK EoS, PR-EoS with 
cPA-EoS for MEG (left) and ethanol (right) ................................................... 171 

Figure 7.4. Vapor pressure predictions using the Soave Redlich Kwong equation of 
state for various hydrate formers and organic inhibitors (a-f) ......................... 171 

Figure 7.5. Vapor pressure predictions using the Peng Robinson equation of state for 
various hydrate formers and organic inhibitors (a-e) ....................................... 172 

Figure 7.6. Model predictions for methane + propane (left) and methane + i-butane 
(right) vapor liquid equilibria using the Soave Redlich Kwong equation of 



 

xx 
 

state. Experimental data from (Olds et al., 1942; Wichterle and Kobayashi, 
1972) ................................................................................................................ 172 

Figure 7.7. Model predictions for C1 + n-C5 (left) and C1 + n-C6 (right) vapor liquid 
equilibria using the Soave Redlich Kwong equation of state. Experimental 
data from (Williams and Prodany, 1971; Williams and Katz, 1954) ............... 173 

Figure 7.8. Model predictions for C1 + n-C7 (left) and C1 + n-C8 (right) vapor liquid 
equilibria using the Soave Redlich Kwong equation of state. Experimental 
data from (Chang et al., 1966) ......................................................................... 173 

Figure 7.9. Model predictions for C1 + N2 (left) and C1 + n-C10 (right) vapor liquid 
equilibria using the Soave Redlich Kwong equation of state. Experimental 
data from (Dohrn and Brunner, 1995; Dohrn et al., 2012; Williams and 
Katz, 1954) ....................................................................................................... 174 

Figure 7.10. Model predictions for C1 + toluene (left) and n-C2 + n-C3 (right) vapor 
liquid equilibria using the Soave Redlich Kwong equation of state. 
Experimental data from (Lin et al., 1979) ........................................................ 174 

Figure 7.11. Model predictions for n-C2+ n-C8 (left and n-C2+ n-C7 (right) vapor liquid 
equilibria using the Soave Redlich Kwong equation of state. Experimental 
data from (Weng and Lee, 1992) ..................................................................... 175 

Figure 7.12. Model predictions for N2+cyclohexane (left) and N2+cyclopentane (right) 
vapor liquid equilibria using the Soave Redlich Kwong equation of state. 
Experimental data from ((Marathe and Sandler, 1991; Shibata and Sandler, 
1989) ................................................................................................................ 176 

Figure 7.13. Model predictions for C1+n-C3 (left) and C1+i-C4 (right) vapor liquid 
equilibria using the Peng Robinson equation of state. Experimental data 
from ((Olds et al., 1942; Wichterle and Kobayashi, 1972) .............................. 177 

Figure 7.14. Model predictions for C1+n-pentane (left) and C1+n-C6 (right) vapor liquid 
equilibria using the Peng Robinson equation of state. Experimental data 
from (Williams and Prodany, 1971; Williams and Katz, 1954) ...................... 178 

Figure 7.15. Model predictions for C1+n-heptane (left) and C1+n-C8 (right) vapor liquid 
equilibria using the Peng Robinson equation of state. Experimental data 
from (Chang et al., 1966) ................................................................................. 178 

Figure 7.16. Model predictions for n-C3+i-C4 (left) and n-C3+n-C5 (right) vapor liquid 
equilibria using the Peng Robinson equation of state. Experimental data 
from (Kayukawa et al., 2005; Olds et al., 1942). ............................................. 179   

Figure 7.17. Model predictions for n-C3 + n-decane (left) and n-C3 + CO2 (right) vapor 
liquid equilibria using the Peng Robinson equation of state. Experimental 
data from (Vitu et al., 2008). ............................................................................ 179 



 

xxi 
 

Figure 7.18. Model predictions for n-C3 + H2S (left) and n-C3 + N2 (right) vapor liquid 
equilibria using the Soave Redlich Kwong equation of state. Experimental 
data from (Carroll and Mather, 1992, 1995; Grausø et al., 1977) ................... 180 

Figure 7.19. Model predictions for i-C5 + H2S (left) and C1 + H2S (right) vapor liquid 
equilibria using the Soave Redlich Kwong equation of state. Experimental 
data from (Gillespie et al., 1982; Haghighi, 2009; Leu and Robinson, 1989) . 180 

Figure 7.20. Model predictions for n-C6 + H2S (left) and n-C7 + H2S (right) vapor liquid 
equilibria using the Soave Redlich Kwong equation of state. Experimental 
data from (Laugier and Richon, 1995) ............................................................. 181 

Figure 7.21. Model predictions for cyclohexane+H2S (left) and ethylcyclohexane + H2S 
(right) vapor liquid equilibria using the Soave Redlich Kwong equation of 
state. Experimental data from (Laugier and Richon, 1995) ............................. 181 

Figure 7.22. Model predictions for CO2 + i-C4 (left) and CO2 + n-C6 (right) vapor liquid 
equilibria using the Soave Redlich Kwong equation of state. Experimental 
data from (Nagahama et al., 1974; Vitu et al., 2008) ....................................... 182 

Figure 7.23. Model predictions for CO2 + i-C4 (left) and CO2 + n-C6 (right) vapor liquid 
equilibria using the Soave Redlich Kwong equation of state. Experimental 
data from (Kim et al., 1986) ............................................................................. 182 

Figure 7.24. Model predictions for CO2 + cyclopentane (left) and CO2 + ethyl benzene 
(right) vapor liquid equilibria using the Soave Redlich Kwong equation. 
Experimental data from (Marathe and Sandler, 1991; Tan et al., 1991) .......... 183 

Figure 7.25. Model predictions for H2S +cyclohexane (left) and H2S + n-C2 (right) vapor 
liquid equilibria using the Peng Robinson equation of state. Experimental 
data from (Laugier and Richon, 1995) ............................................................. 183 

Figure 7.26. Model predictions for H2S + ethylcyclohexane (left) and H2S + i-C4 (right) 
vapor  liquid equilibria using the Peng Robinson equation of state. 
Experimental data from (Leu and Robinson, 1989) ......................................... 184 

Figure 7.27. Model predictions for H2S + C1 (left) and H2S + n-C4 (right) vapor liquid 
equilibria using the Peng Robinson equation of state. Experimental data 
from (Gillespie et al., 1982; Haghighi, 2009; Leu and Robinson, 1989)) ....... 184 

Figure 7.28. Model predictions for CO2 +1-hexene (left), CO2 + benzene (middle) and 
CO2+cyclohexane (right) vapor liquid equilibria using the Peng Robinson 
equation of state. Experimental data from (Kim et al., 1986; Shibata and 
Sandler, 1989; Wagner and Wichterle, 1987) .................................................. 185 

Figure 7.29. Model predictions for CO2 + cyclopentane (left), CO2 + n-C10 (middle) and 
CO2+ethyl benzene (right) vapor liquid equilibria using the Peng Robinson 



 

xxii 
 

equation of state . Experimental data from (Marathe and Sandler, 1991; Tan 
et al., 1991)) ..................................................................................................... 185 

Figure 8.1. Model predictions for CO2 + n-C10 (left & CO2 + methylcyclohexane (right) 
vapor liquid equilibria using the perturbed chain statistical associating fluid 
theory. Experimental data from (Kalra et al., 1977; Marathe and Sandler, 
1991; Ng and Robinson, 1979; Tan et al., 1991) ............................................. 191 

Figure 8.2. Model predictions for CO2 + cyclohexane (left) & CO2 + benzene (right) 
vapor liquid equilibria using perturbed chain statistical associating fluid 
theory. Experimental data from (Kim et al., 1986; Shibata and Sandler, 
1989) ................................................................................................................ 191 

Figure 8.3. Model predictions for CO2 + n-C7 (left) & CO2 + toluene (right) vapor 
liquid equilibria using perturbed chain statistical associating fluid theory. 
Experimental data from (Kalra et al., 1977; Kim et al., 1986; Shibata and 
Sandler, 1989) ………………………………………... .................................. 192 

Figure 8.4. Model predictions for CO2 + ethylbenzene (left) & CO2 + 1-hexene (right) 
vapor liquid equilibria using the perturbed chain statistical associating fluid. 
Experimental data from (Tan et al., 1991; Wagner and Wichterle, 1987). ...... 192 

Figure 8.5. Model predictions for CO2 + n-C6 (left) & CO2 + n-C8 (right) vapor liquid 
equilibria using the perturbed chain statistical associating fluid theory. 
Experimental data from (Tochigi et al., 2010; Vitu et al., 2008) ..................... 193 

Figure 8.6. Model predictions for H2S + C1 (left) and H2S + n-C2 (right) vapor liquid 
equilibria using the perturbed chain statistical associating fluid theory. 
Experimental data from (Laugier and Richon, 1995) ...................................... 193 

Figure 8.7. Model predictions for H2S + n-C4 (left) and H2S + i-C4 (right) vapor liquid 
equilibria using the perturbed chain statistical associating fluid theory. 
Experimental data from (Dicko et al., 2012; Kalra et al., 1977; Leu and 
Robinson, 1989)) .............................................................................................. 194 

Figure 8.8. Model predictions for H2S+n-C7 (left) and H2S +cyclohexane (right) vapor 
liquid equilibria using the perturbed chain statistical associating fluid 
theory. Experimental data from (Kalra et al., 1977; Laugier and Richon, 
1995; Ng et al., 1980)....................................................................................... 194 

Figure 8.9. Model predictions for H2S + ethylcyclohexane vapor liquid equilibria using 
the perturbed chain statistical associating fluid theory. Experimental data 
from (Tang and Gross, 2010) ........................................................................... 195 

Figure 8.10. Model predictions for CO2 + n-C10 (Left) and CO2+MCH (Right) vapor 
liquid equilibria using statistical associating fluid theory. Experimental data 
from (Ng and Robinson, 1979; Sebastián et al., 1980) .................................... 196 



 

xxiii 
 

Figure 8.11. Model predictions for CO2 + n-C10 (left) and CO2+toluene (right) vapor 
liquid equilibria using statistical associating fluid theory. Experimental data 
from (Kim et al., 1986; Ng and Robinson, 1979; Sebastián et al., 1980) ........ 197 

Figure 8.12. Model predictions for CO2 + ethylbenzene vapor liquid equilibria using 
statistical associating fluid theory. Experimental data from (Tan et al., 
1991)  ............................................................................................................... 197 

Figure 8.13. Model predictions for CO2 + n-C6 (left) and CO2 + n-C8 (right) vapor liquid 
equilibria using statistical associating fluid theory. Experimental data from 
(Tochigi et al., 2010; Vitu et al., 2008) ............................................................ 198 

Figure 8.14. Model predictions for H2S + cyclohexane (left) and H2S + 
ethylcyclohexane (right) vapor liquid equilibria using statistical associating 
fluid theory. Experimental data from (Laugier and Richon, 1995; Tang and 
Gross, 2010) ..................................................................................................... 198 

Figure 8.15. Model predictions for H2S + C1 vapor liquid equilibria using statistical 
associating fluid theory. Experimental data from (Gillespie et al., 1982; 
Haghighi, 2009) ............................................................................................... 199 

Figure 8.16. Comparison of absolute average deviation in pressure (AADP) for CO2 
containing binary systems using five equation of states. (cubic and SAFT 
based EoS)........................................................................................................ 200 

Figure 8.17. Comparison of absolute average deviation in pressure (AADP) for H2S 
containing binary systems using five equation of states (cubic and SAFT 
based equation of states)  ................................................................................. 200 

Figure 8.18. Comparison of absolute average deviation in pressure (AADP %) for H2S 
containing binary systems using SAFT & PC-SAFT EoS for various H2S 
containing binary systems (C1-C9 binary systems are listed in Table A8.1). .. 201 

Figure 8.19. Comparison of absolute average deviation in pressure (AADP %) for H2S 
containing binary systems using SAFT & PC-SAFT EoS for various CO2 

containing binary systems. ((C1-C9) binary systems are enlisted in Table 
A8.2) ................................................................................................................ 201 

Figure 9.1. Mean activity coefficient experimental data for 1:1 and 1:2 electrolytes. 
Experimental data from (Harned and Owen, 1939). ........................................ 206 

Figure 9.2. Mean activity coefficient calculations for sodium chloride using Debye 
Huckel (left) and Bromley activity model (right) Experimental data from 
(Harned and Owen, 1939).. .............................................................................. 209 

Figure 9.3. Mean activity coefficient calculations for sodium iodide using the Debye 
Huckel (left) and Bromley activity models (right) Experimental data from 
(Harned and Owen, 1939). ............................................................................... 209 



 

xxiv 
 

Figure 9.4. Mean activity coefficient calculations using the Debye Huckel and BAM 
models for  potassium chloride (left) and potassium bromide (right) 
Experimental data from (Harned and Owen, 1939).. ....................................... 210 

Figure 9.5. Mean activity coefficient calculation using the Debye Huckel and BAM 
models for  sodium chloride (left) and sodium bromide (right) Experimental 
data from (Harned and Owen, 1939).. ............................................................. 211 

Figure 9.6. Mean activity coefficient calculations using the Debye Huckel and BAM 
model for  potassium chloride (left) and potassium bromide (right) 
Experimental data from (Harned and Owen, 1939).. ....................................... 211 

Figure 9.7. Mean activity coefficient calculations using the Debye Huckel and BAM 
models for Lithium chloride (left) and Lithium bromide (right) 
Experimental data from (Harned and Owen, 1939).. ....................................... 212 

Figure 9.8. Mean activity coefficient calculation using various activity models for 
sodium chloride Experimental data from (Harned and Owen, 1939). ............. 214 

Figure 9.9. Mean activity coefficient calculations using various activity models for 
sodium iodide (left) and potassium chloride (right) Experimental data from 
(Harned and Owen, 1939).. .............................................................................. 214 

Figure 9.10. Mean activity coefficient calculations using various activity models for 
Rubidium chloride (left) and potassium bromide (right) Experimental data 
from (Harned and Owen, 1939).. ..................................................................... 215 

Figure 9.11. Mean activity coefficient calculations using various activity models for 
sodium chloride up to the saturation limit (Gordon, 1975; Robinson and 
Stokes, 2002)…………... ................................................................................. 215 

Figure 9.12. Mean activity coefficient calculations using various activity models for 
potassium chloride up to the saturation limit. Experimental data from 
(Gordon, 1975; Harned and Owen, 1939; Robinson and Stokes, 2002). ......... 216 

Figure 9.13. Mean activity coefficient calculations using various activity models for 
sodium bromide (left) and sodium iodide (right) up to the saturation limit . 
Experimental data from.  (Gordon, 1975; Harned and Owen, 1939; 
Robinson and Stokes, 2002). ………………………………………............... 216 

Figure 9.14. Mean activity coefficient calculations using various activity models for 
potassium bromide (left) and potassium iodide (Figure) up to the saturation 
limit . Experimental data from (Gordon, 1975; Harned and Owen, 1939; 
Robinson and Stokes, 2002).. ……………………………………….............. 217 

Figure 9.15. Phase equilibria predictions for methane + CaCl2 at 5 and 10 wt. % salt 
concentration. Experimental data from (Dalmazzone et al., 
2002).…………... ………………………………………... ............................ 218 



 

xxv 
 

Figure 9.16. Phase equilibria predictions for ethane + CaCl2 at 5 and 10 wt. % salt 
concentration. Experimental data from (P. Englezos et al., 2002)………....... 218 

Figure 9.17. Mean activity coefficient calculations using various activity models for 
calcium chloride (1:2 electrolyte) up to the saturation limit. (Gordon, 1975; 
Harned and Owen, 1939; Robinson and Stokes, 2002)... ................................ 219 

Figure 9.18. Mean activity coefficient calculations using various activity models for 
calcium bromide (left) and calcium iodide (right) up to the saturation limit. 
(Gordon, 1975; Harned and Owen, 1939; Robinson and Stokes, 2002).. ........ 219 

Figure 9.19. Mean activity coefficient calculations using various activity models for 
calcium iodide (left) and barium chloride (right) up to the saturation limit 
(Gordon, 1975; Harned and Owen, 1939; Robinson and Stokes, 2002).. ........ 220 

Figure 9.20. Mean activity coefficient calculations using various activity models for 
barium bromide (left) and magnesium chloride (right) up to the saturation 
limit  (Gordon, 1975; Harned and Owen, 1939; Robinson and Stokes, 
2002)……………………... ............................................................................. 220 

Figure 9.21. Mean activity coefficient calculations using various activity models for 
sodium chloride over a temperature range of 0 to 25 oC (a to f) up to the 
saturation limit. (Gordon, 1975; Harned and Owen, 1939; Robinson and 
Stokes, 2002) ……………………... ................................................................ 222 

Figure 9.22. Mean activity coefficient calculations using various activity models for 
sodium chloride over the temperature range of 30 to 100 oC (a to i) up to 
the saturation limit  (Gordon, 1975; Harned and Owen, 1939; Robinson and 
Stokes, 2002) ……………………... ................................................................ 222 

Figure 9.23. Mean activity coefficient calculations using various activity models for 
potassium chloride over a temperature range of  0 to 40 oC (a to i) up to the 
saturation limit (Gordon, 1975; Harned and Owen, 1939; Robinson and 
Stokes, 2002) ……………………... ................................................................ 223 

Figure 9.24. Mean activity coefficient calculations using various activity models for 
calcium chloride over a temperature range of 0 to 70 oC (a-i) up to the 
saturation limit (Gordon, 1975; Harned and Owen, 1939; Robinson and 
Stokes, 2002) ……………………... ................................................................ 224 

Figure 9.25. Relative static permittivity calculation (equation 9-11) as a function of 
temperature……………................................................................................... 225 

Figure 9.26. Relative static permittivity calculation as a function of temperature. 
Experimental data from (Mathias et al., (2014)). ............................................. 226 



 

xxvi 
 

Figure 9.27. Density predictions for sodium chloride as a function of molality for a 
temperature range of 0 to 30 oC. Experimental data from Mathias et al., 
(2014) ……………...……………... ................................................................ 227 

Figure 9.28. Density predictions for potassium chloride as a function of molality for a 
temperature range of 0 to 30 oC. Experimental data from Mathias et al., 
(2014). ……………...……………... ............................................................... 227 

Figure 9.29. Density predictions for calcium chloride as a function of molality for a 
temperature range of 0 to 30 oC. Experimental data from Mathias et al., 
(2014) . ……………...……………... .............................................................. 228 

Figure 9.30. Helmholtz free energy calculations for sodium chloride using the mean 
field spherical approximation (MSA) as a function of molality for a 
temperature range of 273.15 to 400.15 K. ....................................................... 229 

Figure 9.31. Screening length calculations for sodium chloride as a function of molality 
using the Mean field spherical approximation and Debye Huckel theory. ...... 230 

Figure 9.32. Algorithm for the mean activity calculation using the mean field spherical 
approximation (MSA). .. .................................................................................. 233 

Figure 9.33. Mean activity coefficient calculations using the mean field spherical 
approximation for sodium chloride up to the saturation limit . Experimental 
data from (Gordon, 1975; Harned and Owen, 1939; Robinson and Stokes, 
2002). . ……………...……………... .............................................................. 233 

Figure 9.34. Mean activity coefficient calculations using the mean field spherical 
approximation for potassium chloride up to saturation limit. Experimental 
data from (Gordon, 1975; Harned and Owen, 1939; Robinson and Stokes, 
2002). . . ……………...……………... ............................................................ 234 

Figure 9.35. Mean activity coefficient calculations using the mean field spherical 
approximation for  calcium chloride up to the saturated solution (left) and at 
low concentrations (right). Experimental data from (Gordon, 1975; Harned 
and Owen, 1939; Robinson and Stokes, 2002). ............................................... 234 

Figure 9.36. Mean activity coefficient calculations using the mean field spherical 
approximation for magnesium chloride up to the saturation limit 
Experimental data from (Gordon, 1975; Harned and Owen, 1939; Robinson 
and Stokes, 2002).………... ............................................................................. 235 

Figure 9.37. Algorithm for the electrolyte equation of state ................................................ 236   

Figure 10.1. Phase equilibria predictions for various hydrate formers (using CSMGem) ... 241 

Figure 10.2. Rising velocities of hydrate particles as a function of hydrate particle radius 
(Model predictions) .………... ......................................................................... 241 



 

xxvii 
 

Figure 10.3. High pressure Jerguson system.  ...................................................................... 242 

Figure 10.4. Nucleation induction time variations with subcooling. The solid line is to 
guide eye.……………... .................................................................................. 243 

Figure 10.5. Various hydrate morphologies. ........................................................................ 244 

Figure 10.6. Morphology changes of methane-ethane hydrate during hydrate formation 
at 1.6 oC and 610 psi.…... ................................................................................ 245 

Figure 10.7. Morphology changes of methane-ethane hydrate during hydrate formation 
at 1.6 oC and 610 psi with 3.3 wt% salt solution ............................................. 245  

Figure 10.8. Schematic of high pressure desalination cell. .................................................. 249 

Figure 10.9. High pressure desalination setup ...................................................................... 250 

Figure 10.10. Process flow diagram of HP desalination system. ........................................... 251 

Figure 10.11. Temperature and pressure profiles as a function of time for a fresh water 
system…………………................................................................................... 253 

Figure 10.12. Hydrate morphology as a function of time, showing hydrate crystals rising 
up and overflowing from the inner bubble column.......................................... 254 

Figure 10.13. Temperature and pressure profiles as a function of time for a 3.3 wt.% 
saline water system……... ............................................................................... 254 

Figure 10.14. Conceptual picture presenting hydrate overflow. ............................................ 255 

Figure 10.15. Desalination efficiencies for HP desalination experiments. ............................ 256 

Figure 10.16. Conceptual picture illustrating overflow of unreacted saline solution.……... 256 

Figure 10.17. Temperature and pressure profiles as function of time for desalination in the 
presence of mineral oil (nucleation times was  based on visual 
observations)…………... ................................................................................. 257 

Figure 10.18. Desalination efficiencies for HP desalination as a function of MO volume... . 258 

Figure 10.19. Desalination efficiencies for HP desalination as a function of pressure…... ... 258 

Figure 10.20. Temperature and pressure profiles as a function of time for 3.3 wt.% saline 
solution………………... .................................................................................. 259 

Figure 10.21. Desalination efficiency for HP desalination experiment with 30 mL 
dodecane and 3.3 wt.% saline solution ............................................................ 260 

Figure 11.1. Conceptual picture for gas separation using hydrate formation ...................... 264 



 

xxviii 
 

Figure 11.2. Phase equilibria predictions for CH4+H2S binary systems over a range of 
temperature (left) and expanded view (right) .................................................. 264 

Figure 11.3. Predicted mole fractions of CH4 and H2S in binary hydrate systems... ........... 265 

Figure 11.4. Process design for the Bab Field (70 mol.% CH4+30 mol.% H2S). ................ 266 

Figure 11.5. Phase equilibria predictions for CH4+CO2 binary systems over a range of 
temperature (left) and expanded view (right) .................................................. 266 

Figure 11.6. Fractional hydrate small cage occupancy for CO2 (left) and CH4 (right) ........ 267 

Figure 11.7. Fractional hydrate large cage occupancy for CH4 (left) and CO2 (right). ........ 267 

Figure 11.8. Process design for CO2+CH4 separation.. ........................................................ 268 

Figure 11.9. Effect of process conditions on the number of CH4/CO2 separation stages... . 269 

Figure 11.10. Phase equilibria predictions for N2+CO2 binary systems at lower 
temperature (left) and higher temperature (right).………………………... .... 270 

Figure 11.11. Cage occupancy variation with temperature for CO2 over a range of 
gaseous compositions in the small cavity (left) and large cavity (right)…... .. 270 

Figure 11.12. Cage occupancies variation with temperature for nitrogen over a range of 
gaseous compositions in the small cavity (left) and large cavity (right).…... . 271 

Figure 11.13. Process design for CO2 + N2 separation.…………………………………... ... 272 

Figure 11.14. Effect of process conditions on the number of N2/CO2 separation stages.... ... 272 

 

 

 

 

 

 

 



 

xxix 
 

LIST OF TABLES 

Table 1.1.  Typical salt concentrations for various water sources (Xu, 2013) ...................... 6 

Table 2.1.  VLE data for binary mixture of hydrogen sulfide and hydrocarbons ................ 29 

Table 2.2.  VLE data for binary mixture of carbon dioxide and hydrocarbons ................... 31 

Table 2.3.  VLE data for binary mixture of methane and hydrocarbons ............................. 32 

Table 2.4.  VLE data for binary mixture of ethane and hydrocarbons ................................ 33 

Table 2.5.  VLE data for binary mixture of hydrogen and hydrocarbons ............................ 34 

Table 2.6.  VLE data for binary mixture of nitrogen and hydrocarbons ............................. 35 

Table 2.7.  Hydrate phase equilibria for pure methane hydrates ......................................... 40 

Table 2.8.  Hydrate phase equilibria for methane in the presence of inhbitors ................... 46 

Table 3.1.  Hydrate activity parameters ............................................................................... 60 

Table 3.2.  Parameters for hydrate volume calculation ....................................................... 60 

Table 3.3.  Gas hydrate structural parameters and formation properties ............................. 62 

Table 3.4.  Formation properties for pure water .................................................................. 62 

Table 3.5.  Hydrate phase equilibria prediction capability for H-Lw-LHC ........................... 64 

Table 3.6.  Percentage deviation in pressure (AADP) for H2+ CH4 mixture ...................... 67 

Table 3.7.  Absolute average deviation in pressure (AADP) for pure cyclopentane for 
various optimized Kihara parameters ................................................................ 72 

Table 4.1.  Absolute average deviation in pressure for methane hydrate in presence of 
methanol. (Experimental data from (Mohammadi and Richon, 2010; Ng and 
Robinson, 1983; Ng and Robinson, 1985) ......................................................... 83 

Table 4.2.  Absolute average deviation in pressure for methane hydrate in the presence 
of monoethylene glycol (MEG).Experimental data from (Ng and Robinson, 
1985) .................................................................................................................. 84 

Table 4.3.  Absolute average deviation in pressure for ethane hydrate in the presence of 
monoethylene glycol (MEG). Experimental data from (Mohammadi et al., 
2008; Mohammadi and Richon, 2010; Ng et al., 1985) .................................... 84 

Table 4.4.  Absolute average deviation in pressure for ethane hydrate in the presence of 
NaCl. Experimental data from (Englezos and Bishnoi, 1991) .......................... 84 



 

xxx 
 

Table 4.5.  Absolute average deviation in pressure for ethane hydrate in the presence of 
organic inhibitor. Experimental data from (Haghighi et al., 2009). .................. 85 

Table 4.6.  Absolute average deviation in pressure for ethane hydrate in the presence of 
methanol and ethanol. Experimental data from (Mohammadi et al., 2008) ...... 85 

Table 4.7.  Absolute average deviation in pressure for propane hydrate in the presence of 
NaCl. Experimental data from (Ng et al., 1985; Ng and Robinson, 1983) ........ 85 

Table 4.8.  Absolute average deviation in pressure for propane hydrate in the presence of 
organic inhibitors. Experimental data from (Mohammadi et al., 2008; Ng and 
Robinson, 1983) ................................................................................................. 86 

Table 4.9.  Absolute average deviation in pressure for H2S hydrate in the presence of 
TEG. Experimental data from (Haghighi et al., 2009). ..................................... 86 

Table 4.10.  Absolute average deviation in pressure for H2S hydrate in the presence of 
methanol. Experimental data from (Ng and Robinson, 1985). .......................... 86 

Table 4.11.  Absolute average deviation in pressure for methane + CO2 hydrate in the 
presence of mixed inhibitors. Experimental data from (Fan et al., 2000) ......... 87 

Table 4.12.  Absolute average deviation in pressure for methane + ethane + propane  
hydrate in the presence of  mixed inhibitors. Experimental data . from (Ng 
and Robinson, 1983) .......................................................................................... 87 

Table 4.13.  Association scheme for various components (Hartono and Kim, 2004) ........... 97 

Table 4.14.  Analytical solutions for different associative species equations. (Huang and 
Radosz, 1990, 1991) .......................................................................................... 99 

Table 4.15.  Summary of Elliot mixing rules for the association equation of state 
(Derawi et al., 2003) ........................................................................................ 100 

Table 5.1.  DIPPR correlation parameters and their accuracy ........................................... 114 

Table 5.2.  Optimized association equation of state parameters for water using 4C 
association scheme ........................................................................................... 116 

Table 5.3.  Optimized association equation of state parameters for water using 4C 
association scheme ........................................................................................... 117 

Table 5.4.  Optimized association equation of state parameters for methanol using 2B 
association scheme ........................................................................................... 118 

Table 5.5.  Summary of optimized association equation of state parameters for polar 
hydrate formers and organic inhibitors ............................................................ 121 

Table 5.6.  Absolute average deviation for methane solubility in water ........................... 124 



 

xxxi 
 

Table 5.7.  Optimized binary interaction parameters for water and non-associating 
hydrate formers ................................................................................................ 128 

Table 5.8.  Optimized binary interaction parameters for water and non-associating 
hydrate formers ................................................................................................ 130 

Table 5.9.  Optimized binary interaction parameters for water and non-associating 
hydrate formers ................................................................................................ 134 

Table 6.1.  Optimized binary interaction parameters for methane with non-associating 
hydrate formers ................................................................................................ 143 

Table 6.2.  Optimized binary interaction parameters for ethane with non-associating 
hydrate formers ................................................................................................ 144 

Table 6.3.  Optimized binary interaction parameters for hydrogen sulfide with non- 
associating hydrate formers ............................................................................. 150 

Table 6.4.  Optimized binary interaction parameters for carbon dioxide with non-
associating hydrate formers ............................................................................. 151 

Table 6.5.  Optimized binary interaction parameters for organic inhibitors (methanol & 
ethanol) ............................................................................................................ 162 

Table 8.1.  PC-SAFT parameters for associating and non-associating components 
(Table modified from (Gross and Sadowski, 2001) ........................................ 190 

Table 8.2.  SAFT parameters for associating and non associating components (Table 
modified from (Ting, 2003)) ............................................................................ 196 

Table 9.1.  Bromley activity model parameters (Table reproduced from the Bromley 
activity model) ................................................................................................. 208 

Table 9.2.  Pitzer theory parameters (Table was Reproduced from (Pitzer, 1973, 1991)).
 ......................................................................................................................... 213 

Table 10.1.  Effect of replenish time on nucleation induction period at 9.58 oC 
subcooling ........................................................................................................ 246 

Table 10.2.  Effect of replenish time on the nucleation induction period at 9.35 oC 
subcooling ........................................................................................................ 247 

Table 10.3.  Effect of replenish time on nucleation induction period at 6.69 oC 
subcooling ........................................................................................................ 247 

Table 10.4.  Effect of replenish time on nucleation induction period for 9.35 oC 
subcooling using 3.3 wt.% salt solution .......................................................... 248 



 

xxxii 
 

Table 10.5.  Effect of replenish time on nucleation induction period at 9.44 oC 
subcooling with using 3.3 wt.% salt solution .................................................. 248 

Table 10.6.  Dimensions of the bubble reactor and dissociation column of the high 
pressure desalination cell ................................................................................. 250 

Table 10.7.  High pressure desalination experiments (MO = mineral oil) .......................... 252 

Table 10.8.  HP fresh water experiments. [OF=overflowing] ............................................. 259 

 

 

  



 

xxxiii 
 

NOMENCLATURE 
 
 
Symbol 
 
T   Temperature 

x   Mole fraction 

P   Pressure 

mv   Number of Cages per unit water molecules 

im   Fractional cage occupancy of component i in cage m 


wg   Gibbs free energy of empty hydrate 

H
w   Activity of water in hydrate phase 

K
w   Fugacity of water in arbitrary phase k 

o
wg   Gibbs free energy of water at standard state (To=298.15, Po =1 bar) 

o
wh   Enthalpy of water at standard state (To=298.15, Po =1 bar) 

H
w   Chemical potential of water in hydrate phase 

pC   Specific heat 

i   Expansion coefficient 

HV   Volume of hydrate 


wog  Change in Gibbs free energy of empty hydrate at standard state (To=298.15, Po 

=1 bar) 


woh  Change in enthalpy of empty hydrate at standard state (To=298.15, Po =1 bar) 

a   Constant for sI & sH 

b   Constant for sI & sH 


wV   Volume of the empty hydrate 

oa   Expansion Coefficient for  sI , sII & sH 

imC   Langmuir constant of component i in cage m 

imw   Interactive potential of component i in cage m 



 

xxxiv 
 

r   Position of guest molecule in cage  

N   Arbitrary number  

R   Cage Radii 

Lpure
wV   Volume of the pure water 

Lpure
wh   Enthalpy of the pure water 

Lpure
w Chemical potential of pure water 

iD   Diameter of guest 

avgD   Average Diameter  

m   Coordination number 

v   Molar volume 

wL   Liquid water 

LHCL   Liquid hydrocarbon 

W   Water 

V   Vapor 

cT   Critical temperature 

cP   Critical pressure 

w   Acentric factor 

A   Helmholtz free energy 

U   Internal energy 

X   Mole fraction of site not bonded 

Z   Compressibility factor 

z   Charge number 

k   Debye Huckel Length 

   Number density 

   Association energy 

   Association volume 

 



 

xxxv 
 

   Association strength 

   Temperature independent diameter 

AVN   Avogadro number 

o   Permittivity of free space 

   Dielectric constant 

e   Elementary charge 

I   Ionic strength 

x   Liquid phase mole fraction 

y   Vapor phase mole fraction 

Symbol 

seg   Segments 

chain   Chain molecules 

Assos   Association 

EoS   Equation of state 

Elec   Electrolyte 

DIPPR Design institute for physical properties 

Cal   Calculated 

Index 

i   Component (gas hydrate former or cation or anion) 

m   Cage 

j   Guest molecule 

k   Arbitrary phase 

 
 
 
 
 
 
 
 



 

xxxvi 
 

ACKNOWLEDGEMENTS 

 The work done in this thesis would not be possible without acknowledging the following 

individuals.  

 First and foremost, I would like to express gratitude to my thesis advisor, Dr. Carolyn 

Koh for her supervision, guidance, and providing me with an opportunity to work in a valued 

center of hydrate research. I could not have imagined having a better advisor and mentor for my 

Ph.D study. My sincere thanks also goes to Dr. Amadeu K Sum, Dr. Cornelis J Peters and Dr. E 

Dendy Sloan for their encouragement, patience and insightful comments which motivated me to 

widen my research from various perspectives. 

 Beside my advisor, I would also like to thank the rest of  my Phd thesis committee, 

Professors Luis Zerpa, Dough Way , Melissa Krebs and Dr. Cornelis Peters for their suggestions, 

criticisms, and assistance during the development of this project. In particular, I am thankful to 

the petroleum institute Abu Dhabi for funding my Ph.D studies at the Colorado school of mines. 

I acknowledge my senior hydrate busters Dr. Ishan Rao, Dr. Patrick Lafond, Dr Gary Grim and 

Dr Giovanny Grasso. From the beginning, Ishan and Giovanny patiently worked with me in the 

lab and taught me the safety procedures involved. 

 I would also thank the past and the current graduate students of the center of hydrate 

research, Giovanny Grasso, Prithvi Vijaymohan, Piyush Chaudhari , Patric Lafond, Erika Brown, 

Gary Grim, Dr. Zach Aman, Mike Jones, Hongfei Xu, Jose Dapena, Yue Hu and Hao Qin, for 

their stimulating discussions, ideas and above all friendship throughout this period. A special 

thanks to Dr. Pramod Warrier, Dr. Zachary ward and Hao Qin for helping with CSMGem 

interface and fluid phase modeling work. I am grateful to Dr. Luis Zerpa (Now Professor at the 

Colorado School of Mines), for providing Matlab codes, which were really helpful in optimizing 

Kihara parameters and phase equilibria calculation.  

 Also I would like to mention that Jeffery young and Xiaoyuan Zhou (undergraduate 

student at the Colorado School of Mines) were a great source of help in the compilation of 

experimental data and phase behavior simulation. Last but not the least, I would like to thank my 

family: my parents Mr. Muhammad Salem Khan and Farzana Saleem for their never ending love, 

prayers and support. Special thanks to my lovely wife (Haleema Naveed), for helping and 

organizing my work but also having faith in me.  

 



1 
 

CHAPTER 1 

INTRODUCTION 

 Clathrate hydrates (also known as gas hydrates) are non-stoichiometric inclusion 

compounds comprised of suitably sized gas (guest) molecules which are trapped inside 

hydrogen-bonded water cages typically at elevated pressures (e.g. 2-10 MPa) and seafloor 

temperatures (e.g. 4o C). The three common gas hydrate crystal structures are sI, sII and sH, 

which have different sized cavities and crystallographic structures (Figure 1.1). Structure I (sI) is 

a primitive cubic structure with two pentagonal dodecahedral (small, 512) cages, where 5 

represents the number of sides per face and 12 is the number of faces per cage, and six 

tetrakaidecahedral (large, 51262) cages per unit cell. Structure II (sII) is a diamond cubic structure 

with sixteen 512 (small) cages and eight hexakaidecahedral (large, 51264) cages per unit cell. 

Structure H comprises three 512 small cages, two irregular dodecahedral (mid-sized, 435663) 

cages, and one icosahedral (large, 51268) cage per unit cell (Jeffrey, 1984; Sloan Jr and Koh, 

2007).  

 

 

Figure 1.1.  The three most common hydrate structures sI, sII, sH, and the number of cages 
which make up their respective unit cells (Strobel et al., 2009a). 
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 Typical structure I gas hydrate formers include methane, ethane, carbon dioxide and 

hydrogen sulfide. Depending upon the size of the guest molecule some molecules can occupy 

both the small and large cages (e.g. methane), while others just fill the large cages (e.g. ethane). 

Typical structure II gas hydrate formers include nitrogen, propane, tetrahydrofuran (THF). Small 

molecules such as H2 or N2 can form structure II (sII) hydrates, and these small molecules at high 

pressures (e.g. above 70 MPa) can occupy the cavities as clusters of 2, 3 or 4 molecules (Dyadin 

et al., 1999; Sloan Jr and Koh, 2007; Strobel et al., 2006). Figure 1.2 summarizes the effect of 

guest (hydrate former) diameter on clathrate structure along with various hydrate formers. 

 

 

Figure 1.2. Effect of hydrate former diameter on hydrate structures (Grim, R, 2014) 

 

 Structure H (sH) can trap in the icosahedral cavity much larger molecules (e.g. 

methylcyclohexane, adamantane) compared to sI or sII. The size of the guest molecule(s), 

temperature and pressure dictate the thermodynamic stability of the gas hydrate crystal. Gas 

hydrates have many important applications, including flow assurance, desalination of seawater, 

gas storage and separation, carbon dioxide sequestration, and energy recovery from the naturally 

occurring methane deposits. Increased interest in sH hydrate is attributed towards its enhanced 

storage capacity in comparison with the other two structures (sI, sII). Many of these gas hydrate 
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applications rely on the energy density of these materials, i.e. 164 volumes of gas are contained 

within one volume of hydrate (Sloan and Koh, 2008; Strobel et al., 2008).  

1.1. Areas of Research 

 In 1934 Hammerschmidt discovered that gas hydrates could form in gas pipelines, 

leading to plugging of these natural gas transmission lines at temperatures above 0 oC and 

relatively high pressures (Hammerschmidt, 1934). High pressure and low temperature conditions 

inside subsea oil and gas pipelines coupled with the presence of water and light hydrocarbons 

provide the ideal thermodynamic conditions for gas hydrate formation, which can eventually 

lead to pipeline blockage (Figure 1.3). The severe safety and economic risks associated with 

hydrate plug formation in oil/gas pipelines has been the major motivation for previous flow 

assurance studies over the past decades investigating a variety of methods for gas hydrate 

avoidance and kinetic management (Creek et al., 2011). 

 

 

Figure 1.3.  A gas hydrate plug recovered from a subsea oil pipeline slug catcher (courtesy of 
Petrobras) (Koh et al., 2011). 
 

 A significant amount of research has been carried out on hydrates in flow assurance and 

also various technological applications (e.g. energy storage, desalination of seawater). 

Furthermore, it is estimated that more than 1015
 m3

 of natural gas is present in naturally occurring 

gas hydrate deposits  (in oceanic or arctic regions), which presents hydrates as a promising future 

energy resource (Figure 1.4; Sloan Jr and Koh, 2007). Furthermore, as guest molecules and host 

water cages are not chemically bonded together in gas hydrates; formation and dissociation 
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kinetics are usually fast, which makes gas hydrates especially attractive for energy storage (Koh 

et al., 2011), natural gas transportation (Takaoki et al., 2002), gas separation (Kang and Lee, 

2000a), and desalination of seawater (Kang and Lee, 2000a; Max, 2002a; Max and Pellenbarg, 

1999, 2000; Strobel et al., 2007). 

 

 

Figure 1.4.  Global locations of naturally occurring gas hydrate deposits along the continental 
margins and in arctic regions (Kvenvolden, 1993). 

 

1.2. Thermodynamic Modeling of Gas Hydrates 

 Reliable phase behavior predictions are critical to petroleum and natural gas processing 

and other process design systems (flow assurance tools, seawater desalination). Inaccurate 

predictions of phase equilibria can also lead to erroneous design of process facilities, which can 

subsequently cause safety hazards. In an attempt to predict accurate phase equilibria, a first 

approximation model was developed (Sloan Jr and Koh, 2007; Wilcox et al., 2002) and later 

extended  (Wilcox et al., 2002), where hydrate formation temperatures were correlated as a 

function of specific gravity of pure components and mixtures. Hydrate formation temperatures 

predicted by these correlations were independent of gas hydrate structure. Furthermore, various 

charts were constructed (Wilcox et al., 2002) for common hydrate formers, such as methane, 

ethane, propane, n-butane. For natural gas hydrate, K  values (equation 1.1) are presented as a 
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function of temperature and pressure which is discussed in detail elsewhere (Sloan Jr and Koh, 

2007). 

     
x

y
K         (1.1) 

y = mole fraction of component i in the water-free vapor 

x  = mole fraction of component i in the solid hydrate. 

 The K  value method predicts the three phase hydrate stability region without any 

knowledge of hydrate structure .Moreover, it was also found that calculations deviated from 

experimental data in cases where there are gases rich in ethane, propane and butane. 

A neural network approach was also adopted by various researchers (Khamehchi et al., 

2013) to predict hydrate phase equilibria. In estimating hydrate formation temperature or 

pressure, two methods named multilayer perceptron and radial basis function are good ways of 

approaching phase equilibria estimations. In this method, errors of the functions are minimized 

by network weights, so the neural network algorithm computes output and compares it with 

experimental data to find the best solution from the model (Khamehchi et al., 2013). 

 A comprehensive gas hydrate thermodynamic model that can predict gas hydrate phase 

equilibria is the van der Waals and Platteeuw (vdWP) model, which is one of the most 

theoretically rigorous approaches based on statistical thermodynamics (van der Waals and 

Platteeuw 1959). The vdWP model was extended to model hydrates containing more than one 

gas component by Parrish and Prausnitz (Parrish and Prausnitz, 1972; van der Waals and 

Platteeuw, 1959). The vdWP model is based on the equality of the chemical potential in each 

phase. The molecules are assumed to be spherically symmetrical during the calculation to avoid 

complexity. More recent studies have shown that the basic assumptions of the van der Waals and 

Platteeuw model, including spherical symmetry of molecules, no guest–guest interactions, no 

lattice distortions (due to guest molecules), can introduce errors in the predicted results (Martín 

and Peters, 2009a). In this thesis work, the equality of fugacity in all the phases concept will be 

utilized as a fundamental criterion for the calculation of phase equilibria (equation 1.2) (Klauda, 

2003; Klauda and Sandler, 2000; Martin and Peters, 2008). 

     V
i

L
i

H
i fff       (1.2) 
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 Where the H superscript represents the hydrate phase that may be sI, sII or sH, while the 

superscripts L, V, I represent the liquid, vapor and ice phases, respectively. (Equation 1.3) will be 

used to calculate the fugacity of water in the hydrate phase (Strobel et al., 2009b). 

              (1.3)

 

 Here fw
k is the fugacity of water in the arbitrary phase k, where k may be a hydrate, liquid, 

vapor, or ice phase. The standard molar Gibbs free energy of the water at standard conditions is 

corrected to temperature, T, in order to calculate the Gibbs free energy of water at the ideal state. 

As previously indicated, the need for an accurate thermodynamic prediction model is important 

in a number of different gas hydrate applications, including preventing flowline blockages due to 

hydrates (flow assurance), and seawater desalination and gas separation technologies using gas 

hydrates. The latter two applications are introduced below. 

1.3. Seawater Desalination 

 Desalination of seawater is a process that is used to produce fresh water. 

Seawater desalination can be accomplished in a number of ways, but the main working principle 

is to remove salt from water by the addition of some energy to overcome salt-water interactions 

(Clayton, 2006). Most of the countries in North Africa and the Middle East are facing problems 

of limited fresh water availability, which has required them to rely on various desalination 

processes. Table 1.1 illustrates the typical salt concentrations in different water sources. Fresh 

water sources are very limited, with brackish and saline water comprising 82 % of the water 

resource available globally. Salinity represents the total amount of salt dissolved in the water. 

 

Table 1.1.  Typical salt concentrations for various water sources (Xu, 2013). 

Water source Salinity 

(parts per thousand) 
Brackish water 5-30 
Saline water 30-50 

Brine >50 
Water 35 

 Dead sea  293 
Fresh water <0.5  

exp o

o

k
W Wk

W W

g
f f

RT
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 Figure 1.5 illustrates the classification of the desalination process based on the type of 

method used. In addition to typical desalination technologies, novel desalination techniques have 

been also previously studied, such as freezing saline solution (McCormack, 1996), geothermal 

energy based desalination (Bourouni et al., 1999), a solar method (Delyannis, 2003), and hydrate 

based desalination (Max and Pellenbarg, 1999).  

 

 

Figure 1.5. Classification of typical seawater desalination technologies (Clayton, R. 2006) 

 

 Desalination of seawater using gas hydrates has been proposed previously to produce 

fresh water from brackish water and seawater. The hydrate desalination process has been studied 

for about a decade, but poor understanding and control in prior studies of the nucleation, crystal 

growth, and separation processes have prevented adequate advancement and commercialization 

of the process. An objective of this thesis project was to perform gas hydrate nucleation and 

growth studies to enable the process of seawater desalination. Garrison et al. and the Koopers 

company in 1968 proposed a new technique for seawater desalination, which was based on 

hydrate formation using the Trifluoromethane (R23) hydrate former (Garrison et al., 1968). The 

main working principle of hydrate-based desalination is shown in the conceptual reaction scheme 

in Figure 1.6. Only guest molecules of a specific size can be enclathrated in a hydrate structure. 

Combining saline solution with a particular hydrate former under suitable conditions for hydrate 

formation (i.e. low T and high P) leads to guest molecules being incorporated into hydrate cages, 
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leaving behind salt crystals/ions in the bulk aqueous phase (i.e. the salt ions are excluded from 

the hydrate lattice). Subsequent dissociation of the hydrate by either depressurization or heating 

can lead to fresh water production. 

 

 

 

 

 

 A preliminary energy consumption and economic evaluation of seawater desalination via 

a gas hydrate process was performed by Javanmardi et al., (2003). In their studies, the process 

proposed by Knox was used (Knox et al., 1961), indicating that proper selection of a hydrate 

promoter (enhancing hydrate formation) can significantly reduce the total cost of the process 

(Javanmardi and Moshfeghian, 2003). 

 Previous attempts have been made to investigate the hydrate nucleation and growth 

processes. Waite et al., (2008) studied the effect of hydrate seeding on the induction time period 

in a seawater solution. The use of nucleating agents, adequate mixing, and larger subcooling can 

lead to instantaneous nucleation. The diameter of the bubbling gas is important in improving the 

conversion of water into hydrate. For example, Brown (2002) proposed a new method using a 

spray nozzle technique to create small gas bubbles in order to improve hydrate formation rates. 

One of the main issues related to hydrate-based desalination is separation of hydrate crystals 

Figure 1.6.  Conceptual picture representing hydrate desalination; yellow sphere 
represents salt ions (Max, 2002b). 
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from the unreacted liquid phase. A rotary drum reactor was used by Heinemann et al. (2000) for 

continuous hydrate formation. Hydrate formation and growth studies of carbon dioxide were 

carried out by Yamasaki et al. (2003) in a fluidized bed reactor, which attempted to use density 

differences to separate hydrate particles from the aqueous solution. Garrison et al. (1968) 

constructed a hydrate-based desalination system in which hydrate crystals were separated from 

the aqueous solution using pressure filtration. Various hydrate-based desalination system 

concepts were proposed by Max (2004), which mainly focused on different ways to nucleate and 

separate hydrate crystals from the saline phase. A continuous hydrate formation reactor was 

constructed by Spencer and co-workers to investigate hydrate growth (North and Spencer, 1996; 

Spencer, 1995). Park et al. (2011) recently suggested a novel high pressure desalination setup, 

which contains a dual piston cylinder mechanism to remove salt water and produce hydrate 

pellets. They were able to reduce the salt concentration from 3.5 wt % to 0.72 wt %. In all these 

previous studies the gas hydrate nucleation, crystal growth, and separation processes have not 

been adequately and collectively investigated for hydrate desalination.  

Earlier studies on hydrate desalination have used a variety of simple hydrate formers 

which are stable at atmospheric pressure, and hence the facilities/equipment are easier to 

design/construct/operate. Kubota et al. (Kubota et al., 1984) measured the hydrate phase 

diagrams for R13 (CCIF3), R23 (CHF3), R152a (C2H4F2), and propane with pure water and 

aqueous NaCl  solution. Bradshaw (year) performed desalination experiments with 1,1-dichloro-

1-fluoroethane (R141b) as a hydrate former for various salt concentrations and different 

subcoolings. These previous studies showed that in addition to problems with nucleation control, 

separation of hydrate crystals from the bulk aqueous phase limits the overall desalination 

efficiency, as hydrates continued to dissociate while transferring hydrate samples from the 

reactor (Bradshaw et al., 2008). 

 Corak et al. (2011) reported desalination efficiencies as a function of cyclopentane 

concentration at two different subcoolings, but their work did not address separation issues. A 

recent low pressure cyclopentane hydrate desalination study by H. Xu (CSM MS Thesis, 2013) 

in collaboration with N. Khan investigated saltwater removal and hydrate morphologies as a 

function of various process parameters. Desalination efficiencies of around 81 % (salinity 

decreased from 3.5 wt.% to 0.67 wt.%) were achieved using a three-step separation method, 

including gravitational separation, filtration and a washing step. However, in order to increase 
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the removal efficiency to more than 75 %, a five stage desalination protocol was required. It 

should be also noted that low pressure desalination methods provide a very limited range of 

driving forces, thereby limiting the control and extent of hydrate nucleation and conversion. 

1.4. Gas Separation  

 Capture of the global warming gases in flue gases is one of the major areas of interest for 

the industrialist. The high global warming potential of CH4 and CO2 requires that a suitable 

method is developed to separate them from gaseous mixtures; however their economic and 

efficient removal from the mixture is a limiting step. (Aaron and Tsouris, 2005; Adeyemo et al., 

2010; Kang and Lee, 2000b; Klara and Srivastava, 2002; Linga, 2009; Linga et al., 2007a, b). 

These ultimate needs require the researcher to find suitable separation techniques that can be 

utilized to remove the undesired component from any gaseous mixture (Lee and Kang, 2003). 

Depending upon the nature of separation and desired components there are a number of 

techniques available to separate the desired component. These methods include cryogenic 

fractionation, use of a polymeric membrane, adsorption and gas absorption processes. Economic 

factors and the high energy consumption are the main parameters that limit the application of the 

above mentioned separation methods (Nagata et al., 2009). Because of this, a number of attempts 

were made to find a reliable and energy efficient alternative to the above separation 

methodologies. Separation through a clathrate hydrate formation process can be favorable over a 

range of gaseous mixtures. Sequestration of carbon dioxide and natural gas transportation are  

key applications for gas hydrates, since hydrates are able to enclathrate gases in high 

concentrations, i.e. 164 volumes of gas per volume of hydrate (Luo et al., 2007). Therefore, 

hydrates can provide an effective separation technology for gas mixtures, since high 

concentrations of gases can be stored in hydrates at different temperature and pressure 

conditions. A number of attempts have been made to separate gas mixtures using gas hydrates 

(Kang et al., 2001; Lee and Kang, 2001; Luo et al., 2007; Spencer, 2000). For example, recovery 

of carbon dioxide from a flue gas mixture can be performed via separation based on hydrate 

formation. Upon the formation of hydrates from a gaseous mixture, it was observed that the 

composition of the gaseous mixture was different in hydrate cavities compared to that in the pure 

feed gas. Due to their ability to store large amounts of  gas, hydrates can be also used  for either 

carbon dioxide sequestration, or storage or transportation of natural gas (Linga et al., 2007a).  



11 
 

 A number of attempts have been made to remove the pollutant gases from flue gas 

mixtures. Li et al. (2010) found that gas separation using gas hydrates is a viable process, but its 

limited usage was attributed to the energy efficiency, separation efficiency and hydrate formation 

rate. They also proposed that if the target gas component can stabilize the hydrate cavities at 

lower pressure than the other gases, the former can be separated effectively. This approach was 

implemented successfully to separate carbon dioxide from a flue gas mixture using cyclopentane 

(Li et al., 2010). Linga et al. (2010) showed that carbon dioxide separation via a hydrate 

crystallization process could be improved by using mechanically agitated reactors. Furthermore, 

the separation efficiency of CO2 from its mixture with N2 and hydrogen was compared  (Linga et 

al., 2010). It was concluded that the CO2+H2 hydrate formation process was faster in comparison 

with that for CO2+N2, however the use of tetrahydrofuran, THF (a hydrate promoter) would 

greatly reduce the hydrate formation conditions. Investigations on the effect of promoters on the 

separation of CO2 from H2 was investigated by Kang et al. (2001). A bubble column reactor was 

also proposed to investigate the separation process for the CO2+H2 former system. It was found 

that recovery of carbon dioxide from CO2 + H2/N2/CH4 mixtures via a hydrate crystallization 

process can result in 95 % of pure CO2 recovery (Azmi et al., 2010; Ding, 2004; Kang et al., 

2001; Kim et al., 2010; Lee and Kang, 2003; Lee et al., 2010; Linga et al., 2007a, b; Linga et al., 

2010; Luo et al., 2007; Spencer and Currier, 2002; Zhang et al., 2009). Seo et al. (2004) also 

employed a hydrate formation process to separate the gaseous mixture of nitrogen and HFC-

134a. Sun et al., (2007) also investigated the separation of a H2 + CH4 mixture in the presence of 

THF and compared it to the separation process without promoter (Sun et al., 2007). 

1.5. The Scope of this Thesis Work  

The following sections discusses the current scope of the work for thermodynamic modeling of 

gas hydrates (CSMGem development), seawater desalination and Gas separation using gas 

hydrate systems. 

1.5.1. Thermodynamic Modeling of Gas Hydrates 

 Over the past decade, thermodynamic modeling of gas hydrate phase equilibria has 

mainly focused on improving the model for the gas hydrate phase, with limited attempts to 

correct the fluid phases part of the model. Various attempts have been made to improve the van 
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der Waals and Platteeuw gas hydrate model (Haghighi et al., 2009; Martín and Peters, 2009b; 

Platteeuw and Van der Waals, 1958) to remove many of the assumptions made in the original 

vdWP model. Klauda and Sandler (2000) modified the statistical thermodynamic model to 

account for the multiple clusters of smaller molecules inside the hydrate cavities and also for 

guest–guest interactions. However, the limitations of the fluid phase models, which currently do 

not account for the effect of hydrogen bonding and electrolyte contributions lead to severe errors 

in most of the hydrate forming systems containing polar hydrate formers, inhibitors, and salts. 

Thermodynamic predictions of gas hydrate phase equilibria for polar hydrate formers and 

inhibited systems (with salts, e.g., NaCl, KCl, CaCl2, and also methanol, ethanol, mono ethylene 

glycol) are often unreliable due to the large errors in fluid phase equilibrium predictions. The 

unavailability of experimental vapor-liquid equilibria data for high salt concentrations, 

appropriate electrolyte models and an associative equation of state lead to significant 

shortcomings in predicting gas hydrate phase equilibria for these systems. 

 Haghighi et al., (2009) introduced a new thermodynamic approach where they have 

employed the Cubic-Plus-Association (cPA) equation of state to model the phase equilibria of 

gas hydrates. The Colorado School of Mines, Gibbs energy minimization (CSMGem) model was 

proposed by (Ballard, 2002), and has been extensively tested over the past several years with 

comparisons made against a large number of phase equilibrium measurement data, and also 

commercially available software. However, hydrate phase equilibria predictions using CSMGem 

(and other commercial packages) for salt and organic inhibitors (alcohols and monoethylene 

glycol) systems exhibit enormous errors, especially for higher concentrations, as shown in Figure 

1.7. The association interactions involved in most of the organic inhibitors and other polar 

hydrate formers result in the higher errors in phase equilibria predictions for such systems. 

 This thesis work revisits some fluid phase models, and a new model is proposed for phase 

equilibrium predictions, where a cubic plus association equation of state in combination with 

electrolyte contributions is employed to predict the fluid phase properties. The proposed equation 

of state incorporate all the forces which arise from the presence of hydrocarbons (low to high 

MW) (dispersive and attractive interactions), polar hydrate formers (hydrogen bonding) and 

electrolyte contributions (Born energy+ ion hydration + columbic interactions), as shown in the 

conceptual picture below (Figure 1.8). This new model will be important in providing reliable 

and accurate phase equilibria for several different hydrate applications, including flow assurance, 
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and desalination and gas separation technologies using hydrates. The fundamental technical and 

economic feasibility of these latter processes are dependent on the phase equilibria behavior of 

the fluid and hydrate phases. 

 

 

 

  

 

Figure 1.8. Conceptual picture representing forces contributions in an association–electrolyte 
equation of state (Modified from Myers et al). 

  

 Various other equations of state, which include the cubic plus association (CPA-EoS), 

Soave Redlich Kwong (SRK), Peng Robinson (PR), Statistical Associating Fluid Theory 

Figure 1.7. Absolute average deviation in pressure for 50 vol.% monoethylene glycol for various 
hydrate formers.  
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(SAFT), and Perturbed-Chain SAFT (PC-SAFT), have been applied in this thesis study to predict 

vapor-liquid equilibria of various binary systems (Hydrate Former (HF) + hydrocarbons). The 

accuracies of these various models were evaluated with and without the use of binary interaction 

parameters. The purpose of the proposed thermodynamic modeling work is to improve the 

hydrate phase equilibria predictions using (and further improving) the current CSMGem 

algorithm that has been developed in Matlab (in this thesis work). The use of a modified 

equation of state which can incorporate the presence of hydrogen bonding, salt ion interactions 

and the columbic force of attraction can lead to improved and acceptable predictions of hydrate 

phase equilibria of inhibited systems, including salts and also a broader range of hydrate systems. 

The main objectives of the modeling sections (Chapter 2-9) of the thesis include: 

 Development of a new equation of state, which is capable of modeling various polar 

hydrate formers, salts and organic inhibitors (Chapter 4). 

 Optimization of equation of state parameters (physical parameters + associative 

parameters) (Chapter 5). 

 Validation of proposed equation of state with vapor pressure and liquid density 

predictions with experimental data and correlations (Design institute for Physical 

Properties (DIPPR)) (Chapter 5). 

 Validation of the new equation of state for inhibited and uninhibited systems (Chapter 5).  

 Review of vapor liquid equilibria experimental data (and comparison with predictions) 

for a mixture of Hydrocarbons (Chapter 2). 

 H2O /C1/C2/C3/C4/H2/N2+Hydrocarbons (low to medium molecular 
weight, aromatic/non aromatic, structure-H former) 

  MEG/MeOH/EthOH+Hydrocarbons(low to medium molecular 
weight, aromatic/non aromatic, structure-H former) 

 H2S/CO2 + Hydrocarbons (low to medium molecular weight, 
aromatic/non aromatic, structure-H former) 

 MEG/MeOH/EthOH/H2S/CO2 + H2O 
 Optimization of binary interaction parameters (BIP) to correct the fluid part of the model. 

 Review of hydrate phase equilibria experimental data for inhibited and uninhibited 

systems (sI, sII & sH) (Chapter 2).  
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 Vapor-liquid equilibria calculations using the Soave Redlich Kwong (SRK) and Peng 

Robinson (PR) equations of state for the following systems, and comparisons with the 

proposed associative equation of state (Chapter 7). 

 H2O /C1/C2/C3/C4/H2/N2+Hydrocarbons (low to medium molecular weight, 

aromatic/non aromatic, structure-H former) 

  MEG/MeOH/EthOH+Hydrocarbons (low to medium molecular weight, 

aromatic/non aromatic, structure-H former) 

 H2S / CO2+Hydrocarbons (low to medium molecular weight, aromatic/non 

aromatic, structure-H former) 

 MEG / MeOH / EthOH / H2S / CO2+H2O 

 Vapor-liquid equilibria predictions using the Soave Redlich Kwong (SRK), Peng 

Robinson (PR), cubic plus association equation (cPA), Statistical Associating Fluid 

theory (SAFT), Perturbed Chain Statistical Associating Fluid theory (PC-SAFT) for sour 

gases (H2S /CO2) to find the best/most accurate equation of state (Chapter 7-8).  

 Inhibited hydrate phase equilibria calculations for high concentrations of salt (NaCl, KCl, 

CaCl2) & organic inhibitors (methanol, ethanol, monoethylene glycol) (Chapter 4). 

 The Colorado School of Mines Gibbs Energy Minimization (CSMGem) model has been 

implemented in Matlab(R) in order to correct for the fluid part and inhibited systems in the 

calculations (Chapter 3).  

 Mean activity coefficient calculations and tests for various electrolyte systems using 

physical models (Debye Huckel, modified & truncated Debye Huckel, Pitzer theory, 

Bromley Activity model) to improve the inhibited system calculations (Chapter 9). 

 Model development for the mean spherical approximation (MSA-implicit & explicit) in 

combination with CSMGem to improve high salt systems predictions (Chapter 9). 

 The CSMGem algorithm will be extended to predict multiple clusters of enclathrated 

small molecules, such as hydrogen and nitrogen (model modification & validation) 

(Chapter 3). 

 Figure 1.9 shows the development of the CSMGem program. In Figure 1.9 each box 

shows the development of new features added into CSMGem from this thesis work. 
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1.5.2. High-Pressure Desalination and Gas Separation 

 In this thesis work, the hydrate desalination process was investigated using a gaseous 

mixture of methane-ethane (74.7/25.3 mol %) due to the favorable conditions of methane-ethane 

hydrate formation and the buoyant nature of these hydrate crystals in seawater (i.e. the density of 

methane-ethane sII hydrate is 0.91 g/cc and for seawater is 1.05 g/cc). In the first part of these 

studies, gas hydrate formation (nucleation, growth, and crystal morphology) and hydrate memory 

experiments were performed using a Jerguson high pressure visual cell (Figure A1.1) that has 

been developed in this thesis work. To accomplish one of the main objectives of this hydrate-

based desalination study, a high pressure desalination apparatus was designed and constructed to 

produce and overflow (separate) hydrate crystals in the inner annulus of a gas bubble column 

inside a dissociation reactor. The working principle for this system is that the overflowing 

hydrates enter the outer annulus and are then dissociated. The salt removal efficiency can be 

determined by measuring the conductivity of the recovered water (dissociated hydrates). Proof of 

concept experiments were performed to assess the efficiency of the process , and to determine 

Figure 1.9. Flow Chart for new CSMGem development (Orange Colored Box:From previous 
work, Green colored box: Tested and modifed, Black colored box: New work from this thesis). 

Flow Assurance 
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how the salinity in the recovered water depends on initial salt content, guest 

composition/structure (ethane-methane mixtures at different compositions and/or different T, P 

conditions can lead to a sI or sII stable hydrate phase), and subcooling for hydrate formation. 

These initial results can help to identify and address the difficulties typically encountered for 

desalination processes involving hydrate crystal nucleation, growth and conversion, and 

separation of hydrate crystals from the remaining brine solutions. 

 Separation of the greenhouse gases from gaseous mixtures emitted from a power plant is 

a key objective of industrialists. In comparison to the other separation techniques available to 

achieve the desired objective, hydrate formation was found to be an appropriate choice in terms 

of fuel efficiency and the degree of separation. In this thesis work hydrate-based gas separation 

was proposed and thermodynamic calculations were performed to validate the feasibility of the 

separation process. In this approach treated flue gas mixtures are brought into contact with the 

water under high pressure and lower temperature in order to achieve favorable conditions for 

hydrate formation. The desired separation is achieved on the basis of the ease with which 

different components form hydrates. Phase equilibrium conditions for different gaseous mixtures 

(CO2+ N2, CH4+CO2, CH4+H2S, CO2+ H2 and CO2+H2S) were calculated over a range of 

composition in order to determine the suitable region for separation. The cage occupancy and 

mole fraction of components were also reported to support the optimal selection of separation 

temperature and pressure conditions. Recovery and separation factors for hydrate former gaseous 

mixtures are found to vary significantly in accordance with T & P conditions. A process design 

diagram (PDD) was also proposed for various gas separation mixtures. The number of stages 

required to achieve reasonable separation efficiency was found to be dependent on the process 

conditions and hydrate stability conditions. The main objective here was to investigate the 

separation efficiency of the post-treated flue gas mixture via the hydrate formation process. The 

calculations were carried out using CSMGem for a range of temperature and flue gas 

compositions. 
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CHAPTER 2 

REVIEW OF VAPOR LIQUID EQUILIBRIA & HYDRATE PHASE EQUILIBRIA 

 Gas hydrate phase equilibria behavior is critical to understanding the thermodynamics 

and kinetics of gas hydrates. Hydrate phase equilibria data are not only important for avoiding 

hydrate plug formation in subsea oil and gas flowlines (flow assurance), but also are fundamental 

to other applications, such as hydrates as an energy resource, seawater desalination, and gas 

separation. Current hydrate phase equilibria data show inaccuracies and discrepancies between 

datasets for inhibited systems, with a lack of data for high salt and organic inhibitor (e.g. 

methanol, monoethylene glycol) concentrations. There is also a need to measure uninhibited 

binary and ternary H2S/CO2 phase equilibria data. Furthermore, most hydrate phase equilibria 

model predictions are inaccurate at ultra-high pressure conditions, because of the lack of high 

pressure experimental data. Typical deepwater reservoirs are at high pressure and low 

temperature conditions, with high concentrations of sea salts (a combination of various 

electrolytes). This chapter reviews the hydrate phase equilibria measurements for inhibited and 

uninhibited systems. In order to correct the fluid part of the hydrate model, vapor-liquid 

equilibria for various binary systems are required, and therefore have been collected over a range 

of temperatures and pressures. In addition to the vapor-liquid equilibria and hydrate formation 

data, mean activity coefficients and osmotic coefficients data are also required for the hydrate 

model development, and therefore have been collected for various salts (NaCl, KCl, CaCl2, 

SrCl2, MgCl2, KOH, MgOH, HCl, ZnCl2). 

 This chapter reviews the experimental data in 2 sections, Section I reviews the hydrate 

phase equilibria measurements for hydrocarbon, binary and ternary hydrates and vapor liquid 

equilibria for various binary systems. While Section II reviews the inhibited hydrate phase 

equilibria systems and mean activity coefficients and osmotic coefficients experimental 

measurements. These data have been used in this work for the model development and 

validation. 
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Section I 

Review of Vapor-Liquid Equilibria of Hydrate Formers and Phase Equilibria of Gas Hydrates 

This chapter provides a review of the vapor liquid equilibria of the various hydrate formers 
(hydrocarbons, polar hydrate formers and organic inhibitors). This section of  Chapter 2 will be 
submitted for publication in a peer reviewed journal (Journal of Chemical Engineering data). 

This chapter is reproduced with minor changes. 

Muhammad N. Khan1, Pramod Warrier1, Cor J. Peters2, Carolyn A. Koh 
 

Abstract 

 There is significant interest in clathrates hydrates of natural gases for flow assurance in 

the oil and gas industries, and for their development as an energy resource. Numerous 

applications of gas hydrates, e.g., sea water desalination, gas separation, hydrogen storage, and 

natural gas transportation, require detailed investigations of their thermodynamic properties. 

Therefore, phase equilibria measurements and predictions constitute a major portion of the 

scientific literature in the field of gas hydrates. There is an enormous amount of experimental 

data over a wide range of temperature, pressure, and composition, in the absence and presence of 

thermodynamic inhibitors at low-moderate concentrations.  These hydrate and vapor-liquid 

phase equilibria measurements and data are reviewed in this Chapter. These data are not only 

important in tuning hydrate phase equilibria predictions, but also in process design of 

technological systems involving gas hydrates.  

2.1. Introduction 

 Clathrate hydrates are crystalline, non-stoichiometric inclusion compounds formed when 

small gas molecules, such as methane, come into contact with water at low temperature and high 

pressures. High pressure and low temperature conditions inside subsea oil and gas pipelines, 

coupled with the presence of water and light hydrocarbons provide the necessary thermodynamic 

conditions for gas hydrate formation, which can eventually lead to flowline blockage. The severe 

safety and economic risks associated with hydrate plug formation in  oil/gas flowlines has been 

the major motivation for previous studies over the past few decades (Gibbs, 1928; Sloan and 

Koh, 2008). However, clathrate hydrates have other potential energy applications, including 
                                                 
1 Department of Chemical and biological Engineering, Colorado School of Mines, Golden CO 
2 Petroleum Institute, Abu Dhabi U.A.E 
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recovery of energy from naturally occurring hydrate deposits. It is estimated that more than 1015 

m3 of natural gas is present in oceanic and permafrost gas hydrate deposits (Muhlbauer, 1997), 

which presents hydrates as a potential future energy resource. Furthermore, guest molecules and 

host water cages are not chemically bonded together in clathrates, rather there are only weak van 

der Waals forces between guest and host molecules. Therefore, formation and dissociation 

kinetics can be fast, which makes gas hydrates especially attractive for energy storage (Hala et 

al., 1967), natural gas transportation (Abbott, 1986),  gas separation (Malanowski, 1982b), 

carbon dioxide sequestration (Malanowski, 1982b), and desalination of seawater (Malanowski, 

1982a). Accurate phase equilibria predictions of hydrate stability conditions (dissociation 

temperature and pressure) are crucial for the above mentioned applications. While there have 

been a number of different studies performed on hydrate phase equilibria measurements and 

predictions, there is a lack of a thorough modern review of the available data. In this current 

Chapter a comprehensive review has been performed for vapor-liquid equilibria (VLE) and 

hydrate phase equilibria data for many of the hydrate formers including: hydrocarbons, 

associative components (polar hydrate formers), non-combustible and inert gases over a range of 

temperatures and pressures. This review begins with a brief overview of vapor-liquid equilibria 

measurement techniques. After that, VLE data for most of the common hydrate formers is 

compiled and reviewed. The next section of this Chapter briefly describes experimental 

techniques for measurement of hydrate phase equilibria, which is then followed by a compilation 

and review of hydrate phase equilibria data.  

2.2. Vapor-Liquid Equilibria Measurements 

 This section briefly describes various experimental techniques that have been used for 

different types of phase equilibria measurements. These experimental techniques have been 

thoroughly reviewed in the literature and therefore in this Chapter these techniques will be only 

briefly discussed to help the reader better understand and appreciate the data that will be 

reviewed in detail in the following sections.  

 For a discussion on phase equilibria, it is always good to revisit the Gibbs phase rule 

(Gibbs, 1928) which is used to determine the number of independent variables required to 

determine the equilibrium point. According to the Gibbs phase rule F = C – P + 2 where F is the 

number of degrees of freedom or the number of independent variables, C is the number of 



26 
 

components, and P is the number of phases. For a binary vapor-liquid system (C = 2, P = 2), the 

number of independent variables is 2; whereas for ternary vapor-liquid-hydrate equilibria (C = 3, 

P = 3), there are 2 independent variables. The independent variables are usually system pressure 

and temperature, and the initial composition (xi). While vapor phase composition (yi) is often 

determined theoretically, it is extremely useful if vapor composition is also measured as it helps 

in performing thermodynamic consistency tests on the equilibrium data. Extensive reviews of 

various experimental techniques for VLE measurement have been reported previously 

(Muhlbauer, 1997, (Hala et al., 1967 , Abbott, 1986, (Malanowski, 1982a; Malanowski, 1982b,  

Gomis et al., 2010, Dohrn et al., 2012, Dvoskin, 2004). In this section, commonly used 

experimental techniques are briefly discussed. Experimental techniques for VLE measurements 

can be broadly classified into dynamic and static methods based on the method used to 

equilibrate the system.  

 

Figure 2.1. Dynamic method for high pressure vapor-liquid equilibria (Figure was reproduced 
from (Raal and Mühlbauer, 1994)). 

 

2.2.1.  Dynamic Methods 

 In dynamic method (Figure 2.1), continuous circulation of the vapor and/or liquid phase 

is used. While there are many variants of the dynamic method, the most common approach is 

that of phase recirculation where the fluid mixture is kept at the desired temperature and pressure 

in an equilibrium cell and either vapor or liquid or both vapor and liquid phases are continuously 
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recirculated. Some of the other dynamic methods include: the single pass method where a stream 

of the gaseous component is continuously passed through a stationary liquid phase in the 

equilibrium cell; the single vapor and liquid pass method is where separate streams of vapor and 

liquid are mixed and fed to the equilibrium cell and vapor and liquid phases exit separately from 

the equilibrium cell.  

2.2.2. Static Methods 

 Unlike the dynamic method, there is no continuous flow of components in the static 

method (Figure 2.2). Components are charged to the equilibrium cell and the temperature and 

pressure of the cell is controlled. The volume of the equilibrium cell is often kept constant. To 

shorten the equilibration time, the contents of the equilibrium cell are often agitated. In the static 

method liquid and vapor phase samples are drawn and analyzed using gas chromatography to 

determine phase compositions. Another variation of the static method is the static total pressure 

method, where known amounts of components are added into the equilibrium cell and the total 

equilibrium pressure of the system is recorded for a given temperature. Liquid and vapor phase 

compositions are then determined iteratively after hydrate formation. Although the total pressure 

method is fast and simple, thermodynamic consistency tests cannot be performed on the 

equilibrium data obtained.  

 

Figure 2.2. Static method for high pressure vapor liquid equilibria (Figure was reproduced from 
(Raal and Mühlbauer, 1994)) 
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2.3. VLE Data of Various Hydrate Formers 

 VLE data for various hydrate formers is presented in Tables 2.1– 2.6 & A2.1-A2.25. The 

Tables include information on the type of data (p-t-x, p-t-x-y, etc.), range of temperatures and 

pressures studied, and the number of data points for each reference. Tables 2.1 – 2.6 list binary 

VLE data for hydrogen sulfide (H2S), carbon dioxide (CO2), methane, ethane, and hydrogen with 

various hydrocarbons. Tables A2.7 – A2.16 list VLE data for ethanol with methane, ethane, 

propane, n-butane, iso-butane, n-pentane, H2S, nitrogen, CO2, and water. Tables A2.17 and 

A2.18 present VLE data for n-propanol with methane and water. Finally Tables A2.17 – A2.25 

present VLE data for monoethylene glycol (MEG) with methane, ethane, propane, nitrogen, 

CO2, H2S, and water. VLE data for various hydrate formers with water, methanol, ethanol, n-

propanol, and MEG were compiled and reviewed in detail  (Haghighi, 2009). Therefore these 

systems are discussed only briefly here and the reader is referred to the work by (Haghighi, 

2009) for more details on these systems.   

2.3.1.  VLE Data of Hydrate Formers with Hydrocarbons  

 VLE data for hydrate formers: H2S, CO2, methane, ethane, and hydrogen with various 

hydrocarbons are presented in Tables 2.1 – 2.6.  

2.3.1.1. Hydrogen Sulfide 

 Binary VLE data were measured for H2S with propane, n-butane, and n-pentane at low 

temperatures of 222 K to 273 K as shown in Table 2.1 (Dicko et al., 2012). An isothermal 

method was used, where a known amount of the first component was added to the equilibrium 

cell, which was thermostated to the desired temperature. Then a precise amount of the second 

component was added and the corresponding change in pressure was recorded. With the total 

composition of the cell known, the Soave−Redlich−Kwong (SRK) equation of state and 

nonrandom two-liquid (NRTL) model was used to model the data. VLE of H2S with toluene and 

n-heptane was measured (Ng et al., 1980) in a variable volume equilibrium cell at temperatures 

between 310 and 477 K. The refractive index of vapor and liquid phases at equilibrium were 

measured to calculate respective phase densities. Binary VLE data of n-butane and iso-butane 

with H2S were measured by (Leu and Robinson, 1989) in a variable volume equilibrium cell. A 

minima in the critical locus for the H2S-iso-butane system was observed, however no azeotrope 
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was observed for either the H2S/n-butane or H2S/iso-butane systems. Using a static method, 

(Laugier and Richon, 1995) measured the binary vapor-liquid equilibria of H2S with hexane, 

cyclohexane, benzene, and pentadecane, as well as the ternary vapor-liquid equilibria of H2S 

with hexane and pentadecane. The data could be correlated well with the Peng-Robinson and 

SRK equations of state with temperature independent binary interaction parameters. However, 

for the H2S + cyclohexane system, a temperature dependent binary interaction parameter was 

required.  

 

Table 2.1. VLE data for binary mixtures of hydrogen sulfide and hydrocarbons. 

System Reference Data 

Type 

T/K P/ MPa Data 

Points 
n-C5 Moussa Dicko (2012) PTx 223.11- 263.27 0.0325-0.723 65 

“ H. H. Reamer (1953) PTxy 277.5 – 444.26 0.0009-0.267 71 
i-C5 Ah-Dong Leu (1992) PTxy 323.15-413.15 0.21 – 7.315 40 

Toluene Heng-Joo Ng (1980) PTxy 310.92 – 477.5 0.203- 11.57 27 
C6H6 Serge Laugier (1995) PTxy 323.1 – 422.6 0.455 – 9.8 24 
CH Serge Laugier (1995) PTxy 323 – 422.6 0.4 – 9.49 24 
c-C7 Heng-Joo Ng (1980) PTxy 310.92-477.59 0.159 – 9.549 48 

“ Pascal The  veneau (2006) PTxy 293.25-373.22 0.397 – 6.828 35 
n-C4 Ah-Dong Leu (1989) PTxy 366.45-418.15 1.351- 7.874 63 

“ Moussa Dicko (2012) PTx 222.83 -293.36 0.130 – 1.79 123 
n-C3 John J. Carroll (1992) PTx 208.15 -353.15 0.099- 6.561 16 

“ E. R. Gilliland (1940) PTxy 324.26 -367.03 2,75 – 4.143 11 
“ Moussa Dicko (2012) PTx 243.19 – 273.1 0.168 – 1.08 130 
“ Jerome Brewer (1961) PTxy 216.92- 344.2 0.004 – 0.085 49 

N2 Harish Kalra (1976) PTxy 227.98 -200.15 0.140 – 13.74 18 
CH4 Harish Kalra (1977) PTxy 199.92- 283.15 0.065 – 3.044 45 
C2H6 H. H. Reamer (1953) PTxy 277.59 -344.26 1.16- 13.43 60 
n-C10 H. H. Reamer (1953) PTxy 277.59 -444.26 0.137 – 13.34 55 
n-C6 Serge Laugier (1995) PTxy 322.9 – 422.6 0.43 – 7.39 25 
i-C4 Ah-Dong Leu (1989) PTxy 344.25 – 398.1 1.11 – 8.908 65 
ECH Sam S.S. (1985) PTxy 310.9 – 477.6 0.170 – 12.50 28 
MCH Heng-Joo Ng (1979) PTxy 310.9 – 477.6 0.250 – 9.453 29 

 

ECH-Ethylcyclohexane      MCH-Methylcyclohexane   CP-Cyclopentane CH-cyclohexane 
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2.3.1.2. Carbon Dioxide  

 Binary VLE data of CO2 with many light hydrocarbons including ethane, propane, n-

butane, iso-butane, ethene, propene, and 1-butene were measured at low temperatures using the 

vapor recirculation method (Nagahama et al., 1974) as shown in Table 2.2. Of the systems 

investigated, a minimum boiling azeotrope was observed only for mixtures of CO2 with ethane 

and ethene. Binary VLE data for CO2 with benzene, toluene, and xylene were measured by (Kim 

et al., 1986) using an equilibrium cell with liquid recirculation at 353 K, 373 K, and 393 K. The 

data correlated well with the perturbed-anisotropic-chain-theory without any adjustable 

parameter. Binary VLE data of CO2 with n-decane and n-hexadecane were measured using a 

flow apparatus (Sebastián et al., 1980). Using a double recirculation cell, VLE data for CO2-

cyclohexane and CO2-N2-cyclohexane, and CO2-cyclopentane were measured (Shibata and 

Sandler, 1989) (Marathe and Sandler, 1991). The data correlated well with the Peng Robinson 

equation of state, with the van der Waals one fluid mixing rule.  

2.3.1.3. Methane and Hydrocarbons 

 Binary VLE data for methane with n-pentane, iso-pentane, and neo-pentane as well as 

ternary VLE for methane with n-pentane-iso-pentane and n-pentane-neo-pentane were measured 

using a static equilibrium cell as shown in Table 2.3 (Williams and Prodany, 1971). Binary VLE 

data of methane with n-decane, benzene, and toluene were measured (Lin et al., 1979) using a 

flow-type apparatus at elevated temperatures of 423 K to 583 K. The methane-ethane system was 

studied (Wichterle and Kobayashi, 1972) using a vapor recirculation apparatus at 130 K to 199 

K.  A static method was used to study binary VLE data at 298 K for ethane with methanol, 

acetone, methyl acetate, ethyl ether, n-hexane, and benzene at pressures ranging from 0.4 to 4.0 

MPa (Ohgaki and Katayama, 1976; Ohgaki et al., 1976). Activity coefficients for these binary 

systems were compared to those containing CO2 in place of ethane. Except for the ethane-hexane 

system, higher activity coefficients for ethane containing systems were found compared to 

systems containing CO2. Binary VLE data of ethane with pentane and heptane were measured  

using a variable volume equilibrium cell (Matschke and Thodos, 1962; Mehra and Thodos, 

1965). Isothermal VLE data for ethane with n-decane and 1-decanol was measured using a 

thermostated pressure cell equipped with two rapid on-line sampler-injectors (Gardeler et al., 
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2002). Tables 2.3-2.4 summarize the vapor liquid equilibria of methane/ethane with 

hydrocarbons (low to high molecular weight). 

 

Table 2.2. VLE data for binary mixtures of carbon dioxide and hydrocarbons. 

System Reference Data 

Type 

T/K P/ MPa Data 

Points 
n-C10 Herbert M. Sebastian PTxy 462.55 - 583.65 1.44 – 5.16 16 
C6H6 Choon-Ho Kim (1986) PTxy 313.4 – 393.2 0.496 – 6.27 29 
“ N. NagaraJan (1987) PTxy 344.3 6.89 – 10.96 17 

CH Steven K. Shlbatat PTxy 366.4 – 410.9 0.171 – 14.51 20 
“ N. NagaraJan (1987) PTxy 344.3 6.87 – 10.97 16 

CP Pradeep Marathe (1991) PTxy 366.4 – 412.1 0.366 – 11.99 28 
EB Chung-Sung tan (1991) PTxy 308 – 328 1.37 – 8.44 18 

MCH Heng-Joo Ng (1979) PTxy 311 – 477.2 0.345 – 14.89 31 
n-C7 Harish Kalra (1978) PTxy 310.65 – 477.2 0.186 – 13.31 64 

Toluene Choon-Ho Kim (1986) PTxy 353.4 – 393.2 0.515 – 6.45 22 
N2 Nanping Xu (1992) PTxy 288.3 – 293.30 5.11 - 9.70 20 
“ Fahad A. Somait (1978) PTxy 270 8.43 – 12.31 36 
“ Baigui Bian (1993) PTxy 301.3 – 303.3 6.88 – 8.05 14 

CH4 Harold G. Donnelly PTxy 199.87 - 271.48 1.48 -7.90 76 
“ Nanping Xu (1992) PTxy 288.50 – 293.4 5.12 – 7.98 23 
“ Fahad A. Somait (1978) PTxy 270 3.19 – 8.43 13 
“ Baigui Bian (1993) PTxy 301.0 6.86 – 7.70 7 

C2H6 Kunio Nagahama (1974) PTxy 252.95 1.42 – 2.31 15 
C3H8 Kunio Nagahama (1974) PTxy 273.15 –252.95 0.243 – 3.48 24 
n-C4 Kunio Nagahama (1974) PTxy 273.15 0.105 – 3.48 15 
“ Harish Kalra (1976) PTxy 227.98 - 283.15 0.033 – 4.133 29 
“ Ah-Dong Leu (1987) PTxy 368.15 -418.15 1.386 – 7.901 30 

i-C4 Kunio Nagahama (1974) PTxy 273.15 0.157 – 348 20 
“ Ah-Dong Leu (1987) PTxy 383.15 –398.15 2.45 – 5.99 19 

n-C6 Zdenek Wagner (1987) PTxy 303.15 – 323.15 1.864 – 8.494 26 
n-C5 Huazhe Cheng (1989) PTxy 252.67–458.54 0.159 – 5.916 50 
n-C8 W. L. Weng (1992) PTxy 313.15–348.15 1.5 – 11.35 20 
C3H6 Kunio Nagahama (1974) PTxy 252.95 - 273.15 0.30 – 3.48 27 
C2H4 Kunio Nagahama (1974) PTxy 231.55- 252.95 0.952 – 2.614 27 

MCP-Methylcyclopentane DMCH-dimethyl cyclohexane 

 

2.3.1.4. Hydrogen 

 Gas solubilities and vapor-liquid equilibrium ratios for binary mixtures of hydrogen with 

n-pentane, 2,3-dimethylbutane, cyclohexane, n-decane, m-xylene, 1,4-diethylbenzene, and 1-
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methylnaphthalene were measured (Connolly and Kandalic, 1986). Partial molar volumes of 

hydrogen dissolved in the above hydrocarbons were also measured.  Solubilities of hydrogen and 

methane in a number of hydrocarbons were measured using an absorption stripping method in a 

packed column were measured (Peramanu and Pruden, 1997). 

Table 2.3. VLE data for binary mixtures of methane and hydrocarbons. 

System Reference Data 

Type 

T/K P/ MPa Data 

Points 
n-C2 Zhigang Zhang (2002) PTxy 160 – 280 0.59 – 6.131 30 
“ Jadran Vrabec PTxy 160 -250 0.0218 – 6.31 29 
“ Van Wichterle (1972) PTxy 130.37 – 199.9 0.0012 – 5.15 135 

i-C4 R. H. Olds (1942) PTxy 310.92–377.59 0.55 – 7.44 44 
N2 Xiao Hong Han (1626) PTxy 110.01- 8e-4– 2.91 77 

n-C10 Ho-Mu Lin (1979) PTxy 423.1- 583.0 3.03 – 18.68 28 
“ Srinivasa Srivastan (1992) PTxy 310.9 – 410.9 1.04 – 6.86 33 

C6H6 Ho-Mu Lin (1979) PTxy 421.05 - 1.98 – 24.26 16 
Toluene Ho-Mu Lin (1979) PTxy 422.25 - 2.021 – 25.27 20 

n-C9 Lee M. Shipman (1966) PTxy 223.15 – 423.1 1.01 – 32.32 131 
NP Nicholas W. Prodany PTxy 344.26- 2.12 – 12.05 18 
i-C5 Nicholas W. Prodany PTxy 344.26-410.92 3.44 – 13.09 21 
n-C6 Srinivasa Srivastan (1992) PTxy 310.9 – 377.6 3.80 – 6.76 33 

NP-Neopentane  DMP-Dimethylpentane ECP-Ethylcyclopentane 

 

 Systems studied included binary mixtures of hydrogen or methane with n-heptane, n-

octane, 2,2,4-trimethylpentane, 1-octene, cyclohexane, methylcyclohexane, benzene, toluene, 

ethylbenzene, m-xylene, 1,2,4-trimethylbenzene, pyridine, and quinolone at 295 K and pressures 

ranging from about 7.0 MPa to 21.0 MPa. Hydrogen solubility in n-hexane, n-octane, n-decane, 

toluene, acetonitrile, acetone, N,N-dimethylformamide, tetrahydrofuran, 1,4-dioxane, and 1-

methylpyrrolidone-2 were measured using a static cell (Brunner et al., 1987). Brunner measured 

the solubility at three temperatures 298, 323, and 373 K and observed that solubility of hydrogen 

increases with temperature in all the solvents studied. Phase equilibria of hydrogen with lower 

hydrocarbons was studied (Williams and Katz, 1954; Benham and Katz, 1957). Binary VLE of 

hydrogen and methane and ternary VLE of hydrogen-methane-propane at low temperatures of 

116 K to 172 K were measured (Benham and Katz, 1957). Binary VLE of hydrogen with ethane, 

ethylene, propane, and propylene were measured (Williams and Katz, 1954). In addition, ternary 

VLE data of hydrogen with ethylene-propylene and propylene-propane were measured. Tables 
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2.5-2.6 summarize the vapor-liquid equilibria of H2 and N2 with hydrocarbons (low to high 

molecular weight). 

 

Table 2.4. VLE data for binary mixture of ethane and hydrocarbons. 

System Reference Data 

Type 

T/K P/ MPa N.pts 

CH4 Zhigang Zhang (2002) PTxy 160 – 280 0.59 – 6.131 30 
“ Jadran Vrabec PTxy 160 -250 0.0218 – 6.31 29 
“ Van Wichterle (1972) PTxy 130.37 – 199.9 0.0012 – 5.15 135 

n-C7 Vinod S. Mehra (1965) PTxy 338.7 – 449.81 3.137 – 8.515 32 
n-C3 D. E. Matschke (1962) PTxy 255.37 – 0.260 – 5.184 86 

MeOH Karunari Ohgaki PTxy 298.15 1.093 – 4.124 5 
Acetone Karunari Ohgaki PTxy 298.15 0.480 – 3.936 8 

Methylacetate Karunari Ohgaki PTxy 298.15 0.480 – 3.849 10 
C6H6 Karunari Ohgaki PTxy 298.15 0.775 – 3.80 7 
n-C6 Karunari Ohgaki PTxy 298.15 0.507 – 3.549 7 
n-C8 W. L. Weng (1992) PTxy 318.15 – 1.5 – 6.8 18 
N2 Mukesh K. Gupta PTxy 260 -280 1.70 – 9.90 63 
“ Louis Grauso (1976) PTxy 200 -290 0.218 – 13.19 35 

n-C10 Hergen Gardeler PTxy 410.95 – 0.704 – 11.49 22 
n-C8 W. L. Weng (1992) PTxy 318.15 – 1.5 – 9.5 18 
H2O E. J. Bradbury (1951) PTx 308.15 – 0.46 – 53.09 53 

  

2.3.1.5. Nitrogen  

 Binary VLE of nitrogen with n-heptane, n-octane, n-nonane, n-decane, n-dodecane, 

benzene, toluene, as well as ternary and quaternary VLE of nitrogen with n-butane+n-decane and 

methane+n-butane+n-decane were measured at 305 K to 373 K and pressures up to 35.85 MPa 

(Llave and Chung, 1988). Isothermal VLE data were measured using a vapor recirculation 

apparatus for binary systems of nitrogen with ethane, ethene, propane, and propene in the range 

of 200 K to 290 K (Grausø et al., 1977). Thermodynamic consistency checks were performed for 

all systems except propene. Using a static apparatus (Brunner et al., 1987) measured VLE of 

nitrogen with n-heptane, methylcyclohexane, and n-heptane+methylcyclohexane at 453 K to 498 

K and 5.0 MPa to 40.0 MPa. Using a vapor recirculation type apparatus, Gupta et al. (1980) 

measured VLE of nitrogen with ethane and ethane+methane between 260 K and 280 K and 

Brown et al. (1989) measured VLE of nitrogen with CO2 and n-butane between 220 K and 344 
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K. In the work of Brown et al. (1989), data over 300 K were measured using a different system 

that allowed both vapor and liquid phase recirculation. 

 

Table 2.5. VLE data for binary mixtures of hydrogen and hydrocarbons. 

System Reference Data 

Type 

T/K P/ MPa Data 

Points 
n-C3 W. L. Burries (1953) PT xy 277.59 – 360.92 0.54 – 55.15 41 
“ D. B. Trust (1971) PTxy 98.15 – 348.15 1.37 – 20.68 132 

C2H4 Rich.Lird B (1954) PTxy 199.8 1.72 – 55.15 21 
n-C4 A. E. Klink (1975) PTxy 325.65 – 394.25 1.12 – 15.80 60 
“ E.E Nelson (1943) PTxy 296.15 – 388.75 2.24 – 10.72 13 
“ Harry J. Aroyan( 1951) PTxy 144.2 – 297.0 2.06 – 54.12 46 

2,3-DMB John F. Connolly (1986) PTx 308.15 – 483.15 2.71 – 16.44 87 
CH John F. Connolly (1986) PTx 308.15 – 523.15 0.69 – 16.48 91 
“ Subodhsen Peramanu PTx 295 6.99 – 20.78 5 

n-C5 John F. Connolly (1986) PTx 308.15 – 463.15 2.86 – 14.08 81 
“ Norman P. Freitag (1986) PT xy 273.15 – 373.15 0.347 – 37 

n-C10 Erwin Brunner (1985) PTx 293.15 – 373.15 0.0002 – 12 
“ Herbert M. Sebastian PTxy 462.45 – 583.45 0.149 – 24.69 30 
“ John F. Connolly (1986) PTx 308.15 – 573.15 0.178 – 9.93 81 

n-C6 Erwin Brunner (1985) PTx 298.15 – 373.15 0.02 – 9.81 27 
“ Wuzi Gao (2001) PTx 344.3 – 410.9 0.0105 – 34 
“ W. B. Nichols (1957) PT xy 277.59 – 477.59 0.0076 – 108 

n-C8 Erwin Brunner (1985) PTx 298.15 – 373.15 0.0019 – 15 
“ Subodhsen Peramanu PTx 295K 6.99 – 20.78 5 
“ John F. Connolly (1989) PTxy 463.15 – 543.15 1.01 – 11.73 50 
“ Kwang J. Kim (1997) PTx 295.15 0.6895 – 5 

Toluene Erwin Brunner (1985)       PTx 298.15 – 373.15              0.0038 – 28 
n-C7 Subodhsen Peramanu PTx 295 6.99 – 20.78 5 
EB Subodhsen Peramanu PTx 295 6.99 – 20.78 5 

MCH Subodhsen Peramanu PTx 295 6.99 – 20.78 5 
C1 Alvin 1. Benham 1957 PTxy 116.48 – 172.03 3.44 – 27.57 13 

 

2.3.2. VLE Data of Hydrate Formers with Water and Organic Thermodynamic Hydrate 

Inhibitors (THI) 

 As gas hydrates comprise hydrogen bonded water cages, associating molecules such as 

alcohols and glycols are often used in oil and gas flowlines as inhibitors to prevent hydrate 
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formation. These molecules work by associating with water molecules and thereby 

preventing/competing with formation of hydrogen bonded hydrate water cages. 

 

Table 2.6. VLE data for binary mixtures of nitrogen and hydrocarbons 

System Reference Data 

Type 

T/K P/ MPa Data 

Point
C6H6 Feliclano M. Llave PTxy 303.2 – 373.2 6.74 – 34.89 15 

 Philip Miller (1940) PTxy 303.15 – 6.21 – 31.86 55 
CH Steven K. Shlbata (1989) PTxy 366.5 – 410.9 0.171 – 25.77 20 

Cyclopentane Pradeep Marathe (1991) PTxy 366.4 – 410.2 0.358 – 33 
n-C10 Feliclano M. Llave PTy 344.3 K 4.02 – 34.64 6 
n-C2 Mukesh K. Gupta (1980) PTxy 260 – 280 1.702 – 9.90 68 
“ Louis Grauso (1976) PTxy 200 – 290 0.218 – 13.19 35 

C2H4 Louis Grauso (1976) PTxy 200 – 260 0.45 – 11.03 15 
“ K.A. Massoud Gasem PTxy 120 – 200 0.0012 – 72 

n-C7 G Brunner (1973) PTxy 453.15 – 4.4 – 23.4 21 
“ P Figuiere (1980) PTxy 453.15 – 0.012 – 37 
“ D. Legret (1981) PTxy 305.45 9.1 – 99.85 58 
“ Albert Cohen (1986) PTxy 497.1 3.1 – 13 5 
“ Feliclano M. Llave PTx 304.5 – 366.5 5.5 – 34.94 22 

n-C6 Robert S Poston (1961) PTxy 276.3 -350.42 1.72 – 34.46 55 
i-C5 Thamra R. Krishnan PTxy 277.59 - 0.182 – 2.090 47 
i-C4 Guangshun Chen (1997) PTxy 120 – 220 0.533 – 48 

MCH G Brunner (1973) PTxy 453.15 - 5.2 – 37.1 21 
n-C4 W. R. Lehigh (1966) PTxy 310.92 13.91 – 28.80 21 
“ TS Brown (1989) PTxy 250 -270 0.0395 – 24 
“ Steven K. Shlbatat (1989) PTxy 310.7 – 411.1 0.356 – 28.51 23 

“ Martin K. F (1989) PTxy 339.4 – 380 1.24 – 22.10 31 
n-C9 Feliclano M. Llave (1988) PTx 322 – 344.3 3.72 – 34.74 12 
n-C8  audencio Eliosa-

 im ne a 

PTxy 344.5 – 543.5 0.19 – 50.14 78 
“ Feliclano M. Llave (1988) PTx 322 – 344.3 3.23 – 35.04 12 

n-C5 Guadalupe Silva-Oliver PTxy 344.3 – 447.9 0.29 – 35.47 76 
“ Harish Kalra (1977) PTxy 277.42- 377.59 0.25 – 20.79 42 

C3H6 Louis Grauso (1976) PTxy 230 – 290 0.096 – 21.91 36 
Toluene Ho-Mulin (1995) PTxy 423.5 – 545.2 5.083 – 15.23 20 

“ Feliclano M. Llave (1988) PTx 323.2 – 348.2 4.15 – 35.35 12 
n-C2 Mukesh K. Gupta (1980) PTxy 260 -280 1.70 – 9.90 63 
“ Louis Grauso (1976) PTxy 200 -290 0.218 – 13.19 35 

CH4 Xiao Hong Han (1626) PTxy 110.01- 123.01 8e-5 – 2.91 77 
n-C3 Louis Grauso (1976) PTxy 230 - 290 0.096 – 21.91 36 
CO2 NANPING XU (1992) PTxy 288.3 – 293.30 5.11 – 9.11 20 
H2S Harish Kalra (1976) PTxy 227.98 – 0.140 – 13.74 18 



36 
 

 VLE data for ethane, methane, propane, n-pentane, iso-pentane, N2, CO2, and H2S with 

water, methanol, ethanol, n-propanol, and MEG are listed in Tables A2.1 –A2.25. Haghighi 

(2009) has compiled and reviewed data for various hydrate formers with water, methanol, 

ethanol, n-propanol, and MEG. Therefore, these systems are only discussed briefly here for the 

sake of completeness and the reader is referred to work by Haghighi, (2009) for more details on 

these systems. Some of the more exhaustive reviews on solubility of gases in water and VLE of 

different hydrate formers and water have been reported previously (Wilhelm et al., 1977, 

Ma c y s i et al., 2004;Haghighi, 2009). Wilhelm et al. (1977) reviewed low pressure solubility 

data of various gases including hydrocarbons in water. Ma c y s i et al. 2004 reviewed binary 

phase equilibria data of water with 32 hydrocarbons (C5 to C10), including n-alkanes, iso-alkanes, 

and cyclo-alkanes. Some of the earliest works on VLE of water with methane and ethane were 

performed by Culberson and McKetta (Culberson and McKetta Jr, 1951) in a rocking 

equilibrium cell at temperatures ranging from about 298 K to 444 K and pressures up to about 69 

MPa. They observed a maxima in the K (= y/x) value vs. temperature for both methane and 

ethane systems at constant pressure. The temperature at which the maxima occurred was found 

to decrease with increasing pressure. Dhima et al. (1998) measured solubility of methane, ethane, 

n-butane, and their mixtures in water at 344.25 K and pressures up to 100 MPa in a static 

equilibrium cell. Their results for binary gas systems (methane+ethane and methane+n-butane) 

did not show appreciable non-ideality as reported by previous investigators (Amirijafari and 

Campbell, 1972; McKetta and Katz, 1948). Some of the recent data on VLE of light 

hydrocarbons, methane, ethane, and propane, in water have been measured (Mohammadi et al., 

2004; Mohammadi et al., 2003 Valtz et al., 2004) using a static equilibrium cell, with reported 

solubility data at low pressures as well as near the hydrate formation conditions. Chapoy et al. 

(2004) also measured the solubility of nitrogen in water from about 274 K to 363 K.  

 VLE of hydrate formers with organic thermodynamic inhibitors have been recently 

reported (Wang et al., 2003; Xia et al., 2004, Ruffine et al., 2005Folas et al., 2007). Wang et al. 

(2003) measured the solubility of methane, ethane, and binary mixtures of methane and ethane in 

water, methanol, MEG, and mixed binary solvents of water + methanol and water + MEG, and 

observed higher gas solubility in aqueous solutions of methanol than in aqueous solutions of 

MEG. Xia et al. (2004) measured the solubility of CO2 in aqueous solutions of methanol and 

observed that the CO2 solubility was higher for methanol rich solutions than for water rich 
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solutions. Ruffine et al. (2005) measured the phase equilibria for systems comprising methane, 

ethane, propane, butane, CO2, and methanol at temperatures as low as about 193 K. Folas et al. 

(2007) used a high pressure equilibrium cell to measure the methane solubility in MEG and 

binary solutions of water + MEG. They showed that for such associating systems, the cubic plus 

association (CPA) equation of state provides better prediction than the SRK equation of state. 

The review of all available and missing vapor-liquid equilibria experimental data is summarized 

in Figure A2.1.   

 2.4. Hydrate Phase Equilibria Measurements 

 In this section, an extensive survey has been performed and summarized of hydrate phase 

equilibria measurements for various systems. Hydrate phase equilibria is quite different from the 

vapor-liquid equilibria due to the presence of the solid hydrate phase. Application of the Gibbs 

phase rule shows that for a binary hydrate-vapor-liquid system (C = 2, P = 3), there is only 1 

independent parameter. In addition, measurements of hydrate phase equilibria pose some 

significant challenges that are not encountered in VLE measurements. The primary reasons are 

long metastable periods and very high pressure requirements for hydrate phase formation. Due to 

uncertainties associated with metastable regions during hydrate formation, hydrate phase 

equilibria measurements are usually performed during hydrate dissociation, as hydrate 

dissociation occurs in a well-defined manner as determined by the equilibrium conditions; 

provided a slow heating rate is used for dissociation and test conditions are not within the self-

preservation region, i.e. 242-271 K at 0.1 MPa (Sloan and Koh, 2007). Techniques for hydrate 

phase equilibria measurement include the isochoric pressure search (IPS) method using a high-

pressure autoclave (Tohidi et al., 2000), high-pressure differential scanning calorimetry, DSC 

(Le Parlouër et al., 2004), quartz crystal microbalance (Mohammadi et al., 2003), and Cailletet 

apparatus (Jager et al., 1999). These techniques are discussed in detail by Sloan and Koh (Sloan 

and Koh, 2007). Here, a brief overview is presented of two of the most common techniques, 

namely the IPS method using a high pressure autoclave and high pressure differential scanning 

calorimetry.  

2.4.1. Isochoric Pressure Search Method 

 In the IPS method (Figure 2.3), liquid components (water and other chemicals) are 

charged into a constant volume autoclave and pressurized to the desired pressure using the 
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hydrate former gas or gas mixture. The temperature of the autoclave is decreased sufficiently to 

allow formation of hydrates. Formation of gas hydrates is accompanied by a rapid decrease in 

pressure. The temperature is then slowly increased to dissociate the hydrates. The hydrate 

equilibrium point is the point of intersection of the hydrate dissociation trace with the initial 

cooling trace on a pressure-temperature plot.  

 

 

Figure 2.3. Steps in isochoric pressure search (Ward et al., 2011; Ward et al., 2015) 
 

2.4.2. High-Pressure DSC Method  

 In high-pressure DSC method, a small quantity (few mg) of the liquid solution is put in 

the sample cell of the DSC and pressurized with the hydrate former gas. Similar to IPS method, 

temperature of the cell is lowered sufficiently to allow formation of gas hydrates. Temperature is 

then raised slowly to dissociate the hydrates. As hydrate dissociation is an endothermic process, 

the hydrate equilibrium point is taken as the point of last endotherm as observed in DSC. 

 To summarize, there are many methods available to measure different types of phase 

equilibria. The choice of the method is often determined by the type of the data required, the 

desired temperature and pressure range, chemical nature of the components, as well as time and 

economic considerations. Irrespective of the technique used for measurement, before using the 

data for development and validation of theoretical models or for process design, it is very 

important to review the data critically, analyze the various sources of errors, and perform 

thermodynamic consistency tests (Prausnitz et al., 1998) to ensure that the data is reliable. 
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2.5. Hydrate Phase Equilibria Data 

 This work compiles hydrate phase equilibria data for pure, binary, and ternary systems. 

Data for pure hydrates of methane, ethane, propane, iso-butane, CO2, N2, and H2S are presented 

in Tables 2.7 & A2.26-A2.31, respectively.  Table A2.30 lists binary hydrate data for various 

systems involving methane, ethane, propane, n-butane, iso-butane, CO2, N2, and H2S, whereas 

Table A2.32 lists binary data for structure H (sH) hydrates for various systems. Table A2.33 lists 

ternary hydrate data for systems involving methane, ethane, ethene, propane, iso-butene, iso-

butane, cyclopentane, cyclohexane, cycloctane, decane, N2, CO2, H2S, etc. Finally Table A2.35 

presents hydrate data in the presence in promoters (enabling hydrate formation at milder T,P 

conditions), such as tetrahydrofuran, tetra-n-butyl ammonium bromide, sodium dodecyl sulfate, 

SF6, etc.  

2.6. Single Component Hydrate Phase Equilibria Data  

 Hydrate phase equilibria data for pure hydrates of methane, ethane, propane, iso-butane, 

CO2, N2, and H2S are presented in Tables 2.7 & A2.26-A2.31, respectively.  

2.6.1. Hydrocarbons 

 Methane is among the most widely studied hydrate former gas, with data available from 

temperatures as low as about 148 K to about 353 K, and pressures ranging from about 0.005 

MPa to 1000 MPa. Villard (1888, 1890) (in Sloan and Koh, 2007) was the first to measure phase 

equilibria of methane, ethane, and propane hydrates. He used a Cailletet apparatus and 

determined the hydrate decomposition pressure by visually observing the disappearance of the 

solid hydrate phase. One of the most extensive studies on methane hydrates was performed by 

Dyadin et al. (1997, 1999)  at 287 to 326 K and 8 MPa to 1000 MPa using differential thermal 

analysis. On the other end, low pressure data was measured by Falabella and Vanpee (1974) who 

performed extensive studies on methane, ethane, ethene, ethyne, and CO2 hydrate phase 

equilibria focusing on temperatures below the ice point from about 148 K to 240 K. Their 

experimental setup used a low-temperature reaction vessel where ice crystals were bombarded by 

metal balls in the presence of hydrate former gas, and the pressure and total amount of gas 

absorbed was monitored.  
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Table 2.7. Hydrate phase equilibria for pure methane hydrates. 

ystSystem Reference T/K P/MPa N Pts 
 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

CH4 

+ 

H2O 

(Roberts et al., 1940) 259.1 – 286.7    1.648-10.8 5 
(Deaton and Frost Jr, 1946) 273.7 – 281.5 2.77 – 6.06 10 
(Kobayashi and Katz, 1949) 295.7 – 302.0 33.9 – 77.5 4 
(McLeod Jr and Campbell, 1961) 285.7 – 301.6 9.62 -68.09 10 
(Marshall et al., 1964) 290.2 – 320.1 15.9 – 397 20 
(Jhaveri and Robinson, 1965) 273.2 – 294.3 2.65 – 28.5 8 
Verma (1974) 275.2 – 291.2 3.02 – 18.5 7 
Falabella (1975) 148.8 – 193.2 0.0053 – 0.101 6 
Aoyagi et al., (1980) 240.0 – 270.0 3.45 – 10.34 12 
De Roo et al., (1983) 273.3 – 286.0 2.69 – 10.04 9 
Thakore and Holder (1987) 275.4 – 281.2 2.87 – 6.10 6 
Adisasmito et al., (1991) 273.4 – 286.4 2.68 – 10.57 11 
Makogon and Sloan (1994) 190.2 – 262.4 0.0825 – 1.798 6 
Dyadin and Aldko (1996) 287.0 – 326.8 8 - 1000 43 
Nakano et al., (1999) 305.08 – 320.54 98 - 493 16 
Nakamura et al (2003) 274.25 – 285.78 2.92 – 9.54 17 
Mohammadi et al., (2005) 280.5 – 298.3 5.426 – 47.863 11 
Yang et al., (2001) 278.1 – 273.1 5.79 – 14.81 19 
Yang (2000) 276.19 – 281.65 50.00 – 143.24 16 
Seo and Lee (2002) 274.15 – 286.15 6.00 – 20.00 13 
Servio and Englezos (2002) 274.35 – 284.35 3.5 – 6.5 15 
Chou, I.M. and Buruss, R.C.(2006) 278.1 – 273.1 5.79 – 14.81 19 
Sloan, E.D  et.al  (1976) 249.26 – 280.02  6.964 – 10.439 12 
Song K.Y, Kobayashi (1989) 274.75 – 284.45 2.688 – 8.099 6 
Adisasmito  et.al  (1991) 273.4 – 286.4 2.680 – 10.570 11 
Dickens. G and Quinby-Hunt. M 276.1 – 285.4 3.450 – 9.580 7 
Mei. D et.al (1996) 274.2 – 285.2 2.960 – 8.960 12 
Komai,  Takeshi et.al (1997) 278.15 – 291.15 4.2 – 18.6 8 
Nixdorf, J. and Oellrich, L. R.(1997) 273.49 – 293.57 2.716 – 24.959 30 
Nakano, S.[Shinya] et.al (1999) 305.08 – 320.54 98 – 493 15 
Uchida, T.[Tsutomu] et.al (1999) 273.6 – 278.4 2.990 – 7.060 16 
Yang, S. O.(2000) 259.1 – 281.65 5 – 143.240 26 
Clarke, M.A. & Bishnoi (2001) 274.65 – 281.15 3.187 – 7.487 21 
Jager, M. D.(2001) 278.1 – 302.1 4.050 – 72.850 11 
Hachikubo, A. et .al (2002) 268.4 – 271.24 2.324 – 2.527 4 
Kim, Y. S et.al (2003) 276.2 – 281.2 5 – 14.300 17 
Amir H. Mohammadi et.al (2010) 263.2 – 272.6 1.84 – 2.52 4 
Amir H. Mohammadi et.al (2005) 274.6 – 298.3 3.060 – 47.863 11 
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 Some of the latest data on pure component hydrates was measured by Eslamimanesh et 

al. (2012) and Mohammadi and Richon (2010b), who measured pure hydrate phase equilibria of 

air, O2, N2, CO, methane, and ethane systems in a cylindrical sapphire vessel using the 

isothermal pressure search method. For ethane hydrates, Nakano et al. (1998) also measured the 

three phase co-existence curve for ethane hydrate-water-liquid ethane at 290 K to 298 K and 

over a pressure range of about 19 to 83 MPa.The quadruple point for the ethane hydrate-liquid 

ethane-gaseous ethane-water system was reported to be 288.8 K and 3.5 MPa. Among the most 

extensive studies on propane hydrates are the works by Sloan et al. (1986) and Mooijer-van den 

Heuvel et al. (2002). Sloan et al. (1986) used a modified Clausius-Mossotti experimental method 

and measured the dielectric constant to determine hydrate phase equilibria of pure ethane, 

propane, as well as binary mixtures of ethane and propane and quaternary system of methane, 

ethane, propane, and n-pentane. Mooijer-van den Heuvel et al. (2002) used a Cailletet apparatus 

to measure hydrate phase equilibria of propane, trifluoromethane, tetrafluoromethane, as well as 

of binary hydrates of these gases. iso-butane systems were extensively studied by Wu et al. 

(2001) and Holder and Godbole (1987) in the pressure range of 0.226 – 14.27 MPa and at 241.4 

– 269.5 K. 

2.6.2. CO2, N2, H2S Phase Equilibria 

 Phase equilibria data for pure hydrates of CO2, N2, and H2S are presented in Tables 

A2.29 – A2.31 respectively. The CO2 hydrate system has been measured extensively and the 

hydrate phase equilibria data are available at temperatures and pressures as low as about 151 K 

and 0.0005 MPa to as high as about 304 K and 494 MPa. Nakano et al. (1998) measured the 

three phase co-existence curve for CO2 hydrate - liquid, water - liquid CO2 at high pressures of 

up to 494 MPa in an optical high pressure cell, equipped with an in-situ Raman microprobe. By 

studying CO2 hydrate phase equilibria at low temperatures of 151 K to 192 K Miller and Smythe 

(1970) proposed that CO2 hydrate could exist in the Martian atmosphere. Among the reported 

data on CO2 hydrates, Wendland et al. (1999) have measured the hydrate phase equilibria for the 

widest range of temperatures ranging from about 271 K to 305 K. N2 hydrates were studied most 

extensively by Marshall et al. (1964) and Sugahara et al. (2005), who measured hydrate phase 

equilibria at temperatures ranging from about 277 K to 309 K and pressures ranging from about 

24 MPa to 439 MPa. As mentioned earlier, most recent data on N2 hydrates was measured by 
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Mohammadi and Richon (2010b) using the isothermal pressure search method. Extensive work 

on H2S hydrates was performed by Selleck et al. (1952) and Carroll and Mather (1989, 1991). 

Most recent work on H2S hydrates is by Ward et al. (2011), who used the isochoric pressure 

search method and phase boundary decomposition (PBD) method to measure H2S hydrate phase 

equilibria data from about 273 K to 301 K. 

2.6.3. Hydrate Phase Equilibria Data for Multicomponent Systems 

 Hydrate phase equilibria data for multicomponent systems are reported in Tables A2.32 –

A2.34,  for various binary systems involving methane, ethane, ethene, propane, propene n-

butane, iso-butane, iso-butene, CO2, N2, and H2S. Table A2.33 lists data for structure H (sH) 

binary hydrates. Tables A2.34 and A2.35 list hydrate data for ternary systems and systems 

containing hydrate promoters, respectively. McLeod Jr and Campbell (1961) were among the 

first to perform extensive studies on binary gas hydrates. They used a Jerguson high-pressure 

visual cell and measured hydrate phase equilibria of binary systems of methane with ethane, 

propane, n-butane, and iso-butane at pressures up to about 68 MPa. They also measured hydrate 

phase equilibria of a five component system involving methane, ethane, propane, n-butane, and 

iso-butane. Similarly Ng and Robinson (1985) measured a number of binary and multi-

component systems involving methane, ethane, propane, iso-butane, n-pentane, N2, and CO2. 

Mehta and Sloan (1996) performed a detailed study of binary hydrates of methane with various 

structure H (sH) hydrate formers. Using a Jergusen cell, they measured hydrate phase equilibria 

data for binary mixtures of methane with 2,3-dimethylbutane, 2,2,3-trimethylbutane, 2,2-

dimethylpentane, 3,3-dimethylpentane, methylcyclopentane, cis-1,2-dimethylcyclohexane, 

cycloheptene, cis-cyclooctene, 2,3-dimethyl-1-butene, and 3,3-dimethyl-1-butene. High pressure 

hydrate phase equilibria data on similar systems was reported by Thomas and Behar (1994). 

Some of the recent data on binary and ternary hydrate systems was reported by Mohammadi et 

al. (2003) and Ward et al. (2011). Mohammadi and Richon (2011) used the IPS method for 

measurement of phase equilibria for systems of N2 and ethane with some heavy hydrate formers 

such as cyclopentane, cyclohexane, and methyl cyclohexane. Ward et al. (2015) also used the 

IPS method for ternary systems of methane, propane, and H2S.  
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Section II 

Hydrate Phase Equilibria overview for Inhibited Systems: Salts & Organic Inhibitors 

This chapter provides a review of the hydrate phase equilibria of the various hydrate formers 

(hydrocarbons, polar hydrate formers and organic inhibitors) in the presence and absence of 

organic inhibitors. This section of  Chapter 2 will be submitted for publication in a peer reviewed 

journal (Journal of Natural Gas Science and Engineering).This part of the chapter is reproduced 

with minor changes from the paper. 

Muhammad N. Khan3, Pramod Warrier3, Cor J. Peters4, Carolyn A. Koh3 
 

Abstract 

 Organic thermodynamic inhibitors such as methanol, ethanol, and monoethylene glycol 

are often used in oil and gas pipelines to avoid hydrate formation. Salts such as NaCl, KCl, 

CaCl2, etc. that are present in sea water also act as thermodynamic inhibitors for hydrate 

formation. Inhibited gas hydrate systems containing salts and/or organic inhibitors are of major 

concern because of the large errors associated in prediction of phase equilibria of these systems. 

The unavailability of phase equilibria data, appropriate electrolyte model, and an associative 

equation of state leads to various problems in predicting the properties of aqueous associating 

fluids and inhibited systems. This work reviews the experimental data on hydrate phase 

equilibria in the presence of inhibitors (salts + organic inhibitors).  

2.7. Review of Hydrate Phase Equilibria Data for Inhibited Systems 

 In this section, an extensive review of hydrate phase equilibria for inhibited systems was 

carried out and the hydrate phase equilibrium data for a wide range of temperature, pressure, and 

salt and inhibitor concentrations was compiled and reviewed. Furthermore, prediction 

capabilities of various commercially available software (MultiflashTM, Hydrafact and PVTsim, 

and CSMGem) were compared for inhibited systems containing organic inhibitors (methanol, 

                                                 
3 Department of Chemical and biological Engineering, Colorado School of Mines, Golden CO  

 
4 Petroleum Institute, Abu Dhabi U.A.E 
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ethanol, monoethylene glycol), salts (NaCl, KCl, CaCl2), and combination of salts and organic 

inhibitors. Oil and gas companies use high concentrations of organic inhibitors to avoid hydrate 

formation  in subsea flowlines, which can contain high concentrations of mixed salts. Therefore, 

besides accurate measurement and prediction for pure and mixed hydrate phase equilibria, 

inhibited hydrate phase equilibria is especially important for the design and operation of oil and 

gas flowlines. Most of the electrolyte models coupled with the van der Waals and Platteeuw 

model give reasonably accurate predictions for hydrate phase equilibria at lower salt 

concentrations. Although high errors are observed while predicting hydrate phase equilibria for 

1:2 electrolytes, such as CaCl2, even at low concentrations. In the following section hydrate 

phase equilibria data are compiled for various salts (sodium chloride, calcium chloride, and 

potassium chloride), organic inhibitors (methanol, ethanol, monoethylene glycol), and a 

combination of salt and organic inhibitor.  

 Hydrate plug formation in oil and gas flowlines is the number one flow assurance 

problem. Injection of organic thermodynamic inhibitors (methanol, ethanol, MEG)  in proportion 

to water contents in oil pipelines shifts the hydrate phase boundary to higher pressures and lower 

temperatures, thereby avoiding hydrate blockages (Braniff, 2013; Davies et al., 2010; Zerpa et 

al.,2012). Methanol is the most commonly used thermodynamic inhibitor, and in some cases it is 

often used in concentrations up to 50 – 60 wt. % for hydrate inhibition (Dholabhai et al., 1997; 

Mohammadi et al., 2008; Ng and Robinson, 1985). Ng, Robinson et al., (Dholabhai et al., 1997; 

Mohammadi et al., 2008; Mohammadi and Richon, 2010a; Ng and Robinson, 1985) conducted 

most of the methane hydrate phase equilibria measurements in the presence of methanol, as 

shown in Table 2.8 (Dholabhai et al., 1997; Mohammadi et al., 2008; Ng and Robinson, 1985). 

There have been several other hydrate phase equilibria studies, which include methane, ethane, 

propane, iso-butane, carbon dioxide, and hydrogen sulfide  in the presence of methanol, ethanol, 

MEG, diethylene glycol (DEG), and triethylene glycol (TEG) (Afzal et al., 2008; Bond and 

Russell, 1949; Breland and Englezos, 1996; Carroll and Mather, 1989; Dholabhai et al., 1997; 

Eslamimanesh et al., 2012; Fan et al., 2000; Mohammadi et al., 2008; Mohammadi and Richon, 

2010a; Ng et al., 1985; Ng and Robinson, 1985). 

 Hydrate phase equilibria measurements of carbon dioxide, hydrogen sulfide, ethane, and 

methane were carried out in the presence of MEG and methanol by Mohammadi et al., as shown 

in Tables A2.36-A2.41 (Bond and Russell, 1949; Dholabhai et al., 1997; Ng et al., 1985; Ng and 
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Robinson, 1983; Ng and Robinson, 1985). The experimental data were collected by using a 

cylindrical cell made of sapphire, which can withstand a pressure of 15 MPa (Mooijer-van den 

Heuvel et al., 2002). For hydrate phase equilibria of systems containing pure electrolytes, a 

significant amount of work has been done to determine the inhibited hydrate phase boundaries 

for methane, ethane, propane, carbon dioxide, and hydrogen sulfide, as shown in Table A2.36-

A2.41 (Dholabhai et al., 1991; Dholabhai et al., 1997; Englezos, 1993; Englezos and Bishnoi, 

1991; Jager et al., 1999; Jager et al., 2002; Jager and Sloan, 2001; Kang et al., 1998; Mahadev 

and Bishnoi, 1999; Mohammadi et al., 2008; Mohammadi and Richon, 2010a). Most of the 

hydrate phase equilibria data which were measured for pure electrolytes contain a salt 

concentration below 21 wt.%; however in some flow assurance and oil drilling scenarios the salt 

concentration could be as high as 30 wt.%. This emphasizes the importance of high salt content 

phase equilibria data.  

  In addition to single inhibitors, hydrate phase equilibria studies for mixed inhibitors: 

electrolytes (sodium chloride/potassium chloride/calcium chloride) + organic inhibitors 

(methanol, ethanol, MEG, DEG, TEG) are also listed in A2.36-A2.41 (Appendix).(Dholabhai et 

al., 1991; Dholabhai et al., 1997; Englezos, 1993; Englezos and Bishnoi, 1991; Jager et al., 1999; 

Jager et al., 2002; Jager and Sloan, 2001; Kang et al., 1998; Mahadev and Bishnoi, 1999; 

Mohammadi et al., 2008; Mohammadi and Richon, 2010a). 

2.8. Conclusion 

 Gas hydrates have tremendous potential for many energy related applications. Accurate 

knowledge of hydrate phase equilibria and VLE of hydrate formers is very important for process 

design and operation of systems involving gas hydrates. This work compiles and reviews data on 

VLE of various hydrate formers with hydrocarbons, water, and organic thermodynamic 

inhibitors, as well as hydrate phase equilibria data for single and multicomponent hydrates. The 

data compiled here serve as a critical source of reference for the development of new 

thermodynamic model predictions of gas hydrates phase equilibria. No attempt has been made 

here to check the thermodynamic consistency of the data and therefore it is recommended that 

thermodynamic consistency checks be performed before any data listed here is used for process 

design, or any other application. 
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Table 2.8. Hydrate phase equilibria for methane in the presence of inhbitors 

 

 

System Reference T/K P/MPa N Pts 
Methane with Organic Inhibitors 

C1+MeOH Ng and Robinson (1985) 266.2 – 286.4 2.14 – 18.75 12 
“ Robinson and Ng (1986) 240.1 – 270.1 2.38 – 20.51 12 
“ Ng et al., (1987) 194.6 – 259.5 0.76 – 20.49 17 
“ Ng, H.-J. and Robinson, D. B. 

(1983) 
266.23 – 280.17 2.140 – 18.750 12 

“ Blanc, C et.al (1990) 277.85 – 300.03 4.2 – 10.00 25 
“ Svartas, T. M. and Fadnes, F. 

H (1992) 
271.18 – 296.8 2.410 – 50.40 51 

“ Amir H. Mohammadi and 
Dominique Richon (2010) 

234.5 – 248.4 3.16 – 10.76 8 

C1+ MEG Robinson and Ng (1986) 263.4 – 280.2 2.42 – 16.38 12 
C1 +DEG Waheed Afzal et.al  (2008) 274.3 – 282.5 3.91 – 8.02 9 
C1+TEG Ross and Toczylkin (1992) 274.6 – 293.0  3.17 – 35.17 17 

C1 + EthOH Kobayashi et .al (1951) 273.2 – 284.7 3.38 – 13.67 5 
“ Amir H. Mohammadi et.al 

(2008) 
271.1 – 280.2 2.98 – 7.42 8 

Methane with Electrolyte 
C1+NaCl Kobayashi et al., (1951) 270.0 – 276.3 2.59 – 13.66 15 

“ De Roo et al., (1983) 263.4 – 278.0 2.39 – 11.00 23 
“ Jager, M. D. and Sloan, E. D. 

(2001) 
270.66 – 296.03 6.6 – 71.560 41 

“ Amir H. Mohammadi et.al 
(2008) 

274.2 – 283.6 3.58 – 9.60 5 
 

C1 + MEG + 
NaCl 

Eichholz et al., (2004) 266.1 – 279.8 2.136 – 9.489 42 
 Masoudi et al., (2004,2005) 262.3 – 277.9 5.068 – 46.698 8 

C1 + MEG + 
KCl 

Masoudi et al., (2004,2005) 259.3 – 283.9 3.930 – 45.050 8 
C1 +MEG + Masoudi et al., (2004,2005) 261.5 – 287.8 3.971 – 45.436 16 
C1+KCl+Na
Cl + CaCl2 

Dholabhai, P. D et al., (1991) 266.02 – 281.76 3.253 – 9.66 60 

“ Amir H. Mohammadi et.al 
(2008) 

266.6 – 288.5 2.72 – 14.80 14 

C1 + CaCl2 Dalmazzone, D et al., (2002) 263.95 – 279.85 5.99 – 10.010 21 
“ Kharrat, M. and Dalmazzone, 

D.(2003) 
259.9 – 284.4 6.160 – 10.200 25 

“ Amir H. Mohammadi et al., 
(2008) 

268.0 – 283.0 2.81 – 9.01 12 

C1 + MgCl2 Kang, S.P et al., (1998) 270.75 – 284.1 2.910 – 12.950 21 
C1 + KCl Amir H. Mohammadi, et.al 

(2008) 
270.1 – 283.2 2.71 – 8.82 13 
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CHAPTER 3 

THERMODYNAMIC MODELING OF GAS HYDRATES 

 Hydrate phase equilibria predictions typically use the classical van der Waals and 

Platteeuw (vdWP) model based on statistical thermodynamics with some modifications (e.g. 

CSMGem, with Gibbs Energy Minimization). In this current work, the vdWP model with Gibbs 

Energy Minimization algorithm was developed in Matlab. The developed algorithm was 

evaluated by first investigating the effect of hydrogen (H2) concentration on the phase equilibria 

of sI & sH hydrate systems. (Note: H2 was not included in the previous CSMGem model). The 

predictions were shown to be in close agreement with experimental phase equilibria 

measurements. Cage occupancies of methane and hydrogen in sI & sH hydrate were predicted to 

increase with increasing pressure, and the extent of occupation was found to be dependent on the 

methane: hydrogen ratio in the feed gas. It was evident from the thermodynamic equilibrium 

conditions of the quaternary system (MCH+H2O+CH4+H2) that as the H2 concentration increases 

(H2:CH4 ratio increased from 0 to 7), higher pressures are required to produce sH hydrates at the 

same temperature. The vdWP model has been also used to predict hydrate phase equilibria for sII 

pure cyclopentane (CP), CP+H2+H2O, CP+O2+H2O, CP+N2+H2O and CP+CH4+H2O. (Note: CP 

was also not included in the previous CSMGem model).  In order to capture the phase equilibria 

of CP and its mixtures, Kihara parameters are optimized from the pure cyclopentane and mixture 

experimental data. Furthermore, the CSMGem algorithm was modified to account for the 

formation of multiple clusters of guest molecules. In order to calculate the cage occupancy of the 

multiple cluster of hydrogen in the cavities, the modified vdWP model is utilized (Klauda and 

Sandler, 2000b; Martín and Peters, 2009).  

3.1. Hydrate Thermodynamic Model 

 Hydrate phase equilibria calculations of inhibited systems, including salts are critical to 

several hydrate applications, including hydrates in flow assurance, as well as hydrate 

technologies such as desalination and gas separation. Thermodynamic model development 

performed in this thesis work will be valuable in providing reliable predictions of hydrate phase 

equilibria for the different hydrate applications. The developed model will be capable of 

predicting a broad range of hydrate inhibited systems, including salts and high concentrations of 
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organic inhibitors. The latter predictions using current models show significant errors (~30-

80%).   

 The van der Waals and Platteeuw (vdWP) model has been developed to predict hydrate 

phase equilibria (Platteeuw and Van der Waals, 1958). In the vdWP model, a statistical 

thermodynamic approach is used to derive the thermodynamic properties of gas hydrates. This 

statistical thermodynamic model for gas hydrates is constructed using an analogy to the 

Langmuir isotherm, which has multiple adsorption sites for various hydrate former species. The 

main assumptions in deriving the vdWP model are given below: 

1. Each cavity can host a maximum of one guest molecule. 

2. Encaged molecules do not cause distortion in the cavity. 

3. Classical statics are valid. 

4. There is no guest-guest interaction between guest molecules, which also implies the 

energy of an encaged molecule is independent of the number and types of other guest 

molecules. 

 The vdWP model derivation is discussed in Appendix A3.1. The chemical potential of 

water in the hydrate phase is given by Equation (3.1) 

       


 
i i

ijiwwH vkTg ,1ln       (3.1) 

wH  : Chemical potential of water in hydrate phase 

wg  : Gibbs free energy of empty hydrate phase 

ji,  :  Fractional cage occupancy of component j in cavity i 

vi :   number of cages per unit water molecules 

k :   Boltzmann constant 

T :   Temperature 

i : Cavity index 

    Equation (3.1) is the governing equation in predicting hydrate phase equilibria. The vdWP 

model was developed at constant volume, which implies the volume of the empty hydrate is 

equal to the filled hydrate, as shown in Figure 3.1. 
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Figure 3.1. Model not allowing for the distortion of cages by guest molecules (Ballard, 2002). 

  

 However, X-ray diffraction (XRD) shows that the volume of the hydrate depends on the 

guest occupancy (Ballard, 2002; Hester et al., 2007; Von Stackelberg, 1949).  So the corrected 

model with distortion of hydrate cages due to guest molecules can be represented by Figure 3.2.  

 

 

Figure 3.2. Model allowing for the distortion of cages by guest molecules (Ballard 2002) 

  

 The chemical potential of the water in the hydrate phase is calculated by equation 3.2, in 

which the Gibbs free energy of the standard empty lattice phase under given conditions of 

temperature and pressure is corrected. 

   ln 1 lnH H
W W m im W

m i

g RT RT              (3.2)  

wH  : Chemical potential of water in hydrate phase 

wH  : Activity of water in hydrate phase 

R : Gas constant 

T : Temperature 
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 The vdWP model is based on statistical thermodynamics and has been extended to 

multicomponent systems by Parrish and Prausnitz (1972). The vdWP model is based on the 

equality of the chemical potential in each phase (Platteeuw and Van der Waals, 1958; Strobel et 

al., 2009a). The vdWP model was modified using a Gibbs energy minimization approach, 

CSMGem. In this work, an equality of fugacity concept for all the phases is utilized as a 

fundamental criterion for the calculation of phase equilibria (equation 3.3). The reliability of the 

predictions can be improved by using the van der Waals and Platteeuw model with corrections 

applied to remove the basic assumptions of the model (Martín and Peters, 2009).  

           (3.3) 

Equation (3.4) is used to calculate the fugacity of water in any phase k. 

         (3.4) 

fw
k: fugacity of water in the arbitrary phase k   

fwo: fugacity of water at standard state 

wog  : Gibbs free energy of water at standard state 

 The standard molar Gibbs free energy of the water at standard conditions is corrected to 

temperature T in order to calculate the Gibbs free energy of water at the ideal state (P=1 bar & 

T=298.15 K) as shown in (equation 3.5). 

         (3.5) 

woh  : Enthalpy of water at standard state  

The heat capacity is given as a function of temperature: . 

 The chemical potential of water in the hydrate phase is calculated using (equation 3.6, 

also given in 3.2), where the Gibbs free energy of the standard empty lattice phase under given 

conditions of temperature and pressure is corrected as follows. 

      (3.6) 

L
i

H
i ff 

exp o

o

k
W Wk

W W

g
f f

RT

     

0

0
2

0

o o o
TW W W

T

gg h
dT

RT RT RT
  

2 3
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ln 1 lnH H
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 The activity coefficient of the hydrate phase accounts for the non-ideality of the real 

hydrate in terms of disturbance to the empty lattice induced by guest occupancy. The activity of 

water in the hydrate phase is calculated by (equation 3.7) (Ballard, 2002). 

 

Table 3.1. Hydrate activity parameters. 

 

       (3.7) 

 Where                         

 

Table 3.2. Parameters for hydrate volume calculation. 

 

 

 

 The Gibbs free energy in the empty hydrate state is given in (equation 3.8), while the 

formation properties and parameters to calculate the molar volume of hydrate are listed in Tables 

3.1&3.2. 

        (3.8) 

The volume of the empty hydrate is calculated using (equation 3-9). 

  P

P

H
wo

o

woH
w

o

dP
RT

V

TTR

h

RT

g
)

11
(ln

0



0

0 0
2

0

T PWW W W

T P

gg h v
dT dP

RT RT RT RT

     

Phase 
(cm3/mol) 

(K-1) (K-2) (K-3) (bar-1) 

sI-β 

 

22.7712 

 

3.3849E-4 

 

5.4009E-7 

 

-4.7694E-11 

 

3.0000E-5 

 sII- β 22.9456 2.0297E-4 1.8511E-7 -1.8794E-10 3.0000E-6 

sH- β 24.2126 3.5754E-4 6.2943E-7 0 3.0000E-7 

Phase a (J/cm3) b (J/cm3)  

sI-β 25.74 -481.32 

sII-β 260.00 -68.64 

   

0v 1 2 3 
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  (3.9) 

The cage occupancy of the hydrate is given by (equation 3.10). 

            (3.10) 

 Here Cim is the Langmuir constant of component i in the cavity m, and fi is the fugacity of 

component i. The Langmuir constant is a function of temperature, which is calculated by 

assuming a spherically symmetric potential. (Equation 3.11) is used to calculate the overall 

Langmuir constant of the system (Ballard, 2002; Klauda, 2003; Klauda and Sandler, 2000a; 

Strobel et al., 2009b).  

        (3-11)

 

 The summed guest-host interaction in the cage is given in (equation 3.12) (Ballard and 

Sloan, 2002; Barkan and Sheinin, 1993). The interaction potential between guest, , and shell, 

, is given by the spherically symmetric Kihara potential and cage radii are listed in Table 3.3. 

     (3.12)

 

Where 

 

Rn: Radii of shell, n   

a: hard core radius 

 : Soft core radius 

win: Interactive potential of guest with cavity 

 The fugacity of water in the liquid phase is calculated using (equation 3.4), while the 

chemical potential of water is calculated using (equation 3.13), Table 3.4 lists the necessary 

parameters for the chemical potential of water (John and Holder, 1982; Prausnitz et al., 1986).

 

 

         3 2 3

0 1 0 2 0 3 0 0expW Hv a T T T T T T P P             

1
im i

im
jm j

j

C f

C f
  

1 2

0

( )
4

exp
i

in
R a

n
im

r
C r dr

kT kT

        


i n

12 6
10 11 4 5

11 5
( ) 2 i i i i

in i n in in in in
n n n n

a a
r z

R r R R r R

                      

1
1 1

N N

N i i
in

n n n n

a ar r

N R R R R


                   



62 
 

Table 3.3. Gas hydrate structural parameters and formation properties. 

Parameter 

 

Structure I 

Number of cavities per 

water molecule (v) 

 

1/23 

 

 

3/23 

Radius of the first 

cell (A) 

 

3.908 

 

4.326 
Number of water 

molecules 

surrounding a cavity in 

the first shell 

 

 

20 

 

 

24 

 

Number of cavities 

 

2 

 

6      (J/mol) -235537.85     (J/mol) -291758.77 

 

  

      (3.13) 

 

Table 3.4.  Formation properties for pure water. 

(J/mol) (J/mol) 

 (K-1) 

x102 

(K-2) 

x105 

(K-3) 

x109 

-237129 -285830 8.712 0.125 -0.018 0 

 

3.2. Results and Discussion 

 The hydrate phase equilibria algorithm has been developed in this thesis work in 

Matlab(R). The goal is to improve the predictions of hydrate phase equilibria in the presence of 

salts and other thermodynamic inhibitors; as well as developing a more robust model that 

incorporates other formers, including H2 and cyclopentane, which are important for energy 

storage/separation, and desalination applications. As a first step to validating the model, hydrate 

)ln(
2 ww

T

T

P

P

Lpure
w

Lpure
wo

o

wo
L
w xdP

RT

V
dT

RT

h

RT

g

RT
o o

    

0

pureL
Wg

0

pureL

Wh 0 /a R
1 /a R 2 /a R 3 /a R



63 
 

phase equilibria predictions of pure and mixed gas hydrate formers were compared with 

available experimental data.  

3.2.1. Pure Gas Hydrate Systems 

 The pure methane hydrate phase equilibria were predicted as shown in the Figure 3.3 

 

 

Figure 3.3. Pure methane (CH4) Lw-H-V hydrate phase equilibria boundary. 
Experimental data are from (Kobayashi and Katz, 1949; Marshall et al., 1964; Mohammadi et 

al., 2003; Yang et al., 2001) 

 

 The current model is successful in predicting hydrate phase equilibria up to very high 

pressures (i.e. around 300 MPa). Furthermore, the current Matlab(R) code was also validated with 

heavier hydrocarbon hydrate formers, e.g, ethane, propane etc. However, heavier hydrocarbon 

predictions using the current model are unreliable for the H-Lw-LHC phase boundary (Martin et 

al., 2010). This is also summarized in Table 3.5. 
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Table 3.5. Hydrate phase equilibria prediction capability for H-Lw-LHC 

Hydrate 

Former 
Phases T Range (K) CSMGem 

Klauda-

Sandler 

Martin & C.J 

Peters 

C2H6 

I-H-V 200.8 - 272.0 

   Lw-H-V 273.7 - 287.2 

   Lw-H-LHC 288.0 - 290.6 

   

C3H6 

I-H-V 237.2 - 257.9 

   Lw-H-V 275.0 - 289.4 

   I-H(SII)-V 258.1 - 272.0 

   Lw-H(SII)-V 273.2 - 274.3 

   

C3H8 

I-H-V 247.9 - 272.9 

   Lw-H-V 273.2 - 278.4 

   Lw-H-LHC 278.7 - 278.9 

   

CO2 

I-H-V 151.6 - 271.8 

   Lw-H-V 271.6 - 282.8 

   Lw-H-LHC 282.9 - 283.9 

   

H2S 

I-H-V 250.5 - 272.8 

   Lw-H-V 272.8 - 302.7 

   Lw-H-LHC 302.7 - 305.4 

   *modified from Martin et al., (2010) 
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 While predicting hydrate phase equilibria for n-C2, n-C3, n-C4, H2S and CO2 using the 

new Matlab(R) code , the algorithm was successful in predicting lower Q1 (I-Lw-H-V) and upper 

Q2  (LHC-Lw-H-V) quadruple points. Using an appropriate initial guess for the hydrate incipient 

calculation and Gibbs energy minimization (GEM) algorithm, the current model is successful in 

predicting the LHC-Lw-H and V-Lw-H phase boundaries as shown in Figures 3.4 & 3.5. 

 

 

 

 

 

 

  

 In validating the CSMGem Matlab(R) code, the current model was also utilized to predict 

hydrate phase equilibria for pure H2S & CO2. The predictions from the model are in good 

agreement with the experimental data as shown in Figures 3.6 & 3.7. 

 

Figure 3.5. Pure ethane (C2H4) Lw-H-V & H-Lw-LHC hydrate phase equilibria boundary. 

Figure 3.4. Pure propane (C3H8) Lw-H-V & H-Lw-LHC hydrate phase equilibria boundary. 
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 Furthermore, the CSMGem Matlab(R)  code was also tested for other pure components 

(i.e. N2, i-C4, n-C4 etc.) hydrate phase equilibria as shown in Figure A3.1. 

3.2.2. Mixed Hydrate Systems 

 In order to perform a complete validation of the current model, calculations were 

performed to predict the phase equilibria for sI/sII  ternary (H2+CH4+H2O, CH4+C2H6+H2O), 

quaternary (CH4+C2H6+C2H4+H2O, CH4+C2H6+C3H8+H2O), and sH hydrate systems. In order to 

capture the phase equilibria of the H2 + CH4 hydrate system, a statistical thermodynamic 

approach was applied, as mentioned above (section 3.1).  Using the vdWP model and the pure 

Figure 3.6. Pure H2S Lw-H-V hydrate phase equilibria boundary. 

Figure 3.7. Pure CO2 Lw-H-V hydrate phase equilibria boundary. 
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component H2 and CH4 Kihara potential parameters (Matsumoto et al., 2014; Strobel et al., 

2009a), we first reproduced the experimental phase equilibria measurements performed by Pang 

et al. (Pang et al., 2012), as shown in Figure 3.8. The deviation of the predicted hydrate 

formation pressure from experimental data is shown in Table 3.6. 

 

 

 

Figure 3.8. Phase equilibria for H2+ CH4 hydrate from calculations (lines) and experiment 
(points) (Matsumoto et al., 2014). 

 

Table 3.6. Percentage deviation in pressure (AADP) for H2 + CH4 mixture. 

System T / K p / MPa Np AADP / % 
4.55%H2+95.45%CH4 274.45–291.45 3.110–20.510 8 14.13 
28.03%H2+71.97%CH4 275.75–288.45 4.680–20.520 7 16.21 
33.85%H2+66.15%CH4 274.20–287.40 4.901–23.632 7 10.99 
41.90%H2+58.10%CH4 273.85–285.35 5.330–20.640 8 1.46 
65.90%H2+34.10%CH4 274.35–279.95 9.872–18.719 4 9.97 

Overall 10.55 
 

 Figure 3.8 shows there is good agreement between the predicted hydrate phase equilibria 

from the vdWP model and the available experimental data for mixtures containing H2, including 

binary systems with relatively high concentrations of H2. 

 Figures 3.9 & 3.10 show the quaternary (CH4+C2H6+C2H4+H2O) and 

(CH4+C2H6+C3H8+H2O) systems hydrate phase equilibria and model predictions are in 

agreement with experimental data. Furthermore, other ternary systems which include (CH4+ 

C2H6+H2O) & (CH4+ C3H8+H2O) were also tested and model predictions are shown in Figures 

A3.2-A3.3. 
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 The equivalence of the fugacity of water in the hydrate phase to that of water in the liquid 

phase is utilized to calculate the thermodynamic equilibrium data for the sH hydrate system. 

Figure 3.11 shows the predictions of phase behavior of the methylcylohexane+water+methane 

(MCH+H2O+CH4) system are in good agreement with the experimental measurements. 

 Phase equilibria predictions for a quaternary system containing (CH4+MCH+H2O+H2) as 

a function of H2/CH4 ratio were calculated and compared with experimental data (Figure 3.12). 

The calculation is carried out by keeping the MCH composition constant throughout, while the 

ratio of hydrogen to methane is changed from 0 to 7. 

Figure 3.10. CH4+C2H6+C2H4+H2O (Lw-H-V) hydrate phase equilibria boundary. 

Figure 3.9. CH4+C2H6+C3H8+H2O (Lw-H-V) hydrate phase equilibria boundary. 
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Figure 3.11. P-T diagram for ternary system: CH4+MCH + water. Points: experiment data from 
(Mooijer et al., 2004, Khan et al., 2014). 

 

 

Figure 3.12.  P-T diagram for the quaternary system of CH4+MCH +water+H2 as a function of 
H2/CH4 ratio (N.Khan et al., 2014, Mooijer et al., 2004). H2/CH4 ratios = 7 (+), 3(    ), 1 (    ), 0 

(*,   );Lines: prediction, points: experiment (Muhammad.N.Khan, 2014). 

 

 The phase equilibria of the 1:1 hydrogen-methane system are at relatively higher pressure 

and lower temperature conditions compared with the CH4+MCH+H2O system (i.e. without H2). 

Note: hydrogen is a small enough molecule to diffuse through the cage faces, and therefore 

requires higher pressures to be stabilized in the hydrate structure. Further increases in the 

hydrogen to methane ratio result in pronounced pressure increments; this increase in hydrogen 

results in more hydrogen storage, but at relatively higher pressures and lower temperature. The 

calculations are in good agreement with the experimental data. 
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 The methodology mentioned above can be used to estimate the cage occupancies of the 

small, medium and large cavities of the structure H hydrate. Figures 3.13 and 3.14 show 

represent the change in occupancy of methane in the small and medium cavity as a function of 

Figure 3.13. Cage occupancies of methane in the small cavity of sH at different 
H2/CH4 ratios (Muhammad.N.Khan, 2014). 

Figure 3.14. Cage occupancies of methane in the medium cavity of sH at different H2/CH4 ratios 
. 

Figure 3.15. Cage occupancies of hydrogen in large cavity at different H2/CH4 ratios 
(Model predictions) (Muhammad.N.Khan, 2014). 
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pressure at different ratios of hydrogen to methane. The hydrogen molecules increasingly occupy 

the small and medium cages as the pressure increases, which in turn displaces the methane 

molecules from the cavities.  

 

 

  

 The variation in cage occupancies of hydrogen and MCH with pressure as a function of 

hydrogen to methane ratio in the large cavity is shown in Figures 3.15 and 3.16. It is evident that 

the occupancy of hydrogen molecules in the cavities increases with increasing pressure. 

3.2.3. Cyclopentane (CP) Hydrate Phase Equilibria  

 The vdWP model has been also used to predict hydrate phase equilibria for sII pure 

cyclopentane (CP), CP+H2+H2O, CP+O2+H2O, CP+N2+H2O and CP+CH4+H2O. Knowledge on 

the phase equilibria of cyclopentane and its mixtures is useful, since cyclopentane is often used 

as a model hydrate former (which is stable at atm. pressure and below 7.7 oC), as well as being a 

potential candidate for hydrate technologies such as desalination. In order to capture the phase 

equilibria of CP and its mixtures, Kihara parameters are optimized from the pure cyclopentane 

and mixture experimental data (see equation 3.12). Kihara parameters were optimized using the 

vdWP (Platteeuw and Van der Waals) model and phase equilibria experimental data for pure 

cyclopentane (Matsumoto et al., 2014; Strobel et al., 2009a), as shown in Figure 3.17. 

 Deviations of the predicted hydrate formation pressures with experimental data for 

various optimized Kihara parameters are shown in Table 3.7.  

Figure 3.16. Cage occupancies of hydrate formers in large cavity of sH hydrate (Model 
predictions). 
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Figure 3.17. Optimized Kihara parameters from pure cyclopentane phase equilibria data. 
(Temperature is in K, Pressure is in bar). 

 

Table 3.7. Absolute average deviation in pressure (AADP) for pure cyclopentane hydrate for 
various optimized Kihara parameters. 

Sigma 

(Angstrom) 

Epsilon 

(K) 

AADP (%) 

3.09 300 15.96129 
2.85 320 12.02453 
2.82 330 6.129915 
3.023 300 14.29009 
3 .00 306 19.90015 
3.03 296 19.90015 
3.03 296 8.391081 
3.05 292 19.20498 
3.02 296 12.02065 
3.034 292 10.98042 

 

 The combination of Kihara parameters (sigma-2.82 and epsilon-330) gives the least 

AADP (%) in predicting three phase equilibria (H-V-LW). These parameters are also validated by 

checking the cage occupancy of cyclopentane in the larger cavity, as shown in Figure 3.18. The 

larger cavity of structure II is completely filled by cyclopentane, as expected. 

 Figures 3.19 and 3.20 show the hydrate phase equilibria of the pure cyclopentane (CP) 

and the CP+CH4+H2O system. The predicted results are in good agreement with the 

experimental data. The combination of optimized Kihara parameters is also successful in 

predicting other ternary systems. 
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Figure 3.18. Fractional cage occupancy of cyclopentane as a function of pressure. 

 

 

 

 

 

 
Figure 3.20. P-T diagram for pure cyclopentane 

Figure 3.19. P-T diagram for ternary system, cyclopentane+CH4 +water. 
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 Predicted phase behavior of CP+O2+H2O and CP+N2+H2O systems is shown in Figures 

3.21 & 3.22. The predicted results are in good agreement with the experimental measurements. 

The Kihara parameters are also optimized from experimental data for a cyclopentane mixture, 

and the results are listed in Appendix A3 (Figures A3.4-A3.16 and Table A3.1- A3.2). 

3.2.4. Modification in The vdWP Model for Multiple Cage Occupancy 

 The accuracy of the predictions made by the vdWP (Platteeuw and Van der Waals) model 

relies on the validity of the assumptions (mentioned in Section 3.1) on which it is based. 

Moreover, it has been discovered that clathrate hydrates of small molecules such as hydrogen 

(H2) can form clusters in the cavities (Sloan and Koh 2007). In the current work, the CSMGem 

Figure 3.22. P-T diagram for ternary system, cyclopentane+O2 +water. 

Figure 3.21. P-T diagram for ternary system, cyclopentane+N2 +water. 
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algorithm was modified to account for the formation of multiple clusters of guest molecules (i.e. 

greater than 1 molecule per cavity). In order to calculate the cage occupancy of the multiple 

cluster of hydrogen in the cavities, the modified vdWP model is utilized (Klauda and Sandler, 

2000b; Martín and Peters, 2009). The cage occupancy for clusters is calculated as follows. 
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which can be generalized in a following way 
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where fCF ijij
)1()1(   and 2)2()1()2(

jijijij fCCF  , which can be easily extended for 3 clusters as 

follows to 3)3()2()1()3(
jijijijij fCCCF   and so on 

)1(
ijC : Langmuir constant correspond to single occupation 

)2(
ijC : Langmuir constant correspond to 2 molecules cluster occupation 

)3(
ijC : Langmuir constant correspond to 3 molecules cluster occupation 

)4(
ijC : Langmuir constant correspond to 4 molecules cluster occupation 

f        : fugacity 

 So with the assumptions including: incorporating a fixed guest molecule position instead 

of independent locations, the spherical symmetry of molecules and cavities, a simplified equation 
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to estimate the Langmuir constant can be used, as given in (equation 3.11; also given 

previously). 

 

    
1 2

0

( )
4

exp
i

in
R a

n
im

r
C r dr

kT kT

        
     (3.11) 

 The guest potential is modified according to the number of molecules in a cluster, which 

is given in (equation 3.18). 

 

For 2 clusters of H2 

 

 

 For the case of 2-H2 clusters in the hydrate cavity, the interactive potential can be 

calculated by using (equation 3.18). 

                                          (3.18)                                                                           
Evaluation of the guest-cavity potential at each particular radius is given by: 
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and guest-guest interactions are calculated using the Lennard-Jones potential. 
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r
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r

sigma
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For 3 clusters of H2 

 For the case of 3-H2 clusters in the hydrate cavity, the interactive potential can be 

calculated as below (equation 3.19) 
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                                                  (3.19)                                                                                                                                                                                     

guest-guest interactions are calculated using 

612 )(4)(4
r
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r
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For 4 clusters of H2 

 For the case of 4-H2 clusters in the hydrate cavity, the interaction potential can be 

calculated by (equation 3.20) 

 

                                               (3.20) 
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r1 and r2 coordinates are optimized using SPARTA calculation and they can also be calculated 

using  multiples cluster cage occupancy number. 

                                                                                                 

r3 and r4 coordinates are optimized using SPARTA calculation and they can also be calculated 

using  multiples cluster cage occupancy number. 

 To calculate the activity of water in the hydrate phase, there is a need to modify the 

compositionally dependent volume of hydrate, as shown in (equation 3.21). 

    
3

* )()( 


   
m i

ikm
k

ikmmoo rfNaxv     (3.21) 

 Where Nm is the number of cages of type m in the hydrate, while       is the repulsive 

constant for a k cluster molecule in a hydrate cage, m, and     is standard lattice parameter (Sloan 

and Koh, 2007). The function         can be modified as follows: 

For the small cage 

                                        
For the large cage 

                           

 Figure 3.23 shows the change in Langmuir constant as a function of temperature for 2, 3 

and 4 clusters of hydrogen molecules in the larger cavity of sII hydrate. The chemical potential 

of water in the hydrate phase is calculated by using the modified equation (3.22). 
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3.3. Conclusion 

 A statistical thermodynamic model based on the van der Waals and Platteeuw model was 

developed in Matlab(R) and first tested by performing calculations on the effect of hydrogen (H2) 

concentration on the phase equilibria of sI, sII & sH hydrate systems. The predicted phase 

equilibria were predicted using the model, showing good agreement with experimental phase 

equilibria measurements. Phase equilibria predictions for ternary and quaternary systems were 

also carried out and good agreement with experimental data confirmed the validity of the model 

to be used in this thesis work. The model was also able to predict cage occupancies of methane 

and hydrogen molecules in sH hydrate, showing occupancies of hydrogen increase with 

increasing pressure. Therefore, in addition to validating the new algorithm, the latter has been 

developed to incorporate hydrogen and cyclopentane hydrate phase equilibria predictions, and 

also multiple guest occupancy in the hydrate cages. These developments are important to hydrate 

applications of storage, separation, and desalination. 
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CHAPTER 4 

THERMODYNAMIC FLUID PHASE EQUILIBRIA MODEL DEVELOPMENT 

 

This chapter provides a detailed inhibited hydrate phase equilibria calculation and fluid phase 
model development. This section of  Chapter 4 will be submitted for publication in a peer 

reviewed journal (Journal of Natural Gas Science and Engineering). 
This part of the chapter is reproduced with minor changes. 

Muhammad N. Khan1, Pramod Warrier1, Cor J. Peters2, Carolyn A. Koh1 
 

Abstract 

 The prediction capabilities of various hydrate models and commercially available 

programs (MultiflashTM, Hydrafact, PVTsim 21.0, and CSMGem) were compared for inhibited 

systems containing organic inhibitors (methanol, ethanol, monoethylene glycol), salts (NaCl, 

KCl, CaCl2), and combinations of salts and organic inhibitors. It was observed that all these 

models give reasonable predictions when the inhibitor concentration is less than about 30 wt. %, 

but the prediction errors increase significantly as the inhibitor concentration increases. This is 

because of the lack of data, as well as an appropriate electrolyte model and associative equation 

of state to accurately describe association between water and thermodynamic hydrate inhibitors. 

This work therefore revisits different fluid phase models, and a new model is proposed for 

hydrate phase equilibria predictions. This new model comprises a cubic plus association equation 

of state in combination with electrolyte contributions, which will be employed to more 

accurately predict the fluid phase properties of these systems. The proposed equation of state 

incorporates all the forces that arise from the presence of hydrocarbons (dispersive and attractive 

interactions), polar hydrate formers (hydrogen bonding), and electrolyte contributions (Born 

energy + ion hydration + columbic interactions). This new equation of state (developed in this 

thesis work) will correctly predict the fluid phase equilibria for various systems containing high 

concentrations of organic thermodynamic inhibitors and salts.  

 

 

                                                 
1 Department of Chemical and biological Engineering, Colorado School of Mines, Golden CO 80401 
1 Petroleum Institute, Abu Dhabi U.A.E. 
 



83 
 

4.1. Fluid Phase Model for Hydrate Phase Equilibria 

 In the design of any hydrate application (e.g., a desalination process), accurate knowledge 

of the thermodynamic phase equilibria behavior of the guest hydrate former(s) + salt + water 

systems is critical to  assess the appropriate driving force/subcooling operating range, structure 

type and guest occupancy, hydrate phase amount (at equilibrium), optimal guest/gas 

composition, and appropriate dissociation conditions. As discussed in Chapter 3, the hydrate 

phase equilibria predictions using the current model (developed in this thesis work in Matlab, as 

well as other prediction models currently available) for these mixed guest systems with salts 

exhibit high errors when compared with experimental data. Therefore, further phase equilibria 

model developments are required to more accurately predict a wide range of hydrate systems 

with inhibitors including salts, as well as other thermodynamic inhibitor molecules. These 

thermodynamic model developments will be critical to hydrates in flow assurance, desalination 

process design, as well as to other broader applications. 

4.1.1. Inhibited Gas Hydrate Systems 

 Thermodynamic predictions of gas hydrate phase equilibria for inhibited (salt, methanol) 

systems are of major concern because of the large errors in phase equilibria predictions for these 

systems. The unavailability of phase equilibria data and an associative equation of state lead to 

significant problems in predicting the phase equilibria of aqueous associating fluids and inhibited 

(salt, methanol) systems. Various systems were investigated by using different prediction 

models, including CSMGem, MultiflashTM, and PVTsim 21.0, in the presence of salts (NaCl, 

KCl, CaCl2), organic inhibitors (MEG, ethanol and methanol), and combinations of these.  

Table 4.1.  Absolute average deviation in pressure for methane hydrate in the presence of  
methanol. (Experimental data from (Mohammadi and Richon, 2010; Ng and Robinson, 1983; Ng 

and Robinson, 1985). 
Gas Methanol 

Conc. (wt. %) 

T range 

(K) 

P range 

(MPa) 

% AADP-

PC SAFT 

% AADP 

CSMGem 

% AADP 

MultiflashTM 

% AADP 

PVTsim 

C1 10 266.2-268.4 2.14-18.8 1.87 4.28 1.31 3.21 (PR) 
 20 263.3-283.2 2.83-18.75 4.36 10.5 3.999 7.28 (PR) 
 35 250.9-270.1 2.38-13.68 11.46 13.19 10.81 10.62 (PR) 
 50 233.1-255.3 1.47-18.53 18.53 17.95 28.82 23.53 (PR) 
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Table 4.2. Absolute average deviation in pressure for methane hydrate in the presence of 
monoethylene glycol (MEG).Experimental data from (Ng and Robinson, 1985). 

Ga

s 

MEG  

wt. (%) 

T range (K) P range 

(MPa) 

% AADP 

CSMGem 

% AADP 

MultiflashT

% AADP 

PVTsim 

% 

AADP 
C1 10 270.2-287.1 9.89-15.2 0.266 2.86 0.159 (SRK) 0.93 

 30 267.59-279.89 3.77-16.3 3.10 5.71 0.057 (SRK) 0.59 
 50 263.43-266.48 9.89-15.24 28.45 1.59 1.37 (SRK) 0.50 

  

 Tables 4.1 and 4.2 summarize the absolute average deviation in pressure (AADP %) for 

methane hydrate in the presence of methanol and MEG over a range of concentrations. 

CSMGem predicts methane hydrate phase equilibria for methanol and ethylene glycol (MEG) 

systems up to moderate organic inhibitor concentrations, but there are significant deviations for 

28 % to 50 wt. % MEG concentrations. 

Table 4.3. Absolute average deviation in pressure for ethane hydrate in the presence of 
monoethylene glycol (MEG).Experimental data from (Mohammadi et al., 2008; Mohammadi 

and Richon, 2010; Ng et al., 1985). 
Gas MEG Conc. 

(wt. %) 

T range (K) P range (MPa) % AADP 

CSMGem 

% AADP 

PVTsim 

% AADP 

MultiflashTM 
Ethane 5 272.7-281 0.49-1.45 1.70 3.25 3.08 

 10 271.1-278.5 0.471-1.2 3.21 3.94 0.47 
 20 267.1-275.3 0.471-1.2 11.06 4.72 4.55 
 35 262.1-269.4 0.486-1.287 42.30 1.34 6.62 
 50 251.6-259 0.386-1.002 64.80 3.87 15.63 

 

Table 4.4. Absolute average deviation in pressure for ethane hydrate in the presence of NaCl. 
Experimental data from (Englezos and Bishnoi, 1991). 

Gas NaCl Conc. 

(wt. %) 

T range (K) P range (MPa) % AADP 

CSMGem 

% AADP 

MultiflashTM 

Ethane 10 273.7-278.8 0.88-1.7 0.751 3.63 
15 272.7-274.1 1.08-1.38 0.65 2.94 
20 266.25-271.45 0.68-1.52 9.22 6.22 

 

 Tables 4.3-4.6 show that CSMGem predicts well the phase equilibria for ethane in the 

presence of methanol, ethanol, MEG and NaCl (at low concentrations), but there are significant 

errors in predicting ethane phase equilibria in the presence of monoethylene glycol, especially at 
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higher concentrations. The higher AADP for monoethylene glycol (MEG) and its mixtures with 

salt is attributed to the lack of an equation of state (EoS) to model hydrogen bonding or 

associating systems. 

 

Table 4.5. Absolute average deviation in pressure for ethane hydrate in the presence of organic 
inhibitor. Experimental data from (Haghighi et al., 2009). 

Gas Inhibitor Conc. 

(wt. %) 

T range (K) P range 

(MPa) 

% AADP 

CSMGem 

% AADP 

MultiflashTM 

% AADP 

PVTSim 

Ethane 5 % Methanol 272.2-280.5 0.5-1.54 4.11 1.18 6.27 
 15 % Methanol 268.2-278.9 0.61-2.6 9.04 8.35 6.04 
 5 % Ethanol 273.6-280 0.59-1.34 3.06 5.59 5.59 
 15 % Ethanol 274.4-282 0.81-2.23 4.98 6.52 6.52 

 

Table 4.6. Absolute average deviation in pressure for ethane hydrate in the presence of 
methanol. Experimental data from (Mohammadi et al., 2008). 

Gas Inhibitor Conc. 

(wt. %) 

T range (K) P range (MPa) % AADP 

CSMGem 

% AADP 

cPA 

Ethane 10 % Methanol 268.3-281.4 0.417-2.8 3.27 0.63 
20 % Methanol 263.5-274.1 0.55-2.06 6.77 0.28 

35 % Methanol 252.6-262.2 0.502-1.48 14.06 0.29 
50 % Methanol 237.5-249.8 0.423-1.00 - 0.48 

 

Table 4.7.  Absolute average deviation in pressure for propane hydrate in the presence of 
NaCl.Experimental data from (Ng et al., 1985; Ng and Robinson, 1983). 

Gas NaCl Conc. 

(Wt. %) 

T range (K) P range (MPa) % AADP 

CSMGem 

% AADP 

MultiflashTM 

Propane 3.1 273.15-275.95 0.22-0.414 0.416 10.21 
10 270.05-272.15 0.241-0.421 3.36 13.69 
15 266.15-268.15 0.221-0.379 2.64 13.55 
20 260.95-263.05 0.189-0.30 4.33 7.35 

  

 Tables 4.7 and 4.8 present the AADP (%) for propane in the presence of NaCl, methanol, 

ethanol, and ethylene glycol. CSMGem predicts well NaCl and ethanol at low concentrations for 

methane hydrate, but gives an AADP of around 40 % for methanol and MEG systems. 
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Table 4.8. Absolute average deviation in pressure for propane hydrate in the presence of organic 
inhibitors. Experimental data from (Mohammadi et al., 2008; Ng and Robinson, 1983). 

Gas Inhibitor Conc. 

(Wt. %) 

T range (K) P range 

(MPa) 

% AADP 

CSMGem 

% AADP 

MultiflashTM 

%AADP 

SAFT 
Propane 5 % Methanol 272.4-275.3 0.2-0.41 1.37 14.76 - 

5 % Methanol 272.12-274.79 0.234-0.468 18.68 8.20 4.23 
10.39 % Methanol 268.3-271.82 0.185-0.434 22.76 6.816 3.72 

15 % Methanol 266.3-269.9 0.2-0.42 16.63 44.53 8.43 
5 % Ethanol 272.5-276.6 0.2-0.51 5.51 0.577 - 
15 % Ethanol 272-275 0.25-0.5 2.29 0.64 - 

5 % MEG 272.9-275.8 0.2-0.4 15.41 6.63 - 
15 % MEG 269.8-273.7 0.2-0.47 39.85 14.31 - 

 

Table 4.9. Absolute average deviation in pressure for H2S hydrate in the presence of TEG. 
Experimental data from (Haghighi et al., 2009). 

Gas TEG Conc. 

(% v/v) 

T range (K) P range 

(MPa) 

% AADP 

cPA 

% AADP 

MultiflashTM 

% AADP PVTsim 

H2S 10 272.3-276.8 0.18-0.51 1.69 - - 

 20 271.7-275.2 0.25-0.50 1.88 - - 
 35 270.2-272.4 0.29-0.425 0.31 - - 

 

TEG-Triethylene Glycol 

 
Table 4.10.  Absolute average deviation in pressure for H2S hydrate in the presence of methanol. 

Experimental data from (Ng and Robinson, 1985). 

Gas Methanol Conc. 

(% v/v) 

T range (K) P range 

(MPa) 

% AADP 

CSMGem 

% AADP 

MultiflashTM 

% AADP 

PVTsim 

H2S 10 265.7-291.8 0.068-1.08 12.68 10.55 7.066 (SRK) 

 16.5 273.2-290.1 0.275-1.49 33.53 35.16 - 
 20 271.8-281.2 0.221-0.593 21.89 20.42 14.12 (SRK) 
 35 251.6-284.5 0.177-1.35 6.67 9.45 1.32 (SRK) 
 50 255.9-277.8 0.283-1.22 54.02 11.11 14.76 (PR) 

  

 Tables 4.9 and 4.10 compare the absolute average deviation in pressure for hydrogen 

sulfide in the presence of methanol and TEG. CSMGem clearly fails to predict H2S inhibited 

systems, especially with monoethylene glycol where the AADP (%) reaches 50 %.   
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Table 4.11. Absolute average deviation in pressure for methane + CO2 hydrate in the presence of 
mixed inhibitors.Experimental data from (Fan et al., 2000). 

Gas Inhibitor Conc. (% v/v 

MEG, % w/w salt) 

T range (K) P range (MPa) % AADP CSMGem 

Methane 

+ 

CO2 

10 % MEG 269.57-281.22 1.92-6.31 4.33 
30 % MEG 264.78-277.17 2.42-9.16 10.05 

5 % MEG + 15 % CaCl2 264.77-276.89 2.27-8.87 2.67 
20 % MEG + 5 % NaCl 269.89-276.79 3.37-7.65 15.45 

 
Table 4.12. Absolute average deviation in pressure for methane + ethane + propane  hydrate in 

the presence of  mixed inhibitors.Experimental data . from (Ng and Robinson, 1983). 
Gas Inhibitor Conc.  

(% v/v EG, % w/w salt) 

T range (K) P range MPa) % AADP 

CSMGem 

% AADP  PC-

SAFT 

 C1 

+ 

n-C2 

+ 

n-C3 

10 % MEG 270.19-284.97 0.78-4.54 7.15 - 

20 % MEG 267.11-283.15 0.91-5.13 17.90 - 
30 % MEG 264.76-279.18 1.12-5.17 15.06 - 

10  % MEG + 10 % 

NaCl 

266.94-281.97 0.95-5.67 5.86 6.28 

20 % MEG + 10 % 267.63-279.04 1.02-6.92 11.86 14.9 
15 % MEG + 5 % NaCl 

+ 5 % CaCl2 

266.2-274.4 4.43-11.41 Failed 12.76 

20 % MEG + 5 % NaCl 

+ 5 % CaCl2 

263.52-280.06 0.90-8.10 Failed 4.66 

PC-SAFT=Perturbed chain associating fluid theory predictions (Hao Jiang et al., 2011) 

 Tables 4.11 and 4.12 show the comparisons of phase equilibria predictions with the 

Soave-Redlich-Kwong (SRK) equation of state in CSMGem and PC-SAFT for CH4+CO2 and 

CH4+C2H6+C3H8. It is evident that there are large deviations in the hydrate phase equilibria 

predictions for these inhibited (salt containing) systems. The large errors in most of the mono 

ethylene glycol (MEG) and methanol systems are attributed to the SRK EoS not accounting for 

association. In order to remove the uncertainties in the calculations, there is a need to use an 

association equation of state to predict association contributions among same (self-association) 

and different (cross-association) molecules.  

 The AADP for various hydrate formers containing 50 vol.% MEG is plotted in Figure 

4.1.  CMSGem gives highest error in predicting hydrate phase equilibria. Figure 4.2 shows the 

AADP for H2S over a range of MEG concentrations, and compares the AADP with other 

commercially available software (Multiflash, PVTsim, HydraFLASH, DBRHyd). CSMGem 
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clearly gives the highest error in predicting H2S inhibited systems, especially with mono ethylene 

glycol (MEG) where the AADP reaches 50 %. 

 

Figure 4.1. Absolute average deviation in pressure for various hydrate formers containing 50 
vol.%  MEG.  

DBRHyd-Peng Robinson EoS, PVTSim-Peng Robinson, Multiflash-cPA EoS, CSMGem-SRK 
EoS, HydFLASH-Peng Robinson EoS 

  

 

Figure 4.2. Absolute average deviation in pressure for H2S hydrates over a range of MEG 
concentrations (vol.%). 

DBRHyd-Peng Robinson EoS, PVTSim-Peng Robinson, Multiflash-cPA EoS, CSMGem-SRK 
EoS, HydFLASH-Peng Robinson EoS 
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Figure 4.3. Absolute average deviation in pressure for natural gas hydrates over a range of 
methanol concentrations (vol.%) in the presence of 3.5 wt. % NaCl. 

DBRHyd-Peng Robinson EoS, PVTSim-Peng Robinson, Multiflash-cPA EoS, CSMGem-SRK 
EoS, HydFLASH-Peng Robinson EoS 

 

 
Figure 4.4. Absolute average deviation in pressure for natural gas hydrates over a range of MEG 

concentrations (vol.%).  

DBRHyd-Peng Robinson EoS, PVTSim-Peng Robinson, Multiflash-cPA EoS, CSMGem-SRK 
EoS, HydFLASH-Peng Robinson EoS 
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 Figures 4.3 & 4.4 compare the AADP for natural gas (See Table A4.2 for natural gas 

composition) in the presence of methanol and MEG. The CSMGem AADP in predicting hydrate 

phase equilibria in the presence of methanol is of comparable accuracy with other commercial 

software; while for MEG, the error reaches 50 % especially with high concentrations of MEG. 

 

 

Figure 4.5. Absolute average deviation in pressure for CO2 hydrates over a range of methanol 
concentrations (vol.%). 

DBRHyd-Peng Robinson EoS, PVTSim-Peng Robinson, Multiflash-cPA EoS, CSMGem-SRK 
EoS, HydFLASH-Peng Robinson EoS 

 

 
Figure 4.6. Absolute average deviation in pressure for CO2 hydrates over a range of MEG 

concentrations (vol.%). 
DBRHyd-Peng Robinson EoS, PVTSim-Peng Robinson, Multiflash-cPA EoS, CSMGem-SRK 

EoS, HydFLASH-Peng Robinson EoS 
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 The AADP using CSMGem for carbon dioxide was compared with various commercial 

software (MultiflashTM and PVTsim 21.0) in the presence of methanol and MEG (Figs. 4.5 and 

4.6). CSMGem shows convergence problems at high concentrations of methanol, and is of 

comparable accuracy with other commercial software at lower methanol concentrations; while 

for MEG, the error goes up to 70 % for high concentrations of MEG.In addition to hydrate phase 

equilibria in the presence of pure salts and organic inhibitors, hydrate phase equilibria were also 

predicted using CSMGem and compared with MultiflashTM and PVTsim (Figures 4.7 & 4.8). 

CSMGem shows convergence issues over a range of temperatures and pressures (shown by 

stars), especially in the presence of calcium chloride. PVTsim gives the highest error for 

hydrogen sulfide in the presence of mixed electrolyte compositions. 

 

 

Figure 4.7. Absolute average deviation in pressure for methane hydrates over a range of mixed 
salt concentration (Composition is listed in Appendix Table A4.2). 

DBRHyd-Peng Robinson EoS, PVTSim-Peng Robinson, Multiflash-cPA EoS, CSMGem-SRK 
EoS, HydFLASH-Peng Robinson EoS 

 

 CSMGem shows the highest errors and convergence issues when predicting the phase 

equilibria for salt containing systems Note, the desalination part of this thesis will utilize a 

methane-ethane gas mixture with different salt contents, and therefore accurate phase equilibria 

predictions are especially critical for the desalination study. 
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Figure 4.8. Absolute average deviation in pressure for hydrogen sulfide hydrates over a range of 
mixed salt concentration (composition is listed in Appendix Table A4.3). 

DBRHyd-Peng Robinson EoS, PVTSim-Peng Robinson, Multiflash-cPA EoS, CSMGem-SRK 
EoS, HydFLASH-Peng Robinson EoS 

 

4.2. New Fluid Phase Model for Hydrate Phase Equilibria 

 Based on the deviations in predicting the hydrate phase equilibria for pure components 

and inhibited systems there is a need to revisit the fluid phase model. An extensive literature 

review was carried out to find a suitable equation of state, which can be applied to a mixture of 

species, including a range of hydrocarbons (low to high MWt), polar components, organic 

inhibitors, and electrolytes. In order to predict the phase equilibria for species forming hydrogen 

bonds, an associative equation of state was developed by Kontogeorgis et al. (Kontogeorgis et 

al., 2006). 

 The following thermodynamic model developments will be critical to the different 

hydrate applications. In the current work, the following equation of state (equation 4.1) is 

proposed to model a variety of hydrate guest species, which include hydrocarbons (low to high), 

polar hydrate formers, with organic inhibitor and salts. 

            (4.1) ColBornAssosphyIGM AAAAnVTAnVTA  ),,(),,(
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 In (equation 4.1), Aphy accounts for the deviation due to repulsive and attractive 

interactions, while the second term (AAssos) represents changes in Helmholtz free energy because 

of species association. The proposed equation of state incorporates all the forces which arise 

from the presences of hydrocarbons (low to high MW; dispersive and attractive interactions), 

polar hydrate formers/acid gases (hydrogen bonding), and electrolyte contributions, as shown in 

Figure 4.9. 

 

Figure 4.9. Conceptual picture representing the forces contributions in an association + 
electrolyte equation of state(Modified from Myers et al). 

 

 The physical (Soave Redlich Kwong-SRK) term of the proposed equation of state is 

given in (equation 4.2) ( Soave, 1972).  

   )1log()1log((
V

bm

RTbm

am

V

bm
nA phy     (4.2) 

While 

)(* Taa ci   

c

c

P

TR
a

22

427.0   



94 
 

c

c

P

RT
b 0866.0  

While the energy parameter for the mixture is calculated by using 
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The Helmholtz free energy contribution from hydrogen bonding is approximated by (equation 

4.3) (Chapman et al., 1989) 

          (4.3) 

There are two main cases for associative components: 

 Association between molecules of the same species (self-association)  

 Association between molecules of different species (cross-association) 

 In (equation 4.1), the physical term is taken from the SRK equation of state, while the 

association term is taken into account from SAFT, where XA is the fraction of molecules not 

bonded at site A, and which is defined by (equation 4.4) (Chapman et al., 1989; Huang and 

Radosz, 1991). 

            (4.4) 

This is extended to mixtures by following equation (4.5) 
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While association strength across the sites Ai and Bj are calculated by equation (4.6) 

(Kontogeorgis et al., 2006; Kontogeorgis et al., 1996)   

    ij
BARTRBA

beg ji

jBiA

ji  




  1)(     (4.6) 

 
S

assos X
XnRTnVTA )

2

1
(ln),,(




   


B

ABBX XA 1
1



95 
 

and the radial distribution is given as 

     
9.11

1
)( Rg      (4.7) 

Where 

mV

b

4
  and  

2
ji bb

b
  

 Furthermore, five parameters of the cubic plus association equation of state (  , a(T), 

b, c  ) are used for associating components. Association EoS parameters  (in the physical and 

association terms) were optimized for the associating components by simultaneous minimization 

of absolute errors in saturated liquid densities and vapor pressures, with comparison to 

experimental data and DIPPR correlations (Derawi et al., 2003; Kontogeorgis et al., 2006; 

Kontogeorgis et al., 1996). 

 For the case of mixtures, there is no need to have mixing rules for mole fractions of the 

sites which are not bonded (XAi), but other association parameters ( , ) need to be corrected by 

the use of following mixing rule (Yakoumis et al., 1998) 

2

jjii
ji

BABA
BA    

jiiji AjBBABA    

while the association strength for mixtures is calculated by using (equation 4.8) 

     jiiji AjBBABA       (4.8) 

while in other literature (Derawi et al., 2003) ΔAB (association strength) is also given in another 

form (equation 4.9) 

       (4.9) 

which can be also written in the following form 

 

while g(d)seg is given as 

          (4.10) 
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The fluid density is a function of temperature, and is dependent on segment diameter and 

segment number, m, as given by (equation 4.11). 

           (4.11) 

The temperature independent diameter σ is related with V* (soft core volume) 

 

and the temperature dependent segment diameter is given by (equation 4.12). 

          (4.12) 

 The aim of the remainder of the thesis work on phase equilibria predictions was to 

incorporate into the existing CSMGem model an association equation of state. The latter will be 

based on molecular parameters using reduced densities, and the following equation will be used 

for the fluid density (Derawi et al., 2003; Folas et al., 2007; Kontogeorgis et al., 2006; 

Kontogeorgis et al., 1996; Yakoumis et al., 1998):   

where  and rearranging with  we have  

 For the case of a cross association system, equations are solved on the basis of the 

association sites available. The analytical solutions for the self association scheme (Table 4.14) 

will be utilized to solve (equation 4.4) (Kontogeorgis et al., 1996; Kraska, 1998). 

 For the case of pure fluids, e.g. water, ethanol and methanol, the above (equation 4.5) can 

be solved analytically for the different association site models as shown in Table 4.14, while the 

various association sites are given in Table 4.13 (Ruffine et al., 2006). Some common cases for 

the cross association scheme are discussed in later sections (Kraska, 1998). 

 For the case of self association systems, which include most of the hydrogen bonding 

formers, we can approximate solutions using (equation 4.4) depending upon the association 

scheme (Huang and Radosz, 1990). The association scheme and sites can be approximated for a 

particular molecule by examining the location of the hydrogen atoms and lone pairs on acceptor 

atoms. The 4C and 2B association schemes are the most commonly used (shown in Figure 4.10). 

The monomer fraction XA using the 4C scheme is derived in equation (4.13). 
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Table 4.13.  Association scheme for various components (Hartono and Kim, 2004). 

Figure 4.10. CO2 and H2O structures with their association schemes. 
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         (4.4) 

     

 

The association strength and XA can be approximated as follows 

 

and 

 

For the case of the 4C association scheme we can expand the above equation in the following 

way 

 

by using the above approximation we have 

 

 

so we can write 

 

which implies 

 

 

         (4.13)
  

 The use of an inaccurate mixing rule for cPA, SAFT, PC-SAFT, SRK and PR equations 

of state leads to higher deviations when these are applied to polar molecules. The association 

energy and volume of interaction are treated with mixing rules developed by (Suresh and Elliott 

Jr, 1992), who studied the effect of various mixing rules in their SAFT study of cross associating 

systems (including water and alcohols). 
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 The cross association energy and volume of two components (self associating) is given in 

(equations 4.14 & 4.15) (Derawi et al., 2003), while other mixing rules for association 

parameters are also summarized  in Table 4.15. 

 

Table 4.14. Analytical solutions for different associative species equations (Huang and Radosz, 
1990, 1991). 
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           (4.15) 

 

Table 4.15. Summary of Elliot mixing rules for the association equation of state (Derawi et al., 
2003). 

Mixing rule Cross association 

energy 

Cross association 

Volume 

CR-1 

2

jjii
ji

BABA
BA    

jiiji AjBBABA    

CR-2 

2

jjii
ji

BABA
BA    

2

jjii
ji

BABA
BA    

CR-3 
 

jiiji AjBBABA    

CR-4 
 

2

jjii
ji

BABA
BA    

 

 In the hydrate phase equilibria predictions arising from this thesis work, six associative 

components (methanol, ethanol, monoethylene glycol, hydrogen sulfide, carbon dioxide and 

water) will be handled through cross and self association schemes. For the most common 

systems of water (3 association scheme) and alcohols (2 association scheme), the cross 

association scheme is applied in a following way. 

 

Self associating site 

– A1B1 

– A2C2 
– B2C2 

Cross association scheme 

– A1C2 
– B2B1 
– A2B1 

ij
AjBBABA jiiji  

jiiji AjBBABA  
jiiji AjBBABA  
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The mole fraction of molecule i not bonded at site A is XAi  
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By using approximations 
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 Which can be solved simultaneously to get the fraction of unbonded sites. Other 

scenarios for different association schemes are discussed from Case I-IV as shown in the 

Appendix (section A4.1) (Kraska, 1998). In the absence of salt, the proposed equation of state 

(equation 4.1) reduces to the following form (equation 4.26) and the detailed derivation was 

discussed in Appendix (section A4.2). 
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   AssosphyIGM AAnVTAnVTA  ),,(),,(     (4.26) 

 The detailed derivation of the electrolyte contributions are discussed in Appendix of 

Chapter 9 of the thesis. In addition to the proposed fluid model, there are couple of other 

approaches proposed to predict the vapor liquid equilibria and hydrate incipient calculations. 

Various equations of state are used, and in the following section a brief introduction of the cubic 

EoS namely, the Soave Redlich Kwong equation of state (SRK), Peng Robinson equation of state 

(PR), together with SAFT and PC-SAFT are discussed. 

4.3. Cubic and Other Associative Models 

The following sub section discusses summary of the cubic and other association equation of 

state. 

4.3.1. Redlich Kwong Equation of State 

 Redlich and Kwong modified the van der Waals equation of state by modifying the 

energy parameter with a temperature dependent energy term a(T) to improve PVT properties of 

gases (Redlich and Kwong, 1949). The Redlich Kwong equation is given in (equation 4.27) 

     
)( bvv

a

bv

RT
P  

     (4.27) 

where a , b  and  are described in Table A4.1. 

4.3.2. Soave Redlich Kwong equation of state 

 In order to predict the accurate phase behavior for hydrocarbons at higher temperatures 

and pressures, we need an equation of state which can provide accurate thermodynamic 

properties. Soave proposed the modification in the Redlich Kwong equation of state by 

incorporating a more complex temperature dependence to the attraction parameter, as shown in 

equation 4.28 (Soave, 1972). 

     
)( bvv
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RT
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where  

  v   is molar volume 
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  R  is Gas constant 

  a  is energy parameter for SRK EoS 

  b is volume contribution for  SRK EoS 

 The energy and volume parameters are described in the Table A4.1. The energy 

parameter for mixture is calculated by using 

 

    (4.29) 

 

where 

     5.0))(1( jijji aakia             (4.30) 

4.3.3. Peng Robinson equation of state 

 Peng and Robinson (1976) proposed an equation of state by modifying the denominator 

of the attractive term and using a modified functional form for the parameters a and b, which is 

more advantageous to the Soave-Redlich-Kwong equation in predicting liquids,  as given in 

equation 4.31 (Peng and Robinson, 1976). 

where  

  v   is molar volume 

  R  is Gas constant 

  a  is energy parameter  

  b is volume contribution 

.    
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RT
P      (4.31) 

 The a(T) and b parameters are described in Table A4.1, and the energy parameter for the 

mixture  is calculated by using the same mixing rule as for the SRK-EoS. 

4.3.4. Statistical Associating Fluid Theory (SAFT) 

 (Chapman et al., 1989)  proposed an equation of state model in order to predict accurate 

fluid phase equilibria, based on the Statistical Associating Fluid Theory (SAFT). The SAFT 

 c
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equation of state can be represented in terms of Helmholtz free energy by (equation 4.32), and is 

discussed  in detail in Chapter 7 

    
Assoschainsegres AAAA      (4.32) 

4.3.5. Perturbed Chain Statistical Associating Fluid Theory (PC-SAFT) 

 The PC-SAFT equation of state (EoS) considers molecules as chains composed of hard 

spherical segments, and the influence of chain-length is accounted for in both repulsive and 

dispersive contributions. In addition, the association term is explicitly accounted for and thus the 

PC-SAFT EoS is particularly suitable to model systems containing polar hydrate formers, 

organic inhibitors, hydrocarbons (low to medium hydrocarbon) and water (Gross and Sadowski, 

2001). The PC-SAFT equation of state is implemented in the current work for various binary 

systems of H2S/CO2+hydrocarbon and is discussed in detail Chapter 8. 

    
Assoschainsegres AAAA      (4.33) 

4.4. Electrolyte Models for Hydrate Phase Equilibria 

 The hydrate phase equilibira predictions for inhibited systems will use physical models 

available, in addition to associative and physical contributions by an equation of state (equation 

4.34) 

    eElectrolyt
i

EoS
ii  lnlnln       (4.34) 

 Electrolyte contributions to the fugacity coefficient is given by various models, which are 

described below. For the salt containing system, there are numerous approaches to update the 

fugacities of the aqueous phase. The most common approach is to use the Debye-Huckel (DH) 

theory, as given below (Lin et al., 2007). 

4.4.1. Complete Debye-Huckel term 

 The Helmholtz free energy can be calculated as follows (equation 4.35) 

      dT
T

U

T

A EE
2      (4.35) 

while excess internal energy derived by Debye and Huckel is given as follows 
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Equation 4.36 is the final form deduced by Debye and Huckel, while the activity coefficient can 

be calculated by 

E

i
Elec A

n
ln  

which can be differentiated with respect to moles to give the activity coefficient (equation 4.36) 

(Helgeson and Kirkham, 1974).  

          (4.36) 

Where 

  

 

4.4.2. Truncated Debye-Huckel  

 Further simplification in the Debye and Huckel derivation leads to a more simplistic form 

of the Debye-Huckel equation. The truncated Debye-Huckel form assumes electrostatic 

interaction is a main contribution factor in electrolyte non ideality as shown by (equation 4.37) 

(Helgeson and Kirkham, 1974) 
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while the activity coefficient is given as 
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while the average activity coefficient for both the ions can be calculated as follows 
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On a modality basis, the truncated Debye-Huckel can be written in the following form 
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While other physical activity models are also discussed in the Appendix (section A4.4.1- 

A4.4.2). 

4.4.3. Mean Spherical Approximation (MSA) 

 A statistical thermodynamics approach has been also employed to estimate the activity of 

the aqueous phase. The most common approaches developed include the Hypernated chain 

theory and the mean field spherical approximation, which are the solution of the Ornstein-

Zernicke equation (Friedman, 1981; Loehe and Donohue, 1997; Tan et al., 2005).  The above 

two approaches (i.e. Pitzer theory and Bromley activity model) can clearly predict the 

thermodynamics and structure of electrolytes. 



107 
 

 The Helmholtz free energy expression for MSA (mean field spherical approximation) is 

given by (equation 4.38) (Blum, 1975; Blum and Høye, 1977; Harvey et al., 1988). 

      (4.38) 

 is the screening parameter which can be approximated by equations from (Blum, 1975; Blum 

and Høye, 1977; Harvey et al., 1988). 

The complete mean spherical approximation screening length is given by equation (4.39) 
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 There are other complicated expressions derived for MSA by (Blum, 1975; Blum and 

Henderson, 1981; Blum and Høye, 1977), which require numerical solutions to get the mean 

activity coefficient.  

 Modified equations for the Helmholtz free energy and screening length were developed 

for the mean field spherical approximation, where short range forces between neutral solvent 

molecules are accounted for to get a realistic picture of the electrolyte solution, as given in 

equations (4.40 to 4.41) 
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   In the simplified implicit mean field spherical approximation, no mixing rules are  

employed to calculate the ion diameter. (Van Bochove, 2003) proposed simple and explicit 

versions of the mean field spherical approximation (MSA), and they have shown they are 

accurate for salts of similar diameters. For the common ion sizes and by using single effective 

ion size, the MSA can be reduced into following form (equation 4.42) 

 where Helmholtz free energy is calculated as follows 
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4.5. MSA based Model 

1. vR-SAFT  (Amparo Gallindo (Galindo et al., 1999) 

2. Myers, Sandler and Wood electrolyte EoS ((Myers et al., 2002)) 

3. Furst and Renon's EoS (Fürst and Renon, 1993) 

4.5.1. vRE-SAFT 

 Amparo Galindo et al. (1999) extended SAFT by extending the applicability of the 

statistical associating fluid theory (SAFT) to electrolyte solutions. They applied SAFT-vR to 

fluids of associating chain molecules with a variable range of attractive potentials. The Mean 



109 
 

spherical approximation is used here to account for the Columbic interactions, while water-water 

and ion-water interactions are incorporated using the association in the SAFT-vR approach 

(Galindo et al., 1999).  

 The proposed equation of state for electrolyte containing systems is in terms of 

Helmholtz free energy and can be written as (equation 4.44) 

    
NKT

A

NKT

A

NKT

A

NKT

A

NKT

A IonsAssocMonoideal     (4.44) 

idealA    :free energy associated with ideal fluid 

MonoA    : free energy associated with monomer 

AssocA  : free energy associated with association 

AssocA  : free energy associated with columbic interactions 

Besides these models, there are other equations of state that have been developed for electrolyte 

containing system, which are outlined in Appendix (section A4.4.3- A4.4.4). 

4.6. Conclusion 

 There is a significant amount of experimental hydrate phase equilibria data available in 

the absence and presence of thermodynamic inhibitors at low to moderate concentrations, but 

data is lacking at higher concentrations. The discrepancies between available hydrate phase 

equilibria datasets for inhibited systems have been evaluated.  Phase equilibria predictions were 

carried out using CSMGem, Multiflash and PVTsim and various EoS models (including SRK, 

PR, SAFT, PC-SAFT) for various hydrate formers without and with inhibitors. The results 

showed severe errors in the current predictions for inhibited systems in the presence of MEG and 

mixed electrolyte systems. It is likely that the current models are inaccurate due to a deficiency 

in accounting for both associating and coulombic interactions. Therefore, an associative equation 

of state coupled with an electrolyte model was proposed to improve the phase equilibria 

predictions of gas hydrates in the presence of thermodynamic inhibitors, including salts and 

alcohols.  
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CHAPTER 5 

DEVELOPMENT & VALIDATION OF PROPOSED EOS  

This chapter provides a detailed vapor liquid equilibria calculation and fluid phase model 
validation. This section of  Chapter 5 will be submitted for publication in a peer reviewed journal 

(Journal of Chemical Engineering data).This part of the chapter is reproduced with minor 
changes. 

Muhammad N. Khan1, Pramod Warrier1, Cor J. Peters2, Carolyn A. Koh1 
 

Abstract 

 Inaccurate predictions of the vapor-liquid equilibria of polar hydrate formers and organic 

inhibitors can lead to erroneous hydrate phase equilibrium predictions for these associating 

components. In this work, five parameters of the cubic plus association (CPA) equation of state 

were determined for the associating components by simultaneous minimization of absolute errors 

using experimental saturated liquid densities and vapor pressures. Model prediction accuracies 

were compared with experimental data using binary interaction parameters. Furthermore, the 

proposed association equation of state (based on cPA-EoS) was employed to predict vapor-liquid 

equilibria of water/N2/H2+non-associating hydrate formers. Water was modeled here by using a 

4C association scheme (i.e. comprising two proton donor and acceptor sites on each water 

molecule), which has been used previously (Chapman et al., 1989; Kontogeorgis et al., 2006; 

Tsivintzelis et al., 2014; Tsivintzelis et al., 2010). Predicted pressure-composition diagrams were 

in good agreement with experimental data, except for some cyclic hydrocarbons where the liquid 

phase was not well modeled. 

5.1. Optimization of Association EoS Parameters 

 In order to calculate accurate phase equilibria behavior of hydrates, the fluid models need 

to be corrected for pure components properties and binary vapor-liquid equilibria over a range of 

temperatures and pressures. Five parameters (a, b and c for the cubic EoS part, and two for the 

association volume and strength) of the proposed association equation of state were optimized 

for the associating components by simultaneous minimization of absolute errors in saturated 

liquid densities and vapor pressures (equation 5.1), with comparison to experimental data and 

                                                 
1 Department of Chemical and biological Engineering, Colorado School of Mines, Golden CO 80401 
2 Petroleum Institute, Abu Dhabi U.A.E 
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DIPPR correlations (Tsivintzelis et al., 2010, 2011). The DIPPR correlations are utilized here as 

a source of liquid density and vapor pressure instead of using experimental data. The DIPPR 

correlation takes into account the uncertainty in the experimental and correlation predictions. 

The DIPPR correlations, which are derived from experimental datasets, predict vapor pressure 

and liquid density within errors of less than 1 %; correlation parameters for various associative 

components are summarized in Table 5.1. 
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Vapor pressure (VP) and liquid densities (d) are calculated using DIPPR correlations as shown 

by equations (5.2 & 5.3)   
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The liquid density and vapor pressure are also calculated using the proposed EoS, by using the 

following algorithm as shown in the Figure 5.1.  

Table 5.1. DIPPR correlation parameters and their accuracy. 
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Figure 5.1. Algorithm for liquid density and vapor pressure calculations. 

 

 In order to calculate vapor pressure and liquid densities, the algorithm is initialized by 

providing input variables (T,P, association scheme, initial guess for association parameters). 

Gas and liquid compressibility factors are calculated by using initial guesses from the Soave 

Redlich Kwong equation of state. The equality of fugacities in vapor and liquid phases are used 

as a criterion for the vapor pressure calculations (Hartono and Kim, 2004).  

 In addition, while optimizing the association equation of state parameters, resulting 

parameter sets (a, b and c for the cubic EoS part, and two for the association volume and 

strength) should be physically meaningful. Moreover during optimization, various sets of 

parameters were obtained by minimization of the absolute errors in vapor pressure and liquid 

densities for various reduced temperature ranges. Final selection of the association equation of 

state parameters was based on the accuracy of pure components properties predictions, vapor-

liquid equilibria and liquid-liquid equilibria predictions. 
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Table 5.2. Optimized association equation of state parameters for water using the 4C association 
scheme. 

Water  
   Set 1  Set 2  Set 3  Set 4  Set 5  Set 6  Set 7  

a 0.1252  0.1131  0.1269  0.1276  0.1242  0.1242  0.1252  

b 1.4E-05  1.54E-05  1.44E-05  1.44E-05  1.46E-05  1.46E-05  1.47E-05  

c 0.7133  0.7308  0.7052  0.7006  0.6941  0.6941  0.702  

ε 
1.69E+0

4  1.67E+04  1.68E+04  1.67E+04  17535  16700  1.68E+04 

β 0.0649  0.0644  0.0646  0.0661  0.0644  0.0676  0.066  
Scheme  8  8  8  8  8  8  8  
Conv.  0.001  0.008439  2.12E-07  2.34E-07  0.001424  0.052572  0.052572  

T
r
-range  0.99  0.99  0.877  0.90  0.911  0.92  0.92  
(%)P  6.17  29.8  5.74  4.02  26.7  1.58  2.37  
(%)  3.11  10.4  2.19  2.10  0.0298  3.84  4.77  

     
 Tables 5.2 & 5.3 list the optimized association equation of state parameters for water and 

ethanol using the 4C and 2B association schemes, respectively. It was found that at a reduced 

temperature of Tr=0.99, the global optimizing objective function exhibits low convergence. On 

the basis of accuracy in predicting vapor pressure and liquid densities for water, parameter set 6 

(Figure 5.2) gives the least error and is found to be suitable in predicting VLE (Chapter 5 & 6). 

While parameter sets 1 & 2 are the best sets of parameters for ethanol and methanol respectively 

as shown in Tables 5.3-5.4; Figures 5.3 & 5.4 illustrate the parameter sets 1 & 2 can accurately 

predict pure component properties. 

 

 

 

 

 

 

 
Figure 5.2. Vapor pressure (left) and liquid density (right) predictions for water using the 

4C association scheme. 
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Table 5.3. Optimized association equation of state parameters for water ethanol using the 2B 
association scheme. 

Ethanol  
   Set 1  Set 2  Set 3

a 
 Set 4  Set 5  Set 6  Set 7  

a 0.847 0.8505 0.86716  0.8448 0.8489 0.8764 0.8634 

b 4.82E-05 4.82E-05  4.82E-05 4.91E-05  4.83E-05 4.85E-05 4.84E-05 

c 0.7732 0.7709  0.7369  0.7912 0.7951 0.7664 0.7812 
ε 2.14E+04 2.13E+04  21532  2.16E+04 2.16E+04 2.06E+04 2.10E+04 
β 0.0081 0.0081  0.0080  0.0076 0.0076 0.0083 0.0082 

Scheme  3 3 3 3 3 3 3 
Conv.  0 0  -  0 0.000001 0 0.000004 

T
r
-range  - 
(%)P  0.382  0.294  9.13  4.40  5.40  0.939  3.10  

(%)  0.613  0.754  0.984  0.671  0.522  0.598  1.23  
 

 Table 5.4 shows the optimization results for methanol using the 2B association scheme. 

There are multiple solutions for methanol, but parameter set 2 gives the least error in predicting 

pure component properties. 

 

 

 

 

 

 

 

 

 

 
Figure 5.3. Vapor pressure (left) and liquid density (right) predictions for ethanol using the 2B 

association scheme. 
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Table 5.4. Optimized association equation of state parameters for methanol using the 2B 
association scheme. 

Methanol  

   Set 1  Set 2  Set 3
 
 Set 4  Set 5  Set 6  Set 7  

a 0.398 0.4053 0.403 0.413 0.410705 0.426095 0.432427 

b 3.21E-05 3.12E-05 3.04E-05 3.06E-05 3.06E-05 3.10E-05 3.11E-05 

c 0.4345 0.4389 4.53E-01 0.4291 0.462039 0.503531 0.471025 

ε 2.48E+04 2.45E+04 2.44E+04 2.45E+04 2.44E+04 2.38E+04 2.34E+04 

β 0.0162 0.0162 0.0162 0.015 0.01546 0.01613 0.017157 

Scheme  3 3 3 3 3 3 3.00E+00 

Conv.  0.05246 0.055386 1.00E-06 0.000002 0.000001 0.000003 0.000001 
T

r
-range  - 
(%)P  14.4  4.87  1.38  2.07  3.13  1.35  5.47  
(%)  5.31  0.715  2.75  1.87  2.44  1.85  1.65  

 

 

 

 

 

 

 

 

 

 

 

 In general, there are two association schemes proposed for hydrogen sulfide (Ruffine et 

al., 2005), as shown in Figure 5.5. Two association sites on the sulfur atom and one association 

site on each hydrogen atom correspond to the 4C association scheme, as per the rule define in 

Chapter 4 (Table 4.13). Furthermore, the lower activity of H2S (3B) compared to H2S (4C) also 

Figure 5.4. Vapor pressure (left) and liquid density (right) predictions for methanol using the 
2B association scheme. 
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creates the possibility of using a 3B association scheme, which leads to testing both the 

association schemes for both pure components properties and VLE predictions. 

 

 

 

 

 

 

 

 Tables A5.1 & A5.2 list the optimized proposed EoS parameters for H2S using the 4C 

and 3B association scheme, respectively. Vapor pressure and liquid density values were 

predicted using parameter set 7 with the 4C association scheme (Figure 5.6). Vapor pressure and 

liquid density predictions using the 3B association scheme are shown in Figure A5.1. 

 

 

 

 

 

 

 

 

 

 In optimizing the monoethylene glycol (MEG) parameters (a, b and c for the cubic part, 

two for the association volume and strength), there is a need to assign association schemes for 

MEG (cf. Kontogeorgis et al., 2006). 2B and 4C are other possible association schemes. 

Typically, most alcohols are described using the 2B association scheme. However, when 

multiple OH groups are present (e.g., MEG, PPG), this also creates the possibility of using the 

Figure 5.5. Hydrogen sulfide with 4C (left) and 3B (right)  
*Reproduced from (Ruffine et al., 2005) 

Figure 5.6. Vapor pressure (left) and liquid density (right) predictions for H2S using the 4C 
association scheme. 
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4C association scheme. There are multiple parameters listed for MEG using the 2B and 4C 

association schemes in Tables A5.3 & A5.4. Figure 5.7 shows the accuracy of pure component 

properties predictions which include vapor pressure and liquid density calculations for MEG 

using the 4C association EoS; pure component properties prediction using the 3B association 

scheme is shown in Figure A5.2. 

 

 

 

 

 

 

 

 
 

 Carbon dioxide was modeled with the association equation of state with association 

schemes 2A, 2B, 4C, and with no association scheme.  CO2 with association scheme (2B) and no 

association scheme show similar accuracy in various binary VLE systems predictions 

(Diamantonis and Economou, 2012; Tsivintzelis et al., 2014; Tsivintzelis et al., 2011). 

 

 

 

 

 

 

 

 

Figure 5.7. Optimized association equation of state parameters for MEG using the 4C 
association scheme.  

Figure 5.8. Optimized association equation of state parameters for CO2 using the 3A 
association scheme. 
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 Tables A5.5- A5.8 list the optimized equation of state parameters for CO2 using 2B, 3A  

and 4C association schemes. There are a couple of combinations for CO2 parameters which 

could be selected, but their validation with binary vapor-liquid equilibria (self and cross 

association) will be helpful in determining the best set of parameters. Figure 5.8 shows the 

predictions of vapor pressure and liquid density for CO2 using the 3A association scheme, while 

vapor pressure and liquid density predictions for other association schemes are outlined in 

Figures A5.3-A5.5. 

 

Table 5.5. Summary of optimized association equation of state parameters for polar hydrate 
formers and organic inhibitors. 

 

 Table 5.5 summarizes the optimized association equation of state parameters for polar 

hydrate formers and organic inhibitors. In order to check the consistency of the new association 

model, this model is also employed to predict the vapor pressure and liquid densities for 

hydrocarbons (methane, ethane, propane and n-butane), as shown in the Figures A5.6-A5.7. 

5.2. Model Validation for Cn+Hydrocarbons 

 The cubic plus association (cPA-EoS) equation of state was implemented in Matlab(R) to 

predict the vapor-liquid equilibria for various binary mixtures of C1-C3/CO2/H2S/N2/H2 + 

hydrocarbons (low to medium molecular weight). The vapor-liquid equilibrium predictions are 

cPA parameters selected on the basis of pure properties predictions 
 

   CO
2 
 H

2
O  H

2
S

 
 MEG  Ethanol  Methanol

 
 

a 0.3125 0.1276  0.3185 0.908621 0.8505 0.426095 

b 2.88E-05 1.44E-05  2.96E-05 5.07E-05 4.82E-05 3.10E-05 

c 0.6967 0.7006  0.8401 0.33622 0.7709 0.503531 

ε 3979.6 1.67E+04  1.48E+03 2.37E+04 2.13E+04 2.38E+04 

β 0.0299 0.0661  0.4867 0.011199 0.0081 0.01613 

Scheme 4 8  8 8 3 3 

T
r
-range 0.92  0.92  0.92 0.92 0.92 0.92  

(%)P  3.86  4.02  0.273  0.489  0.294  1.35  
(%)  4.53  2.10  0.757  2.52  0.754  1.85  
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carried out using the algorithm shown in Figure 5.9. The model predictions are found to be in 

good agreement with the experimental data (except near the critical region).  

 

 

Figure 5.9. Algorithm to calculate vapor-liquid equilibria (VLE). 

 

 An extensive literature review has been carried to collect solubility data for 

C1+hydrocarbons over a range of temperatures and pressures. On the basis of the equation of 

state proposed in Chapter 4, the binary interaction parameters will be optimized as a function of 

temperature for binary mixtures; including non-associating components: light to heavy 

hydrocarbons (C1 to C10) and associative components (H2S, CO2, methanol, ethanol, glycerol, 

water and MEG). The interaction between non-associating and associating binary systems will 

be validated by using the following objective function (Equation 5.4). 

       (5.4)
 

5.2.1. Model validation for C1-C3+Hydrocarbons 

 Hydrocarbons (low to medium), sII hydrate (N2, H2) formers, and structure H hydrate 

formers (MCH, ECH, DMCH, cyclohexane) have very low solubilities in water, and have been 
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extensively measured (Chapter 2). The new association model was optimized to find temperature 

dependent binary interaction parameters. The solubility of hydrocarbons (low to medium), sII 

hydrate and sH hydrate formers have been calculated over a range of temperatures and pressures.  

 

 

 

 

 

 

 

 

 

Figure 5.10. Optimization of binary interaction parameters of methane (left) and ethane (right). 
  

 In this work, the objective function (equation 5.4) was minimized using experimental 

data (solubility of hydrocarbon in water) by changing the binary interaction parameter over a 

range of temperatures (270 K to 330 K) and pressures (1 bar 300 bar). Furthermore, a 

temperature dependent binary interaction parameter was proposed using (equation 5.5). Figures 

5.10 & A5.8 show the binary interaction parameter as a function of reciprocal temperature for 

methane & ethane, and the proposed correlations are found to be in good agreement with the data 

(as shown by the magnitude of regression coefficient). 

(5.5) 

 

 Figure 5.11 shows the predicted solubility of C1 in water over a temperature range of 

(257.11 K to 313.11 K) and a pressure range of (1 bar to 350 bar). The current model accurately 

predicts the solubility of C1 in water. The absolute deviation in predicting solubility (AADx %) 

is shown in Table 5.6. The average error in predicting methane solubility is less than 3.8 % as 

shown in Table 5.6. 
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Figure 5.11. Experimental and predicted solubility of C1 in water. Experimental data was taken 
from (Chapoy et al., 2005; Chapoy et al., 2004a; Kim et al., 2003; Lekvam and Bishnoi, 1997; 

Sultanov et al., 1972; Wang et al., 1995; Yang et al., 2001) 

  

Table 5.6. Absolute average deviation for C1 solubility in water (Chapoy et al., 2005; Chapoy et 
al., 2004a; Kim et al., 2003; Lekvam and Bishnoi, 1997; Sultanov et al., 1972; Wang et al., 1995; 

Yang et al., 2001). 

Temperature 
(K) 

AADx 
(%) 

Pressure 
(MPa) 

References 

298.15 0.77 2.33-12.68 Yang et.al (2001) 

283.2 7.99 0.57-9.08 Lekvam et.al(1997) 

293.2 6.1 0.57-9.08 Lekvam et.al(1997) 

303.2 5.95 2.33-12.68 Yang et.al (2001) 

275.11 2.26 0.97-18.0 Chapoy et.al (2004 a) 

283.13 6.62 0.97-18.0 Chapoy et.al (2004 a) 

313.11 6.36 0.97-18.0 Chapoy et.al (2004 a) 

298.15 2.15 2.3-16.6 Kim et.al (2003) 

283.37 4.77 1.7-7.0 knut et.al(2003) 

283.15 0.666 2.3-16.6 Wang et.al(2003) 

288.15 0.86 2.3-16.6 Wang et.al(2003) 

293.15 5.399 2.3-16.6 Wang et.al(2003) 

298.15 0.77 2.3-16.6 Wang et.al(2003) 

Average Error (%)  3.8  
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 In Figure 5.12, results for the vapor-liquid equilibria calculations are presented for a 

binary system of  n-C2 + water for a temperature range of  278.1 K to 343.08 K (a-i). Model 

predictions of the solubility of ethane in water are in good agreement with experimental data.

 Figure 5.13 shows the binary interaction parameter as a function of reciprocal 

temperature for n-C3 & N2. The proposed correlations are found to be in good agreement with 

experiment (as shown by the regression coefficient for both components). 

    

 

 

 

 

 

 

 

          

     

 

 

 

  

 

 

 

 

 

 

Figure 5.12. Experimental and predicted solubility of n-C2 in water at different temperatures 
(a-i).Experimental taken from (Mohammadi et al., 2004; Wang et al., 2003). 

Figure 5.13. Optimization of binary interaction parameters of n-C3 (left) and N2 (right). 
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 Figures 5.14-5.15 & A5.9 show the predicted solubility of n-C3 and N2 in water are in 

excellent agreement with experimental measurements, which is indicative of the model 

consistency. The correlated p-T-x data for propane + water binary systems is quite good up to a 

pressure of 35 bar, which is far away from the critical region. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 
  

Binary interaction parameters for other hydrate formers (i-C4, n-C4 and n-C3) have also been 

calculated, with binary interaction parameter as a function of reciprocal temperature plotted 

(Figure 5.16). 

 Figure 5.17 shows the predicted solubility of i-C4, n-C4, and cyclohexane in water over a 

range of temperatures (273.16-298.15 K) and pressures (3-120 bar), showing good agreement 

with experimental data. Hence, confirming the accuracy and reliability of the association 

equation of state. 

(a) (b) (c) 

Figure 5.14. Experimental and predicted solubility of n-C3 in water at different 
temperatures (a-c). Experimental data from (Azarnoosh and McKetta, 1958; Cargill, 

1993; Chapoy et al., 2004c; Jou et al., 2002). 

(a) (b) (c) 

Figure 5.15. Experimental and predicted solubility of N2 in water at different temperatures 
(a-c). Experimental data from (Chapoy et al., 2004b). 



127 
 

 

 

 

 

 

 

 

 

    

 

 

 

 

 

 

 

 

 Figures A5.10 (a-i) present the predicted and experimental solubility of H2, xenon, 

oxygen, neo-hexane, MCH, toluene, 2,3 DMB, cycloheptane and ethylcycloheptane in water 

using the association equation of state, which clearly show the model accuracy and reliability. 

Table 5.7 summarizes the optimized binary interaction parameters for non-associating 

components and water. 

5.2.2. Solubility Predictions for H2+Hydrocarbon 

 Hydrogen is a hydrate former and forms a relatively stable hydrate at very high pressure. 

Therefore, there is a need to tune the model for H2. In this section, binary interaction parameters 

for various binary H2+hydrocarbons have been optimized. Figure 5.18 (a-i) shows the predicted 

solubility of hydrogen in propane is in good agreement with experimental data over the 

temperature range of 98.15 K to 273.15. 

(b) n-butane 

Figure 5.16. Optimization of binary interaction parameters of sII hydrate formers (a-c). 

(a) i-C4 (b) n-C4 (c) Cyclohexane 

Figure 5.17. Experimental and predicted solubility of i-C4, n- C4, and cyclohexane in water at 
different temperatures (a-c).Experimental data from (Chapoy et al., 2004a; Kudchadker and 

McKetta, 1961). 
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Table 5.7. Optimized binary interaction parameters for water and non-associating hydrate 
formers. 

(a) T=273.15 K (b) T=298.15 K (c) T=328.15 K 

(d) T= 223.15 K (e) T= 198.15 K (f) T= 173.15 K 

(g) T= 148.15 K (h) T= 113.15 K (i) T= 98.15 K 

Figure 5.18. Experimental and predicted solubility of H2 in n-C3 at different temperatures (a-
i).Experimental data from (Trust and Kurata, 1971; Williams and Katz, 1954). 
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 Figure 5.19 illustrates the solubility of hydrogen in ethylene at 199.81 K, showing that the 

predicted solubility of hydrogen in ethylene is within the experimental uncertainty.   

 

 

 

 

 

 

 

 

 
Figure 5.19. Experimental and predicted solubility of H2 in ethylene (Williams and Katz, 1954). 

 

 Figure 5.20 (a-d) shows the predicted solubility of H2 in n-C4 over a temperature range of 

325.15 to 377.15 K. The predicted solubility of hydrogen in n-C4 is in agreement with the 

experimental data. 

 

 

 

 

 

 

 

 

 

 

 

 

(a) T= 325.15 K (b) T= 344.25 K 

(c) T= 360.95 K (d) T=377.15 K 

Figure 5.20. Experimental and predicted solubility of H2 in n-C4 at different temperatures 
(a-i).Experimental data from (Bond and Russell, 1949; Klink et al., 1975). 
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 Table 5.8 summarizes the optimized binary interaction parameters for binary systems of 

non-associating hydrate formers with hydrogen. The predicted hydrogen solubility in 

hydrocarbons (low to medium) at lower pressures was in good agreement with experimental 

data; but at higher pressures, the model predictions start to deviate from the experimental data. 

 

Table 5.8. Optimized binary interaction parameters for water and non-associating hydrate 
formers. 

Sr.No B A 

H2+C3H8 0.596 -116.57 
H2+octane -0.468 -118.06 
H2+MCH -0.0841 0 

H2+n-Butane -0.9868 400.27 
H2+n-pentane 2.876 -977.42 
H2+n-Hexane 1.345 -535.37 

H2+cyclohexane 2.822 -941.88 
H2+2,3 DMB -0.5073 0 
H2+heptane -0.0503 0 
H2+Toluene 0.909 -386.65 
H2+Decane -0.377 91.813 

H2+Ethylene 0.0512 0 
Hydrogen+CH4 - - 
Hydrogen+C2H6 - - 

 
 
5.2.3. Vapor-Liquid Equilibria Predictions for N2+Non-asociating Hydrate Formers 

 Figure 5.21 shows the model predictions for N2-n-C2 vapor liquid equilibria over the 

temperature range 200 K to 290 K. The new association model was able to predict the dew and 

bubble point boundaries for this non-associating system. In calculating vapor liquid equilibria for 

N2 containing binary systems, a single (temperature independent) binary interaction parameter is 

sufficient to correlate the p-T-x-y data. 

 Vapor-liquid equilibrium predictions for a N2 + ethylene binary mixture are shown in 

Figure 5.22 at two different temperatures (200 K and 260 K). The model predictions are found to 

be in good agreement with the experimental data (except near the critical region). It is clear that 

the model predictions for both of the above binary systems are satisfactory except near the 

critical region, where most equations of state fail. The critical loci of the N2+HC containing 

binary system was improved by the use of binary interaction parameters (BIP), but a higher BIP 

value may lead to poor fit to the data at the lower pressure region. 
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Figure 5.21. Association equation of state model predictions for N2-n-C2 vapor liquid equilibria 
at various temperatures. Experimental data from (Grausø et al., 1977; Gupta et al., 1980). 

 

 

Figure 5.22. Model predictions for N2-ethylene vapor liquid equilibria at 200 K and 260 K. 
Experimental data from (Gasem et al., 1981; Grausø et al., 1977). 
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Figure 5.23. Vapor-liquid equilibria predictions for the binary system N2 + toluene at various 
temperatures. Experimental data from (Lin et al., 1995; Llave and Chung, 1988) 

 
 For the N2 + toluene binary system, the vapor-liquid equilibria predictions are in good 

agreement with experimental data from a temperature range of 423 to 545 K, as shown in Figure 

5.23. 

 

 

 

 

 

 

 

 

 

 

 

 

 Figures 5.24 & 5.25 show the vapor-liquid equilibria predictions for N2+propylene/n-C5 

binary systems. The predicted p-x-y diagrams for both binary systems are consistent with 

Figure 5.24. Vapor-liquid equilibria predictions for the binary system N2 + propylene at 
various temperatures. Experimental data from (Grausø et al., 1977). 

230 K 

260 K 

290 K 
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experimental measurements; although the N2+n-C5 binary vapor-liquid equilibria prediction 

deviates at the critical region. At lower pressures and temperatures, the association equation of 

state is more accurate, in contrast to predictions at the critical region. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 5.26. Model predictions for N2-ethylene vapor liquid equilibria at 250 K and 270 K. 
Experimental data from (Gasem et al., 1981; Grausø et al., 1977). 

  

 Representative model predictions for the two binary systems N2+ethylene/n-C8 are shown 

in Figures 5.26 -5.27 & A5.11, respectively. The vapor liquid equilibria predictions for both the 

Figure 5.25. Vapor-liquid equilibria predictions for the binary system N2 + n-C5 at various 
temperatures. Experimental data from (Kalra et al., 1977; Silva-Oliver et al., 2006). 

398.3 K 

422.7 K 447.9 K 
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binary systems are in good agreement with experimental data over the entire pressure and 

temperature range, including the critical region. 

 

 

 

 

 

 

 

 

 

Figure 5.27. Model predictions for N2-n-C8 vapor-liquid equilibria at various temperatures. 
Experimental data from (Eliosa-Jiménez et al., 2009; Llave and Chung, 1988). 

  

 Table 5.9 summarizes the optimized binary interaction parameters for non-associating 

components and water. Temperature independent binary interaction parameters were chosen for 

N2 containing binary systems: as temperature dependent BIP leads to higher errors, which is in 

agreement with previous findings (Gupta et al., 1980) for binaries of N2 +HC. 

 

Table 5.9. Optimized binary interaction parameters for water and non-associating hydrate 
formers. 

Sr.No B A 

N2+CH4 0.0291 0 
N2+C2H6 0.018 0 

N2+n Butane -0.0064 0 
N2+Benzene -0.25 0 

N2+cyclopentane -0.49 0 
N2+n-Butane 0.128 0 
N2+n-pentane 0.1070 0 
N2+n-Hexane -0.056 0 
N2+Ethylene 0.0441 0 
N2+Nonane -0.0413 0 
N2+toluene 0.113 0 
N2+octane -0.026 0 
N2+heptane 0.1506 0 

N2+Propylene 0.046 0 
H2O+Nitrogen 2.48 -661.47 

344.5 K 

424 K 

473.5 K 

508.1 K 543.5 K 
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 Figure 5.28 shows the model predictions are in good agreement with experiment for 

binary mixtures of N2+ cyclopentane. The liquid parts of both the binary systems were in 

agreement, but the current model fails completely in predicting the vapor part of the phase diagram.  

 

 

 

 

 

 

 

 

 

Figure 5.28. Model predictions for N2-cyclopentane vapor liquid equilibria at 366.4 and 410.2 K 
Experimental data from (Marathe and Sandler, 1991). 

  

 Other binary systems (N2+heptane/benzene/n-nonane/water) were also investigated and 

the model predictions are summarized in Figures A5.11- A5.12 

5.3. Conclusions 

 To remove the severe errors in the current hydrate prediction model for acid gas formers 

and mixed inhibitor systems, a new association EoS fluid phase model has been developed. EoS 

parameters were optimized for the associating components by simultaneous minimization of 

absolute errors using experimental data and DIPPR correlations for saturated liquid densities and 

vapor pressures. Model predictions were carried out for various hydrate formers and organic 

inhibitors and found to be in good agreement with experimental data and DIPPR correlations, 

except near the critical point. An association equation of state (cPA-EoS) was employed to 

predict vapor-liquid equilibria of water/N2/H2+non-associating hydrate formers. The new 

association equations of state predictions of the pressure-composition diagrams are consistent 

with experimental data, except near critical point. 
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CHAPTER 6 

THERMODYNAMIC MODEL VALIDATION FOR BINARY SYSTEMS OF 
HYDROCARBONS IN THE PRESENCE OF ORGANIC INHIBITORS/H2S/CO2  

This chapter provides a detailed vapor liquid equilibria calculation and fluid phase model 
validation using cubic equation of state (proposed association equation of state). This section of  

Chapter 6 will be submitted for publication in a peer reviewed journal (Journal of Chemical 
Engineering data).This part of the chapter is partially reproduced with minor changes. 

Muhammad N. Khan1, Pramod Warrier1, Cor J. Peters2, Carolyn A. Koh1 

Abstract 

 In addition to model development and validation with experimental solubility data, there 

is a need to develop and validate the proposed association equation of state (from this thesis 

work) with vapor-liquid equilibria of various binary systems. In this chapter, binary interaction 

parameters are optimized for binary systems including C1-C3 + low to medium hydrocarbon/inert 

hydrate formers with H2S/CO2. As illustrated in this Chapter, VLE predictions of these systems 

containing CO2/H2S are significantly improved using the proposed association EoS. 

6.1. Vapor Liquid Equilibria for C1 -C3+ Hydrocarbons 

 Hydrocarbons (low to medium hydrocarbons) are one of the common hydrate formers, 

besides H2S, CO2 and inert hydrate formers. In addition to validating the EoS with hydrocarbon 

solubility in water, there is a need to validate the EoS model for hydrocarbon-hydrocarbon 

mixtures.  Extensive experimental vapor liquid equilibria data have been collected and 

summarized in Chapter 2. Binary interaction parameters were optimized by minimizing the 

objective function as shown in equation (6.1), and the optimized binary interaction parameters 

are listed in Table 6-1. 

      NP

i i

calc
ii

P

PP

NP
unctionObjectiveF

exp

exp )(1    (6.1) 

Figure 6.1 shows the pressure - composition plots for C1 + n-C3 binary systems at 270 and 294 

K. The model predictions (solid lines) are in good agreement with experimental data (symbols), 

and the new EoS model is successful in locating the mixture critical point. 
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 Model predictions were also carried out for C1 + i-C4 binary systems as shown in the 

Figure 6.2. The predicted bubble and dew point pressures are in good agreement with 

experimental data over a temperature range of 277.59 to 294.261 K. 

 The proposed equation of state predictions for the two binary systems C1 + n-C7/n-C8 

were carried out at 273 K and shown in Figure A6.1. The predictions are in good agreement with 

experimental measurements. Figures A6.2 & A6.3 show the vapor-liquid equilibria predictions 

for C1 + n-C5 and C1 + n-C6 binary systems at 273 to 283 K. The association equation of state 

Figure 6.1. Vapor- liquid equilibria predictions for C1 + n-C3 binary systems at 270 K (left) 
and 294 K (right). Experimental data from (Wichterle and Kobayashi, 1972). 

Figure 6.2. Vapor liquid equilibria predictions for C1 + i-C4 binary systems. 
Experimental data from (Olds et al., 1942).  
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predicts the pressure - composition diagram within the accuracy of the experimental 

measurements. 

 The association EoS model (based on cPA EoS) was also applied to a C1 + i-C5 system, 

as shown in the Figure A6.4; binary interaction parameters were first optimized and then used to 

tune the new EoS model to predict vapor-liquid equilibria of these binary systems. 

 

Figure 6.3. Model predictions for C1 + N2 vapor liquid equilibria at various temperatures (110.01 
to 123.08 K). Experimental data from (Dohrn and Brunner, 1995; Dohrn et al., 2012; Williams 

and Katz, 1954). 
 

 

Figure 6.4.  Model predictions for C1 + toluene vapor liquid equilibria at various temperatures 
(277 to 500 K). Experimental data from (Lin et al., 1979). 

T=123.01 K 

T=110.01 K 

T=422.15 K 

T=543.15 K 
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 Figures 6.3 & 6.4 show the comparison of model predictions for the C1 + N2 binary 

system at 110.01 to 123.08 K, and C1+toluene binary system at 277 to 500 K. The association 

EoS predictions for these binary systems are in agreement with experimental data up to high 

pressures. A temperature independent binary interaction parameter was utilized in tuning this 

association equation of state, and the model predictions show the consistency and accuracy of 

this new cPA equation of state. 

 
Figure 6.5. Model predictions for C1+n-C2 vapor liquid equilibria at various temperatures (160 
to 280 K). Experimental data from (Vrabec and Fischer, 1996; Wichterle and Kobayashi, 1972; 

Zhang and Duan, 2002). 
  

 Pressure - composition diagrams were also predicted for the C1 + n-C2 binary system at a 

temperature range of 160 to 280 K and  pressure range of 4 to 70 bar (Figure 6.5). The new 

association EoS model was also tested by predicting vapor liquid equilibria of methane with 

heavier hydrocarbons (n-C9 & n-C10), as shown in Figures A6.5 & A6.6. Figure 6.5 shows that 

the model predictions are accurate over a range of temperature and pressure; using a single 

temperature independent binary interaction parameter the vapor liquid equilibria predictions are 

within experimental accuracy. 

Figures A6.7 & 6.6 show the model predictions for vapor liquid equilibria for binary 

systems of n-C2 + n-C7/ n-C3 for a broad range of temperatures (273 to 449 K) up to a 90 bar. 

The predictions (solid lines) are in good agreement with experimental measurements (symbols). 

T=160 K 

T=280 K 
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Table 6.1. Optimized binary interaction parameters for methane with non-associating hydrate 
formers. 

 

 

 

 

 

 

 

 

 

 

 

  

 Table 6.1 summarizes the optimized binary interaction parameters coefficients for C1 + 

non-associating hydrate formers. 

 

 

Figure 6.6. Model predictions for n-C2 + n-C3 vapor liquid equilibria at various temperatures 
(273 to 355 K). Experimental data from (Matschke and Thodos, 1962). 

Systems B A 

C1+N2 0.0291 0 

C1+C2H6 0.011 0 
C1+C3H8 0.038 0 
C1+n-C9 0 0 
C1+n-C8 -0.029 0 
C1+n-C4 0.0055 0 
C1+n-C5 0.0057 0 
C1+n-C6 -0.0435 0 
C1+cyclohexane 0.029 0 
C1+i-C5 0.015 0 
C1+n-C7 0.0145 0 
C1+Toluene -0.019 0 
C1+n-C10 -0.0262 0 
C1+Benzene -0.0485 0 

T 
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 Vapor-liquid equilibria predictions for n-C2 + n-C8/N2/n-C10 binary mixtures are shown 

in Figures A6.8-A6.9 and Figure A6.5 at 260 to 338 K. The model predictions are found to be in 

good agreement with experimental data (except near the critical region). The absolute errors in 

predicting bubble pressure and liquid phase compositions are within experimental accuracy.  

Optimized binary interaction parameters for n-C2+non-associating hydrate formers are 

listed in Table 6.2. Most of the ethane containing binary systems are accurately correlated with 

the experimental data over a broad range of temperature and pressure, including at/near the 

critical loci. 

 

Table 6.2. Optimized binary interaction parameters for ethane with non-associating hydrate 
formers. 

System B A 

C2H6+CH4 0.011 0 
C2H6+C3H8 0.0046 0 

C2H6+Nitrogen 0.0056 0 
C2H6+i-Butane - - 
C2H6+n-Butane - - 
C2H6+octane -0.017 0 
C2H6+n-Hexane 0.024 0 
C2H6+Hydrogen - - 
C2H6+Decane -0.015 0 
C2H6+benzene -0.015 0 
C2H6+heptane -0.004 0 
C2H6+cyclohexane -0.0044 0 
C2H6+Neohexane - - 

 

6.2. Vapor Liquid Equilibria for H2S/CO2 Containing Binary Mixtures  

 Thermodynamic predictions of gas hydrate phase equilibria for polar hydrate formers are 

of major concern because of the large errors in fluid phase equilibrium (vapor liquid equilibria) 

predictions. The unavailability of experimental hydrate phase equilibria and vapor-liquid 

equilibria data, and an associative equation of state (self and cross association on various 

bonding sites) lead to various shortcomings in predicting gas hydrate phase equilibria. In this 

section vapor-liquid equilibria of all the hydrogen sulfide containing binary mixture are predicted 

and the equation of state was tuned using temperature independent BIP.   In order to optimize 

binary interaction parameters for H2S/CO2 + hydrocarbons (low to medium)/inert gas hydrate 
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formers, a comprehensive literature review was carried out to collect and analyze vapor liquid 

equilibria experimental measurements and subsequently validate the proposed EoS (as 

summarized in Chapter 2). 

6.2.1. Vapor Liquid Equilibria for C1-C3+ H2S 

 

Figure 6.7. Model predictions for H2S + C1 vapor liquid equilibria at various temperatures 
(277.594 to 344.26 K– right to left). Experimental data from (Gillespie et al., 1982; Haghighi, 

2009). 
 

 

Figure 6.8. Model predictions for H2S + n-C2 vapor liquid equilibria at 283.15 K. 
Experimental data from (Haghighi, 2009; Kay and Brice, 1953). 
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  Figure 6.7 shows the model predictions of vapor liquid equilibria for a C1 + H2S 

binary system over a temperature range of 277.594 to 344.26 K. Figures 6.7 & 6.8 reveal that the 

new cPA EoS model is successful in predicting hydrocarbon-hydrocarbons binary systems 

(section 6.1), and also in predicting hydrogen sulfide (self associating) + non-associating vapor 

liquid equilibria; hence showing the reliability of this new association equation of state. 

 Figures 6.9 & 6.10 show the comparison of model predictions for the H2S + n-C4/i-C4 

binary systems vapor-liquid equilibria at 366.45 to 408.15 K, and the H2S + n-C2 binary system 

at 283.15 K.  Predictions of the pressure - composition diagram for the H2S + n-C2 binary system 

are in slight agreement with experimental data; however, the current model is not able to capture 

the azeotropic point at higher pressures as shown in Figure 6.8. H2S + n-C4/i-C4 vapor liquid 

equilibria predictions are in good agreement with experimental data, except near the critical 

region at relatively higher temperatures (Figures 6.9-6.10).  

 

Figure 6.9. Model predictions for H2S + n-C4 vapor liquid equilibria at various temperatures 
(366.45 to 408.15 K– right to left). Experimental data from (Dicko et al., 2012; Kalra et al., 

1977; Leu and Robinson, 1989). 

 The large errors in predicting bubble and dew point pressures at higher temperatures are 

attributed to the range of reduced temperatures over which the association equation of state 

parameters were optimized (association equation of state parameters were optimized up to a 

reduced temperature range of Tr=0.90). 
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Figure 6.10. Model predictions for H2S+ i-C4 vapor liquid equilibria at various temperatures 

(344.25 to 398.15 K– right to left). Experimental data from (Kalra et al., 1977; Leu and 
Robinson, 1989; Rainwater et al., 1990). 

 To further estimate the consistency and performance of the new cPA EoS model, a 

comparison was also made between experimental and predicted data for H2S + n- C5 /n-C6 binary 

mixtures over a range of temperature (277 to 422.6 K). The model predictions of all isotherms 

are in agreement with experimental data (collected from open sources) at lower pressures 

(Figures 6.11-6.12). At higher pressures, the model gives good accuracy on the vapor side of the 

phase envelope, but the liquid part is under predicted.  Apart from the H2S + n-C2 binary system, 

for the H2S + n-C4 /i-C4 binaries the new cPA EoS model is not able to capture the critical loci at 

higher temperature.  

 

 

 

 

 

 

Figure 6.11. Model predictions for H2S+ n-C5 vapor liquid equilibria at various temperatures 
(277 to 422.6 K– right to left). Experimental data from (Dicko et al., 2012).  
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Figure 6.12. Model predictions for H2S+ n-C6 vapor liquid equilibria at various temperatures 
(322.9 to 422.6 K– right to left). Experimental data from (Laugier and Richon, 1995). 

 
 To check the consistency and accuracy of the new model, predictions were also 

performed for other binary systems, which include H2S + n- C7 /cyclohexane/ethylcyclohexane 

(Figures 6.13−6.15). Predicted vapor liquid equilibria for H2S + n-C7 

/cyclohexane/ethylcyclohexane are within acceptable accuracy (experimental uncertainty) at 310 

to 477.6 K and over a broad range of pressure. In contrast to the H2S + n-C2 /n- C4 /i- C4, the 

liquid and vapor curves of the pressure - composition diagram are well depicted, including in the 

critical region.  

 

Figure 6.13. Model predictions for H2S+ n-C7 vapor liquid equilibria at various temperatures 
(310.92 to 477.59 K– right to left). 

Experimental data from (Kalra et al., 1977; Ng et al., 1980). 
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Figure 6.14. Model prediction for H2S + cyclohexane vapor liquid equilibria at various 
temperatures (323 to 422.6 K– right to left). 

 Experimental data from (Laugier and Richon, 1995). 

 

 

Figure 6.15. Model predictions for H2S+ ethylcyclohexane vapor liquid equilibria at various 
temperatures (310.9 to 477.6 K– right to left). 

 Experimental data from (Tang and Gross, 2010). 

 
 Vapor-liquid equilibria calculations were also performed for other binary systems, 

including H2S + methylcyclohexane/n-C3/toluene (Figures A6.12-A6.14). The new cPA EoS 

fails to predict the lower azeotrope of the H2S + n-C3  binary systems(Carroll and Mather, 1992). 
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The optimized binary interaction parameters are listed in Table 6.3 for all the binary systems 

containing hydrogen sulfide.  

Table 6.3. Optimized binary interaction parameters for hydrogen sulfide with non-associating 
hydrate formers. 

Systems B A 

H2S+CH4 0.115 0 

H2S+C2H6 0.06 0 

H2S+C3H8 0.025 0 
H2S+n-Butane 0.001 0 
H2S+n-Butane 0.009 0 

H2S+n-pentane -0.009 0 

H2S+n-Hexane -0.0112 0 

H2S+cyclohexane -0.025 0 

H2S+MCH -0.0131 0 
H2S+heptane -0.014 0 
H2S+Toluene -0.095 0 

H2S+ECH -0.099 0 
H2S+Benzene - - 

 

6.2.2. Vapor Liquid Equilibria for C1-C3 + CO2 

 The unreliability of cubic equation of states in predicting the fluid phase equilibria for 

CO2 containing systems requires the association of molecules to be accounted for in order to 

predict accurate vapor liquid equilibria. The ambiguities of the association scheme of carbon 

dioxide and lack of experimental data are major contributors to previous unreliable calculations. 

To check the consistency of the new cPA EoS model in predicting the fluid phase equilibria of 

carbon dioxide containing binary systems, experimental data were collected on CO2 + 

hydrocarbon (low to medium) / non-associating components (H2/N2/xenon/aromatics), cross 

associating inhibitors (MEG, MeOH, EtOH), and hydrate formers. The optimize binary 

parameters for CO2 + hydrocarbons (low to medium hydrocarbon) are listed in Table 6.4. 

 Figure 6.16 shows the pressure-composition diagram for CO2+n-C3 binary systems over a 

broad range of temperature (273.14 to 294.1 K) without using any binary interaction parameter. 

Figure 6.16 shows that predictions using the association equation of state are stable, but the 

pressure-composition profiles are offset from the experimental data. 
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Table 6.4. Optimized binary interaction parameters for carbon dioxide with non-associating 
hydrate formers. 

Systems B A 

CO2+CH4 0.085 0 
CO2+C2H6 -0.111 0 
CO2+C3H8 -0.129 0 
CO2+n-C4 0.155 0 
CO2+i-C4 0.161 0 
CO2+n-C5 0.07 0 
CO2+n-C6 0.06 0 
CO2+cyclohexane - 0 
CO2+N2 0.009 0 
CO2+O2 - 0 
CO2+Argon - 0 
CO2+cyclopentane - 0 
CO2+C6H6 - 0 
CO2+n-C8 0.0687 0 
CO2+ n-C9 0.0879 0 
CO2+Ethylene 0.01 0 

  

 

Figure 6.16. Model predictions for CO2 + n-C3 vapor liquid equilibria without using binary 
interaction parameters at 273.14 to 294.1 K ( right to left). Experimental data from (Vitu et al., 

2008). 

 
 To improve the vapor liquid equilibria predictions, the binary interaction parameters were 

optimized. While optimizing the binary interaction parameter, it was observed that a temperature 
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dependent binary interaction parameter is not a good choice in improving the fluid phase 

equilibria for CO2 containing binary systems, as shown in Figure 6.17. 

 

 

Figure 6.17. Model predictions for CO2 + n-C3 vapor liquid equilibria by using temperature 
dependent binary interaction parameters at 273.14 to 294.1 K ( right to left). 

Experimental data from (Vitu et al., 2008). 
  

Figure 6.18 shows the phase envelopes for binary systems of CO2 + n-C3 using a temperature 

independent binary interaction parameter. The model predictions are in good agreement with 

experimental data, although the liquid part of the phase envelope was slightly over predicted at 

higher pressures. 

 

 

Figure 6.18. Model predictions for CO2 + n-C3 vapor liquid equilibria by using temperature 
independent binary interaction parameters at 273.14 to 294.1 K ( right to left). Experimental data 

from (Vitu et al., 2008). 
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Figure 6.19. Model predictions for n-C2 + CO2 vapor liquid equilibria at 270 K. 
Experimental data from (Turek et al., 1984; Vitu et al., 2008). 

 

 Figure 6.19 shows the vapor liquid equilibria of CO2 + n-C2 binary systems. The 

predicted dew and bubble point curves are in good agreement with experimental data, but a 

higher BIP value is required in locating the azeotrope of the binary system. 

 

 

 

 

 

 

 

 

 

Figure 6.20. Model predictions for CO2 + i-C4 vapor liquid equilibria using a BIP (Left) and no 
BIP (Right) at 110.01 K. 

Experimental data from (Besserer and Robinson, 1973; Vitu et al., 2008). 
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 Vapor-liquid equilibria predictions were also carried out for a CO2 + i-C4 binary system, 

as shown in Figure 6.20.  The results clearly show that the use of binary interaction parameters 

gives significant improvements in predicting the bubble point curve.  

 

Figure 6.21. Model predictions for CO2 + O2 vapor liquid equilibria by using temperature 
independent binary interaction parameters at 223.15 to 283.15 K ( right to left). 

Experimental data from (Diamantonis et al., 2013; Diamantonis and Economou, 2012). 

 

Pressure - composition diagrams were predicted for the CO 2+ O2 binary system over a broad 

temperature range (223.15 to 283.15 K) and pressure range (4 to 200 bar), as shown in Figure 

6.21. 

 

 

 

 

 

 

 

 

 

 
Figure 6.22. Model predictions for N2 + CO2 vapor liquid equilibria at 230 to 298.15 K 

(left) and at 293.40 K (Right). Experimental data from (Diamantonis et al., 2013). 

N2 mole fraction 
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Figure 6.23. Model predictions for CO2 + C1 vapor liquid equilibria without using a binary 
interaction parameter at 219.26 to 288.15 K ( right to left). 

Experimental data from (Diamantonis et al., 2013). 

 

 Figures 6.22−6.23 show model predictions and experimental measurements for CO2 + C1 

/N2 binary mixtures at of 219.26 to 288.15 K. The model predictions are in agreement with 

experimental data, except at higher temperature. For most of the carbon dioxide containing 

binary systems (CO2 + C1 /N2/O2), vapor-liquid equilibria experimental measurements are 

extended to the supercritical region. Vapor-liquid equilibria predictions for such systems (CO2+ 

C1 /N2/O2) becomes less accurate, as most of the cubic equations of state encounter greater errors 

near the critical region. 

 

 

 

 

 

 

 

 

 

 

Figure 6.24. Model predictions for n-C5 + CO2 vapor liquid equilibria without using a BIP 
(left) and model predictions with a BIP (Right) at 310.15 K using a 4C association scheme. 

Experimental data from (Vitu et al., 2008). 
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Figure 6.25. Model predictions for n-C5 + CO2 vapor liquid equilibria using a BIP at 310.15 K 
using a 2B association scheme. Experimental data from (Cheng et al., 1989). 

 
 Figures 6.24 - 6.26 & A6.18 show the comparisons of the association equation of state 

predictions for CO2 + n-C5 binary systems vapor liquid equilibria with (4C and 2B association 

schemes)  and without binary interaction parameters at 310.15 & 333.15 K. Both the association 

schemes produce comparable accuracy, but the use of a 2B association scheme limits the 

accuracy of the vapor liquid equilibria prediction near the critical point. 

 

 

 

 

 

 

 

 

 

 

 

 Vapor liquid equilibria calculations were also performed for other binary systems 

including CO2 + n-C9/n-C8/ethylene/Argon (Figures A6.19-A6.22). The optimized binary 

Figure 6.26. Model predictions for n-C5 + CO2 vapor liquid equilibria without using a BIP 
(left) and model predictions with a BIP (right) at333.15 K using the 2B association scheme. 

Experimental data from (Cheng et al., 1989). 
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interaction parameters are listed in Table 6.4 for all the binaries of carbon dioxide. It should be 

noted that the CO2 containing mixture predictions are less accurate that those for hydrogen 

sulfide. 

6.3. Vapor Liquid Equilibria for C1 -C5 + Organic Inhibitors 

 Accurate predictions of gas hydrate phase equilibria systems in the presence of  organic 

inhibitors (methanol (MeOH), ethanol (EthOH), monoethylene glycol  (MEG)) are of major 

concern, because of the large errors (>30% at 30 wt % or more) in fluid phase equilibrium 

predictions. The unavailability of experimental vapor-liquid equilibria and an associative 

equation of state for these systems lead to various shortcomings in predicting these inhibited gas 

hydrate phase equilibria. In Chapter 5, equation of state parameters for organic inhibitors were 

optimized and validated with pure component properties. There is also a need to validate the 

inhibitor fluid phase model by minimizing the objective function as shown in (equation 6.2). 

       (6.2) 

6.3.1. C1 -C5 + Ethanol 

 Organic inhibitors (methanol, ethanol, monoethylene glycol) are the most commonly 

used inhibitors for gas hydrate formation. Accurate predictions of hydrate phase equilibria in the 

presence of inhibitors requires validation of the fluid phase model with the experimental data 

(summarized in Chapter 2).  
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(a) T=280 K (c) T=333 K (b) T= 313 K 

Figure 6.27. Model predictions for the solubility of C1 in ethanol at 280 to 333 K (a-c). 
Experimental data from (Brunner et al., 1987; Suzuki et al., 1990; Ukai et al., 2002). 
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 Figure 6.27 shows the predicted solubility of C1 in ethanol over at 280 K to 333 K and 1 

bar to 100 bar. Optimized binary interaction parameters for C1+EthOH binary systems accurately 

predict the solubility of methane in ethanol. The correlated p-t-x data for these binary systems 

are in agreement with the experimental data; therefore, using the cPA EoS and van der Waals 

mixing rule, the calculated hydrate phase equilibria will be improved in contrast to that using the 

SRK-EoS. 

 

 

 

 

 

 

 

 

 

  

 Figure 6.28 shows the predicted solubilities of n-C2 in EthOH at different pressures are in 

excellent agreement with experimental measurements, indicative of the model reliability. 

 

 

 

 

 

 

 

 

 

(a) T=298.15 K (b) T=323.15 K (c) T=273.15 K 

Figure 6.28. Model predictions for the solubility of n-C2 in EthOH over at 333 K. 
Experimental data was taken from (Ellis et al., 1968; Suzuki et al., 1990; Ukai et al., 2002) 

Figure 6.29. Model predictions for the solubility of n-C3 in EthOH at 273.15 to 323.15 K (a-
c). Experimental data from (Ellis et al., 1968; Kretschmer and Wiebe, 1949; Ukai et al., 2002). 
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 Figure 6.29 (a-c) shows the predicted solubility of n-C3 in EthOH over a broad range of 

temperature (273.15 to 323.15 K). The new cPA EoS model accurately predicts the solubility of 

n-C3 in EthOH; and the optimized binary interaction parameters are consistent and reliable. 

 

 

 

 

 
 

      Solubility of n-butane in ethanol    Solubility of n-butane in ethanol 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

(a) T=283.15 K (b) T=298.15 K 

(c) T=308.15 K (d) T=323.15 K 

Figure 6.31. Model predictions for the solubility of i-C4 in EthOH at 283.15 to 323.15 K 
(a-d).Experimental data taken from (Kretschmer and Wiebe, 1949) 

 

Figure 6.30. Solubility predictions for n-C4 in EthOH at 308.15 K (left) and at 298.15 K (right). 
Experimental data taken from  (Kretschmer and Wiebe, 1949) 
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 Figures 6.30 & 6.31 (a-d) show the solubility predictions of n-C4 & i-C4 in EthOH over a 

broad range of temperature (283.15 to 323.15 K). The predicted solubilities are in good 

agreement with experimental data. 

6.3.2. C1 -C5 + Methanol 

 Methanol (MeOH) is currently one of the most important organic inhibitors in natural gas 

transportation and flow assurance. The partitioning of methanol in the liquid and vapor phases 

are important considerations for hydrate inhibition (to ensure sufficient MeOH is available in the 

liquid phase), and hence accurate vapor-liquid equilibria calculations are very important. 

Optimization of binary interaction parameters between methanol and hydrocarbons (C1 -C5) were 

carried out in order to improve the predictions. 

 

 

 

 

 

 

 

 

 

 

 

 
  

 Figure 6.32 shows the model predictions for C1 in MeOH vapor-liquid equilibria at 

280.15 K. Figure 6.32 compares the current model predictions with CSMGem, showing that the 

new association equation of state predicts well the solubility of methane in methanol. 

Figure 6.32. Model predictions for the solubility of C1 in MeOH and its comparison with 
CSMGem at 280.15 K. Experimental data was taken from (Avlonitis et al., 1994; Haghighi, 

2009). 
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 Figure 6.33 (a-d) shows model predictions and experimental measurements for the C1 + 

MeOH binary systems at 273.15 to 330 K. The solubility of C1 in MeOH is in agreement with 

the experimental data, but the model fails at higher pressure. 

 The new association equation of state for binary systems including n-C2+MeOH are 

shown in Figure 6.34. The solubility predictions are good in agreement with experimental data 

over the entire pressure (up to 6 MPa) and temperature range (0 to 100 oC), except at higher 

pressures and lower temperatures. 

(a) T=330 K (b) T=310 K 

(c) T=290 K 
(d) T=273.15 K 

Figure 6.33. Model predictions for the solubility of C1 in MeOH at 273.15 to 330 K (a-d). 
Experimental data from (Avlonitis et al., 1994; Haghighi, 2009). 
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Table 6.5. Optimized binary interaction parameters for organic inhibitors (MeOH & EthOH). 

Systems A B 

EthOH+CH4 50.814 0.046 

EthOH +C2H6 0 0.099 

EthOH +C3H8 -36.04 0.1882 

EthOH +n-C4 -1938.6 6.547 

EthOH +i-C4 -31.504 0.143 

EthOH +n-C5 0 0.014 
MeOH+CH4 0.1842 0 
MeOH +C2H6 0.2474 0.0846 

MeOH +C3H8 0.13 0 
MeOH +n-C4 0.0699 0 
MeOH +i-C4 0.25 0 
MeOH +n-C5 - - 

 

(a) T=50 oC (b) T=75 oC 

(d) T=0 oC (e) T=10 oC (f) T=20 oC 

(c) T=100 oC 

Figure 6.34. Model predictions for solubilities of n-C2 in MeOH at 0 to 75 oC (a-f). 
Experimental data from (Avlonitis et al., 1994; Haghighi, 2009; Li and Englezos, 2004). 
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 Solubility calculations were also performed for other binary systems (MeOH + n-C3/n-

C2/n-C5), as shown in the Figures 6.35 & A6.24-A6.28. Optimized binary interaction parameters 

are listed in Table 6.5 for MeOH and EthOH. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 
 

6.4. Conclusion 

 An association equation of state (developed in this thesis) has been used to predict vapor-

liquid equilibria for mixtures of hydrocarbons (low to high MWt), hydrogen sulfide/carbon 

dioxide with other hydrocarbons and various cross associating systems (including water, 

methanol, ethanol). Predicted vapor-liquid equilibria using binary interaction parameters were in 

agreement with experimental data. Improving the fluid phase VLE predictions of the associating 

(a) T=393 K (b) T=323 K 

(d) T=298.15 (c) T=308.15 

Figure 6.35. Model predictions for solubilities of n-C3 in MeOH at 298.15 to 393 K (a-d). 
Experimental data from (Avlonitis et al., 1994; Haghighi, 2009; Li and Englezos, 2004). 
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systems is critical to reducing the large errors in hydrate phase equilibria predictions for these 

systems.  
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CHAPTER 7 

SOAVE REDLICH KWONG (SRK) AND PENG ROBINSON (PR) EoS PREDICTIONS FOR 
C1-C3/H2S/CO2/H2/N2 + HC/H2O BINARY SYSTEMS WITHOUT BIP 

This chapter provides a detailed vapor liquid equilibria calculation and fluid phase model 
validation using cubic equation of state (Soave Redlich Kwong and Peng Robinson EOS). This 
section of  Chapter 7 will be submitted for publication in a peer reviewed journal (Journal of 

Chemical Engineering data). 
This part of the chapter is partially reproduced with minor changes. 

Muhammad N. Khan1, Pramod Warrier1, Cor J. Peters2, Carolyn A. Koh1 
 

Abstract 

 In this Chapter, Soave Redlich Kwong (SRK-EoS) and Peng Robinson (PR-EoS) 

equations of state were employed to predict vapor-liquid equilibria of C1-C3/H2S/CO2/H2/N2 + 

associating/non-associating hydrate formers. The pressure - composition phase diagrams were 

calculated without using any binary interaction parameters for binary systems including (C1-C3 + 

low to medium hydrocarbon/inert hydrate formers/H2S/CO2). Understanding the behavior of 

non-associating EoS in predicting the phase behavior of associating and non-associating 

molecules is important to compare and contrast with the proposed association EoS (Chapter 5 & 

6), and also optimize the application for both. 

7.1. SRK & PR EoS prediction for liquid density and vapor pressure 

 In this Chapter the Peng Robinson (PR) equation of state in addition to the Soave Redlich 

Kwong equation of state are used to predict pure component properties (vapor pressures and 

liquid densities) and vapor-liquid equilibria for a range of hydrocarbons (low to high MWt) and 

polar components (H2S/CO2, MeOH, EthOH, MEG). All the vapor-liquid equilibria calculations 

were carried out without using any binary interaction parameters. 

 In order to predict accurate phase behavior for hydrocarbons at higher temperatures and 

pressures, we need an equation of state which can provide accurate thermodynamic properties. 

Soave proposed the modification in the Redlich Kwong equation of state by modifying a more 

complex temperature dependence to the attraction parameter as shown in (equation 7-1) (Soave, 

1972). 

                                                 
1 Department of Chemical and biological Engineering, Colorado School of Mines Golden CO, 80401  
2 Petroleum Institute Abu Dhabi U.A.E 
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a
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RT
P       (7-1) 

Where  

  v   is molar volume 

  R  is gas constant 

  a  is energy parameter for SRK EoS 

  b  is volume contribution for  SRK EoS 

The energy and volume parameters are described in the Table A4.1  

The energy parameter for a mixture is calculated by using 
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 Figure 7.1 compares the liquid density predictions for water & hydrogen sulfide using the 

SRK EoS and PR EoS with the cubic plus association equation of state. SRK EoS and PR EoS 

are different from the association equation of state, as in these former cubic equations of state, 

hydrogen bonding and association of molecules are not taken into account. It is evident from 

Figure 7.1 that the association equation of state is successful in predicting liquid densities, in 

comparison to the cubic equation of states (SRK-EoS and PR-EoS).The cubic equation of states 

under predict liquid densities for both water and H2S, which is attributed to the lack of 

association in the cubic equation of state models. 
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 Figures 7.2, 7.3 & A7.1 show the comparison of the cubic plus association equation of 

state with the SRK and PR equation of states for liquid density (L ) predictions of carbon 

dioxide, polypropylene glycol (PPG), monoethylene glycol (MEG), methanol (MeOH), and 

ethanol (EthOH). Figures 7.2 & 7.3 shows that the association equation of state gives the most 

accurate predictions of liquid densities of CO2 and MEG, in contrast to the cubic equation of 

states which are inaccurate. The cubic plus association equation of state predictions for 

polypropylene glycol and ethanol are fairly close to the experimental data, and the Peng 

Figure 7.1. Comparison of liquid density predictions from SRK EoS, PR EoS with cPA EoS 
for water (left) and hydrogen sulfide (right) 

Figure 7.2. Comparison of liquid density predictions from SRK EoS, PR EoS with cPA-
EoS for CO2 (left) and polypropylene glycol (right). 
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Robinson equation of state prediction is more accurate than the Soave Redlich Kwong equation 

of state. 

 

 

 

 
 

 

 

 

 

 Vapor pressure calculations were also carried out using the Soave Redlich Kwong 

equation of state (Figure 7.4 (a-f)). The SRK EoS is successful in predicting water vapor 

pressures accurately, but for H2S, CO2, MeOH, EtOH and ethane the model deviates slightly 

from experimental data. 

 

 

 

 

 

 

 

 

 

 

 

Figure 7.3. Comparison of liquid density predictions from SRK EoS, PR-EoS with cPA-EoS 
for MEG (left) and ethanol (right). 

(a) H2S (b) CO2 (c) MeOH 

(d) EthOH (e) Ethane (f) Water 

Figure 7.4. Vapor pressure predictions using the Soave Redlich Kwong equation of state 
for various hydrate formers and organic inhibitors (a-f). 
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 The Peng Robinson equation of state was also used to predict vapor pressures as shown 

in Figure 7.5 (a-e). The Peng Robinson equation of state is successful in predicting vapor 

pressures for these systems and gives better accuracy than the Soave Redlich Kwong equation of 

state. 

7.2. SRK EoS Predictions for C1-C3 + Hydrocarbons 

 

 

 

 

 

 

 

 

 
Figure 7.6. Model predictions for C1 + n-C3 (left) and C1 + i-C4 (right) vapor-liquid equilibria 

using the Soave Redlich Kwong equation of state.  
Experimental data from (Olds et al., 1942; Wichterle and Kobayashi, 1972) 

(a) H2S (b) MeOH (c) EthOH 

(d) Methane (e) Propane 

Figure 7.5. Vapor pressure predictions using the Peng Robinson equation of state for 
various hydrate formers and organic inhibitors (a-e). 
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 Figures 7.6 & 7.7 show the vapor-liquid equilibria predictions using the Soave Redlich 

Kwong equation of state for C1 + n-C3/i-C4/n-C5/n-C6 binary systems over a range of 

temperatures and pressures. The predicted pressure - composition envelope for all binary systems 

are consistent with experimental measurements.  

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 7.7. Model predictions for C1 + n-C5 (left) and C1 + n-C6 (right) vapor-liquid equilibria 
using the Soave Redlich Kwong equation of state. 

Experimental data from (Williams and Prodany, 1971; Williams and Katz, 1954). 

Figure 7.8. Model predictions for C1 + n-C7 (left) and C1 + n-C8 (right) vapor-liquid equilibria 
using the Soave Redlich Kwong equation of state. Experimental data from (Chang et al., 1966). 
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 Figures 7.8−7.10 & A7.13 present the model predictions and experimental measurements 

for binary mixtures of C1 + n-C7/n-C8/N2/n-C10/toluene/n-C3/CO2/H2S using the Soave Redlich 

Kwong equation of state over a range of T & P. The cubic equations of state predictions are in 

good agreement with experimental data, without using binary interaction parameters.  

 

 

 

 

 

 

 

 

 

 

 

Figure 7.9. Model predictions for C1 + N2 (left) and C1 + n-C10 (right) vapor-liquid 
equilibria using the Soave Redlich Kwong equation of state.Experimental data from (Dohrn 

and Brunner, 1995; Dohrn et al., 2012; Williams and Katz, 1954). 

 

Figure 7.10. Model predictions for C1 + toluene (left) and n-C2 + n-C3 (right) vapor-liquid 
equilibria using the Soave Redlich Kwong equation of state. Experimental data from (Lin et 

al., 1979). 
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 Figures A7.2-A7.4 & A7.14 show the vapor liquid equilibria predictions for n-C2 + 

C1/benzene/n-C8/n-C10/H2S/CO2 binary systems. The predicted vapor-liquid equilibria are in 

good agreement with experimental measurements for ethane + methane/n-decane binary systems; 

however the absence of binary interaction parameters leads to erroneous predictions for the 

vapor-liquid equilibria of n-C2 + CO2/n-C8/benzene. For vapor-liquid equilibria predictions for 

hydrocarbon (low to medium) binary systems, the model predictions are within experimental 

accuracy even without binary interaction parameters. 

 Figure A7.4 (right) for n-C2 + CO2 binary systems shows the Soave Redlich Kwong 

equation of state is not able to capture the azeotrope point of the binary systems. These 

predictions were compared with the cubic equation of state predictions for other binary systems 

of n-C2+ n-C8/ n-C7 & n-C3 + i-C4/n-C5/n-C10/CO2/H2S/n-C4 over a range of temperatures and 

pressures as shown in the Figures 7.11-A7.5-A7.8. 

 

 

 

 

 

 

 

 

 

 

 

 The vapor-liquid equilibria predictions using the Soave Redlich Kwong equation of state 

are reliable and in good agreement with experimental measurements for most of the propane 

containing binary systems (non-associating) without using binary interaction parameters (e.g. 

Figs A7.5-A7.8). However for n-C3 + CO2/H2S binary systems, the SRK model under predicts 

the dew and bubble points. The deviation in CO2/H2S containing binary systems is associated 

with the absence of any association considerations in the SRK EoS. 

Figure 7.11. Model predictions for n-C2+ n-C8 (left and n-C2+ n-C7 (right) vapor-liquid 
equilibria using the Soave Redlich Kwong equation of state 

Experimental data from (Weng and Lee, 1992). 

Lower T: 338.70 K 
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 Model predictions and experimental measurements are compared for N2 + n-C3/n-

C4/benzene/cyclohexane/cyclopentane/i-C5/i-C4/n-C8/n-C5/n-C6/n-C7/ethylene/n-C2 binary 

mixtures over a broad range of temperatures and pressures (Figures 7.12 & A7.8-A7.12). The 

model is in good agreement with the experimental data for N2+n-C3-

C3/cyclohexane/cyclopentane/i-C5/n-C5 binary systems without any binary interaction 

parameters. 

 

 

 

 

 

 

 

 

 

  

 For the N2 + i-C4/cyclopentane/n-C8 binary systems, the vapor part of the phase envelope 

predictions was in agreement with experimental, but the liquid phase boundary was not in 

accordance with experimental data. 

7.3. PR-EoS Predictions for C1-C3 +Hydrocarbons 

 Peng and Robinson (1976) proposed an equation of state by modifying the attractive term 

and proposed a functional form for the parameters a and b, which is more advantageous than the 

SRK equation of state, and is stated by equation 7-4 (Peng and Robinson, 1976). 

    
)()(

)(

bvbbvv

Ta

bv

RT
P      (7-4) 

where  

  v   is molar volume 

  R  is Gas constant 

  a  is energy parameter  

Figure 7.12. Model predictions for N2+cyclohexane (left) and N2+cyclopentane (right) vapor 
liquid equilibria using the Soave Redlich Kwong equation of state. 

Experimental data from (Marathe and Sandler, 1991; Shibata and Sandler, 1989). 
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  b is volume contribution  

 While the a(T) and b parameters are described in Table  A4.1, the energy parameter for 

mixtures  is calculated by using the same mixing rule as explained in former sections. 

While energy (a) & volume parameter (b) are calculated as follows 

 

 

aTa .)(   

where   is calculated as follows 
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RT
b 0778.0  

 Figures 7.13 - 7.15 show the vapor liquid equilibria predictions using the Peng Robinson 

equation of state for C1 + n-C3/i-C4/n-C5/n-C6/n-C7/n-C8 binary systems over a range of T & P. 

The predicted phase envelopes for all binary systems are consistent with experimental 

measurements.  

 

 

 

 

 

 

 

 

 

Figure 7.13. Model predictions for C1 + n-C3 (left) and C1 + i-C4 (right) vapor-liquid 
equilibria using the Peng Robinson equation of state. 

Experimental data from (Olds et al., 1942; Wichterle and Kobayashi, 1972). 
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 The Peng Robinson equation of state accurately predicts the phase envelope for all binary 

non-associating system systems (Figure 7.13-7.16) without using binary interaction parameters. 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 7.14. Model predictions for C1 + n-C5 (left) and C1 + n-C6 (right) vapor-liquid 
equilibria using the Peng Robinson equation of state. 

Experimental data from (Williams and Prodany, 1971; Williams and Katz, 1954). 

Figure 7.15. Model predictions for C1 + n-C7 (left) and C1 + n-C8 (right) vapor-liquid 
equilibria using the Peng Robinson equation of state. 

Experimental data from (Chang et al., 1966). 
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 Figures 7.16−7.18 show the phase envelope predictions compared with experimental 

measurements for n-C3 + n-C5 /i-C4/n-C10/CO2/H2S/N2 binary mixtures over a range of 

temperature. The model predictions for propane + i-C4/n-C5/n-C10 are in agreement with 

experimental data. However, the pressure - composition diagram predictions are not in 

agreement with experiment for binary systems of n-C3 + CO2 /H2S/ N2 without using binary 

interaction parameters. 

 

  

 

 

 

 

 

 

 

 

 

Figure 7.16. Model predictions for n-C3 + i-C4 (left) and n-C3 + n-C5 (right) vapor-liquid 
equilibria using the Peng Robinson equation of state. 

Experimental data from (Kayukawa et al., 2005; Olds et al., 1942). 

Figure 7.17. Model predictions for n-C3 + n-C10 (left) and n-C3 + CO2 (right) vapor-liquid 
equilibria using the Peng Robinson equation of state. 

Experimental data from (Vitu et al., 2008). 
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 Vapor liquid equilibria calculations were also carried out for C1 + benzene/n-C10/N2 & n-

C2 + H2S /CO2/n-C3/C1 binary systems as shown in the Figures A7.15-A7.21. The model 

predictions for these binary systems are accurate using binary interaction parameters. 

7.4. SRK-EoS prediction for H2S/CO2 +Hydrocarbons 

 

 

 

 

 

 

 

 

 

 
 Figures 7.19-7.21 & A7.22-A7.23 show the pressure - composition diagrams  calculated 

for H2S + i-C5/C1/n-C6/n-C7/cyclohexane/ethylcyclohexane/n-C5/n-C4/i-C4 /n-C2 binary systems.  

Figure 7.19. Model predictions for i-C5 + H2S (left) and C1 + H2S (right) vapor-liquid 
equilibria using the Soave Redlich Kwong equation of state. 

Experimental data from (Gillespie et al., 1982; Haghighi, 2009; Leu and Robinson, 1989). 

Figure 7.18. Model predictions for n-C3 + H2S (left) and n-C3 + N2 (right) vapor-liquid 
equilibria using the Peng Robinson equation of state. 

Experimental data from (Carroll and Mather, 1992, 1995; Grausø et al., 1977). 

283.15 K 

299.817 K 

273.15 K 

290.15 K 

298.15 K 

Lower T:277.594 K 
Higher T: 344.26 K 

(323.15 to 413.15 K). 



181 
 

 

 

 

 

 

 

 

 

 

 

 

 The SRK-EoS predictions for binary systems such as (H2S + i-C5/C1/n-C6/n-

C7/cyclohexane/ethylcyclohexane) are in slight agreement with the experimental measurements 

without using binary interaction parameters. However, H2S + n-C5/n-C4/i-C4 /n-C2 binary 

systems show huge deviations in the dew and bubble point calculations.  

 

 

 

 

 

 

 

 

 

 

 

Figure 7.20. Model predictions for n-C6 + H2S (left) and n-C7 + H2S (right) vapor-liquid 
equilibria using the Soave Redlich Kwong equation of state. 

Experimental data from (Laugier and Richon, 1995). 

Figure 7.21. Model predictions for cyclohexane+H2S (left) and ethylcyclohexane +H2S 
(right) vapor-liquid equilibria using the Soave Redlich Kwong equation of state. 

Experimental data from (Laugier and Richon, 1995). 
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 The applicability of the Soave Redlich Kwong equation of state for predicting vapor 

liquid equilibria was also carried out for various CO2 containing binary systems as shown in the 

Figures 7.22-7.24 & A7.25-A7.28. 

 

  

 

 

 

 

 

 

 

 

 

  

 

 

 

 

 

 

 

 

 

 Bubble and dew point predictions for CO2 + i-C4/n-

C6/benzene/cyclohexane/cyclopentane/ethylbenzene binary systems  (Figures 7.22-7.24) show 

Figure 7.22. Model predictions for CO2+i-C4 (left) and CO2 +n-C6 (right) vapor-liquid 
equilibria using the Soave Redlich Kwong equation of state. 

Experimental data from (Nagahama et al., 1974; Vitu et al., 2008). 

Figure 7.23. Model predictions for CO2 + Benzene (left) and CO2 + cyclohexane (right) vapor-
liquid equilibria using the Soave Redlich Kwong equation of state. Experimental data from 

(Kim et al., 1986). 
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the VLE predictions are in good agreement with experiment, but the liquid phase boundary was 

under predicted by the SRK equation of state. 

 Furthermore absence of binary interaction parameters in model predictions for 

CO2+MCH/toluene/nonane/propylene/cyclohexane/n-C8/N2/n-C4/C1/n-C10 binary systems leads 

to errors in locating the phase envelopes.  

 

 

 

 

 

  

 

 

 
 

 

7.5. PR-EoS prediction for H2S/CO2 +Hydrocarbons 

 

 

 

 

 

 

 

 

 

Figure 7.24. Model predictions for CO2 + cyclopentane (left) and CO2 + ethyl benzene 
(right) vapor-liquid equilibria using the Soave Redlich Kwong equation of state. 

Experimental data from (Marathe and Sandler, 1991; Tan et al., 1991). 

Figure 7.25. Model predictions for H2S + cyclohexane (left) and H2S + n-C2 (right) vapor 
liquid equilibria using the Peng Robinson equation of state. 

Experimental data from (Laugier and Richon, 1995). 
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 Vapor liquid equilibria predictions using the Peng Robinson equation of state were 

performed for various binary systems including sour gases, e.g. H2S + cyclohexane/n-

C2/ethylcyclohexane/i-C4/C1/n-C4 binary systems (Figures 7.25-7.27). 

 

 

 

 

 

 

 

 

 

 
  

 Figure A7.29 shows the model predictions of vapor liquid equilibria for binary systems of 

H2S + n-heptane/n-hexane/n-pentane over a range of temperatures and pressures. The 

calculations reveal that the model is fairly successful in predicting binary systems VLE, but a 

binary interaction parameter is necessary to correct the liquid part of the phase envelope. 

 

 

 

 

 

 

 

 

 

Figure 7.26. Model predictions for H2S + ethylcyclohexane (left) and H2S + i-C4 (right) 
vapor-liquid equilibria using the Peng Robinson equation of state. 

Experimental data from (Leu and Robinson, 1989). 

Figure 7.27. Model predictions for H2S + C1 (left) and H2S + n-C4 (right) vapor-liquid 
equilibria using the Peng Robinson equation of state. 

Experimental data from (Gillespie et al., 1982; Haghighi, 2009; Leu and Robinson, 1989). 
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 To further check the applicability of the Peng Robinson equation of state, H2S + 1-

hexene/benzene/cyclohexane/cyclopentane/n-C10/ethylbenzene binary systems VLE were 

calculated without using any binary interaction parameter (Figure 7.28-7.29).  

 

  

 

 

 

 

 

 

 

 The model predictions for CO2 containing binary systems are in close agreement with 

experiment for the vapor part of the phase envelope, but the liquid phase is under predicted by 

the Peng Robinson EoS. In contrast to the Soave Redlich Kwong equation of state, the Peng 

Robinson equation of state gives more accurate results in predicting the phase envelope for these 

binary mixtures. The applicability of the Peng Robinson equation of state was further checked by 

Figure 7.28. Model predictions for CO2 + 1-hexene (left), CO2 + benzene (middle) and CO2 + 
cyclohexane (right) vapor-liquid equilibria using the Peng Robinson equation of state. 

Experimental data from (Kim et al., 1986; Shibata and Sandler, 1989; Wagner and Wichterle, 
1987). 

Figure 7.29. Model predictions for CO2 + cyclopentane (left), CO2 + n-C10 (middle) and 
CO2 + ethyl benzene (right) vapor-liquid equilibria using the Peng Robinson equation of 

state. Experimental data from (Marathe and Sandler, 1991; Tan et al., 1991). 
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performing vapor liquid equilibria calculations for various other CO2 containing binary systems 

as shown in the Figures A7.30-A7.33. 

7.6. Conclusion 

 Soave Redlich Kwong (SRK-EoS) and Peng Robinson (PR-EoS) equation of states were 

utilized to predict vapor-liquid equilibria of water (H2O)/N2/H2 + associating/non-associating 

hydrate formers. SRK-EoS and PE-EoS are successful in predicting pressure - composition phase 

diagrams for binary systems including (C1-C3 + low to medium hydrocarbon/inert hydrate 

formers). Moreover the absence of  hydrogen bonding  in cubic equation of state models leads to 

significant errors in predicting vapor-liquid equilibria of associating components in  contrast with 

the association EoS  
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CHAPTER 8 

STATISTICAL ASSOCIATING FLUID THEORY (SAFT) AND PERTURBED CHAIN (PC) – 
SAFT EOS VLE PREDICTIONS 

This chapter provides a detailed vapor liquid equilibria calculation and fluid phase model 
validation using cubic equation of state (SAFT and PC-SAFT EOS). This section of  Chapter 8 
will be submitted for publication in a peer reviewed journal (Journal of Chemical Engineering 

data).This part of the chapter is partially reproduced with minor changes. 

Muhammad N. Khan1, Pramod Warrier1, Cor J. Peters2, Carolyn A. Koh1 
 

Abstract 

 Reliable vapor-liquid phase equilibria predictions of hydrogen sulfide and carbon dioxide 

mixtures are critical to the safe and economic design of gas processing and flow assurance 

technologies. In addition, inaccurate predictions of the vapor-liquid equilibria can lead to 

erroneous hydrate phase equilibrium predictions and subsequent safety and economic risks. In 

this Chapter, SAFT and PC-SAFT equations of state are used to predict vapor-liquid equilibria 

for mixtures of hydrogen sulfide and carbon dioxide, along with other hydrocarbons and various 

non-associating components (including N2, cyclohexane, H2, toluene). SAFT and PC-SAFT 

equation of state parameters were adopted from (Gross et al., 2001 & David 2010). Model 

accuracies were compared without using binary interaction parameters for various binary 

systems containing CO2/H2S + other associating and non-associating components. 

8.1. PC-SAFT Predictions for Vapor Liquid Equilibria of H2S/CO2 

 Vapor-liquid equilibria calculations are of extreme importance to many applications 

which includes gas separation, CO2 sequestration, and hydrate phase equilibria modeling. In this 

Chapter, more advanced equations of state (SAFT and PC-SAFT) are employed to model the 

phase envelope of binary CO2/H2S mixtures with other hydrate formers, such as C1-C6, N2, H2, 

sH hydrate formers.  

 The higher order SAFT EoS (Chapman et al., 1989; Wertheim, 1984) was modified to 

develop PC-SAFT (Gross and Sadowski, 2001; Huang and Radosz, 1990). The PC-SAFT 

equation of state (EoS) considers molecules as chains composed of hard spherical segments and 
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the influence of chain-length is accounted for in both repulsive and dispersive contributions as 

shown in (Equation 8.1). The PC-SAFT equation of state has been implemented in this thesis 

work for various binary systems of H2S/CO2+hydrocarbon. 

    
Assoschainsegres AAAA      (8.1) 

  

Table 8.1. PC-SAFT parameters for associating and non-associating components (Table 
modified from (Gross and Sadowski, 2001). 

m (segment number)  temperature independent segment diameter k/ segment dispersion 
energy 

Component M(g/mol) m   k/  
Methane 16.043 1.0000 3.7039 150.03 
Ethane 30.070 1.6069 3.5206 191.42 

Propane 44.096 2.0020 3.6184 208.11 
n-butane 58.123 2.3316 3.7086 222.88 
i-butane 58.123 2.2616 3.7574 216.53 
i-pentane 72.150 2.5620 3.8296 230.75 
Hexane 86.177 3.0576 3.7983 236.77 
Heptane 100.203 3.4831 3.8049 238.40 
Octane 114.231 3.8176 3.8373 242.78 
Nonane 128.250 4.2079 3.8448 244.51 
Decane 142.285 4.6627 3.8384 243.87 

Cyclopentane 70.1300 2.3655 3.7114 265.83 
Cyclohexane 84.1470 2.5303 3.8499 278.11 

Methylcyclohexane 98.182 2.6637 3.9993 282.33 
Ethylcyclohexane 112.215 2.8256 4.1039 294.04 

Ethylene 28.0500 1.5930 3.4450 176.47 
Propylene 42.081 1.9597 3.5356 207.19 
1-hexene 84.616 2.9853 3.7753 236.81 
Benzene 78.114 2.4653 3.6478 287.35 
Toluene 92.141 2.8149 3.7169 285.69 

Ethyl benzene 106.167 3.0799 3.7974 287.35 
Nitrogen 28.010 1.2053 3.3130 90.96 

Carbon dioxide 44.010 2.0729 2.7852 169.21 
  

 In addition, the association term is explicitly accounted for and thus the PC-SAFT EoS is 

particularly suitable to model systems containing polar hydrate formers, organic inhibitors, 

hydrocarbons (low to medium hydrocarbon) and water(Gross and Sadowski, 2001).SAFT and 

pc-SAFT EoS codes are adopted from (http://hpp.uva.es/open-source-software-eos).  

 For associating and non-associating hydrate formers, SAFT and PC-SAFT require three 

parameters for non associative components and 2 parameters for association components (e.g. 
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hydrogen sulfide, carbon dioxide, methanol, ethanol, monoethylene glycol) as shown in Table 

8.1. 

 

 

 

 

 

 

 

 

 

 

 The phase equilibria calculations of CO2 + n-C10 / methylcyclohexane binary mixtures 

were carried out using the perturbed chain statistical associating fluid theory (PC-SAFT) as 

shown in Figure 8.1. Initially the model predictions were carried out without using any binary 

interaction parameters. The model predictions using PC-SAFT are in close agreement with 

experimental data, and it was evident that predictions using PC-SAFT are more accurate than 

SRK or PR EoS for CO2 + n-C10 / methylcyclohexane binary systems. 

 

 

 

 

 

 

 

 

 

Figure 8.1. Model predictions for CO2 + n-C10 (left & CO2 + methylcyclohexane (right) 
vapor-liquid equilibria using the perturbed chain statistical associating fluid theory. 

Experimental data from (Kalra et al., 1977; Marathe and Sandler, 1991; Ng and Robinson, 
1979; Tan et al., 1991). 

Figure 8.2. Model predictions for CO2 + cyclohexane (left) & CO2 + benzene (right) 
vapor- liquid equilibria using perturbed chain statistical associating fluid theory. 

Experimental data from (Kim et al., 1986; Shibata and Sandler, 1989). 

(366.8 to 412.15 K) (310 to 477.2 K) 

(366.45 to 410.8 K) (313.45 to 393.2 K) 
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 Phase equilibria calculations were also carried out for CO2 + cyclohexane/benzene/n-

C7/toluene binary systems as shown in the Figures 8.2-8.3. The model predictions are found to be 

more accurate for the vapor part of the phase envelope than the liquid part; the latter was under 

predicted by PC-SAFT in all the former binary systems. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

  

Figure 8.3. Model predictions for CO2 + n-C7 (left) & CO2 + toluene (right) vapor-liquid 
equilibria using the perturbed chain statistical associating fluid theory. 

Experimental data from (Kalra et al., 1977; Kim et al., 1986; Shibata and Sandler, 1989). 

Figure 8.4. Model predictions for CO2 + ethylbenzene (left) & CO2 + 1-hexene (right) vapor 
-liquid equilibria using the perturbed chain statistical associating fluid theory. 

Experimental data from (Tan et al., 1991; Wagner and Wichterle, 1987). 

(310.65 to 477.2 K) (353.4 to 493.2 K) 

(466.15 to 583.65 K) 

(303.15 to 323.15 K) 
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Figures 8.4−8.5 & A8.1 present the vapor-liquid equilibria predictions and experimental 

measurements for CO2 + ethylbenzene/1-hexene/n-C6/n-C8/C1/n-C9 binary mixtures over a range 

of temperatures and pressures. PC-SAFT predictions are in agreement with experimental data for 

vapor part of the phase envelope, but not for the liquid part of the phase envelope. 

 

 

 

 

 

 

 

 

 

 

 

 

 

  

 

 

 

 

 

 

 

 

 

 

Figure 8.5. Model predictions for CO2 + n-C6 (left) & CO2 + n-C8 (right) vapor-liquid 
equilibria using the perturbed chain statistical associating fluid theory. 

Experimental data from (Tochigi et al., 2010; Vitu et al., 2008). 

Figure 8.6. Model predictions for H2S + C1 (left) and H2S + n-C2 (right) vapor-liquid 
equilibria using the perturbed chain statistical associating fluid theory. 

Experimental data from (Laugier and Richon, 1995). 

(303.15 to 323.15 K) (313.15 to 348.15 K) 

(277.594 to 344.26 K) 

(200.37 to 283.15 K) 
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 Vapor-liquid equilibria of H2S + C1/n-C2/n-C4/i-C4 binary systems were calculated as 

shown in the Figures 8.6-8.7.  The vapor part of the phase envelope prediction is in agreement 

with experimental measurements for H2S+methane. However for H2S + n-C2/n-C4/i-C4 binary 

systems, PC-SAFT and other cubic equation of states are not able to capture the VLE and a 

binary interaction parameter is necessary. 

 

 

  

 

 

 

 

 

 

 

 

 

 

  

 

 

 

 

 

 

 

 

 

Figure 8.7. Model predictions for H2S + n-C4 (left) and H2S + i-C4 (right) vapor-liquid 
equilibria using the perturbed chain statistical associating fluid theory. 

Experimental data from (Dicko et al., 2012; Kalra et al., 1977; Leu and Robinson, 1989). 

Figure 8.8. Model predictions for H2S + n-C7 (left) and H2S + cyclohexane (right) vapor 
liquid equilibria using the perturbed chain statistical associating fluid theory. 

(366.45 to 318.15 K) (344.25 to 298.15 K) 

(310.92 to 477.59 K) (366.45 to 410.8 K) 
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 Figures 8.8-8.9 & A8.2 present the pressure - composition diagrams calculated for H2S + 

n-C7/cyclohexane/ethylcyclohexane binary systems. The PC-SAFT equation of state predictions 

for binary systems H2S + n-C7/cyclohexane/ethylcyclohexane are in agreement with 

experimental measurements for the vapor part of the phase envelope without using any binary 

interaction parameters, but the liquid part of the phase envelop is not captured. 

 

 

Figure 8.9. Model predictions for H2S + ethylcyclohexane vapor-liquid equilibria using the 
perturbed chain statistical associating fluid theory. 
Experimental data from (Tang and Gross, 2010). 

 

8.2. SAFT Predictions for Vapor Liquid Equilibria of H2S/CO2 

 (Chapman et al., 1989)  proposed an equation-of-state model in predict accurate vapor 

liquid phase equilibria, based on the Statistical Associating Fluid Theory (SAFT). The SAFT 

equation of state can be represented in terms of Helmholtz free energy by the following 

(equation 8.2), and is discussed in detail by (Chapman, 1989) 

    
Assoschainsegres AAAA      (8.2) 

(310.9 to 477.6 K) 
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PC-SAFT is different from SAFT, as in SAFT the reference fluid is taken as a hard sphere and 

SAFT parameters are listed in Table 8.2. 

Table 8.2.  SAFT parameters for associating and non associating components (Table modified 
from (Ting, 2003)).m (segment number)  (temperature independent segment diameter)k/

(segment dispersion energy) 
Component M(g/mol) m   k/  

Methane 16.043 1.000 3.7039 150.03 
Ethane 30.070 1.6069 3.5206 191.42 

Propane 44.096 2.0020 3.6184 208.11 
n-butane 58.123 2.3316 3.7086 222.88 
i-butane 58.123 - - - 
i-pentane 72.150 - - - 
Hexane 86.177 3.0576 3.7983 236.77 
Heptane 100.203 3.4831 3.8049 238.40 
Octane 114.231 3.8176 3.8373 242.78 
Nonane 128.250 4.2079 3.8448 244.51 
Decane 142.285 4.6627 3.8384 243.87 

Cyclopentane 70.1300 2.3655 3.7114 265.83 
Cyclohexane 84.1470 2.5303 3.8499 278.11 

Methylcyclohexane 98.182 2.6637 3.9993 282.33 
Ethylcyclohexane 112.215 2.8256 4.1039 294.04 

Ethylene 28.0500 - - - 
Propylene 42.081 - - - 
1-hexene 84.616 - - - 
Benzene 78.114 2.4653 3.6478 287.35 
Toluene 92.141 2.8149 3.7169 285.69 

Ethyl benzene 106.167 3.0799 3.7974 287.35 
Nitrogen 28.010 1.2053 3.313 90.96 

Carbon 
dioxide 

44.010 2.0729 2.7852 169.21 

 

 

 

 

Figure 8.10. Model prediction for CO2 + n-C10 (Left Figure) and CO2 + Methylcyclohexane 
(Right Figure) vapor-liquid equilibria using statistical associating fluid theory 

Experimental data was taken from (Ng and Robinson, 1979; Sebastián et al., 1980) 

(366.8 to 412.15 K) (310 to 477.2 K) 
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 In addition to checking the applicability of the PC-SAFT equation of state, vapor liquid 

equilibria calculations were also carried out using statistical associating fluid theory (SAFT) for 

various CO2/H2S + hydrocarbon containing binary systems. Figures 8.10-8.11 show the bubble 

and dew point predictions for CO2 + n-C10 /methylcyclohexane/n-C7/toluene binary systems. The 

vapor curve predictions are in fair agreement with experimental measurements, but the liquid 

phase boundary was under predicted by the SAFT equation of state. 

  

 

 

 

 

 

 

 

 
  

 In Figures 8.12 and 8.13, the pressure - composition diagrams are calculated for CO2 + i-

ethylbenzene/n-C6/n-C8 binary systems. The SAFT EoS predictions for the former binaries are in 

agreement for the vapor part of the phase envelope, but the liquid part of the envelope is under 

predicted without any binary interaction parameter. 

 

 

 

 

 

 

 

 

Figure 8.11. Model predictions for CO2 + n-C7 (left) and CO2 + toluene (right) vapor-liquid 
equilibria using statistical associating fluid theory. 

Experimental data from (Kim et al., 1986; Ng and Robinson, 1979; Sebastián et al., 1980). 

Figure 8.12. Model predictions for CO2 + ethylbenzene vapor-liquid equilibria using statistical 
associating fluid theory. Experimental data from  (Tan et al., 1991). 

(353.4 to 493.2 K) (310.65 to 477.2 K) 

(466.15 to 583.65 K) 
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 To check the applicability of the statistical associating fluid theory equation of state, 

vapor-liquid equilibria calculations were also carried out for various other CO2 containing binary 

systems as shown in Figure A8.3-A8.6. 

 

 

 

 

 

 

 

 

 

 

  

 Model predictions using the SAFT equation of state for various binary systems including 

CO2 + hydrocarbon and H2S + cyclohexane/ethylcyclohexane/C1/n-C7/n-C6/i-C4/n-C5/n-C4/n-C2 

Figure 8.13. Model predictions for CO2 + n-C6 (left) and CO2 + n-C8 (right) vapor-liquid 
equilibria using statistical associating fluid theory. 

Experimental data from (Tochigi et al., 2010; Vitu et al., 2008). 

Figure 8.14. Model predictions for H2S + cyclohexane (left) and H2S + ethylcyclohexane 
(right) vapor-liquid equilibria using statistical associating fluid theory. 

Experimental data from (Laugier and Richon, 1995; Tang and Gross, 2010). 

(303.15 to 323.15 K) (313.15 to 348.15 K) 

(366.45 to 410.8 K) 
(310.9 to 477.6 K) 
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are shown in Figures 8.14-8.15 & A8.6-A8.9. The SAFT model shows similar accuracy to the 

PC-SAFT equation of state. 

 

 

 

 

 

 

  

 

 

 

8.3. Comparisons of Errors using Cubic and SAFT Based Equation of State 

 Vapor-liquid equilibria calculations were carried out without using any binary 

interaction parameters for various binary systems (Figure 8.16). The cubic plus association 

equation  (cPA), Soave Redlich Kwong (SRK), Peng Robinson (PR), statistical associating fluid 

theory (SAFT) and perturbed chain statistical associating fluid theory (PC-SAFT) accuracies are 

comparable in predicting vapor phase compositions for CO2 + cyclopentane/ethylbenzene/n-

C10/n-C6/MCH/toluene binary systems. The highest error in predicting the CO2+benzene binary 

system was attributed towards the poorly fitted SAFT equation of state parameters.  

 Absolute average deviation in vapor phase compositions were also calculated using the 

cubic and SAFT based equations of state for H2S + C1/n-C4/n-C6/n-C7/i-C4/n-C5 binary systems 

(Figure 8.17). The Soave Redlich Kwong equation of state (SRK) is less accurate for H2S+C1/n-

C4 binary systems, and higher errors and numerical convergence issues were found for CH4+H2S 

binary systems at higher temperature. However, interestingly SAFT is less precise in comparison 

to PC-SAFT for most hydrogen sulfide containing binary systems. Overall, the Peng Robinson 

(PR) equation of state is best in predicting vapor phase compositions in comparison to the cubic 

and SAFT based equations of states.  

Figure 8.15. Model predictions for H2S + C1 vapor-liquid equilibria using statistical 
associating fluid theory. 

Experimental data from (Gillespie et al., 1982; Haghighi, 2009). 

(277.59 to 344.26 K) 
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Figure 8.16. Comparison of absolute average deviation in pressure (AADP) for CO2 
containing binary systems using five equations of state (cubic and SAFT based EoS). 

Figure 8.17. Comparison of absolute average deviation in pressure (AADP) for H2S 
containing binary systems using five equations of state (cubic and SAFT based equations of 

state). 
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 Figures 8.18 & 8.19 compare the errors in predicting the bubble pressure and vapor 

phase compositions for H2S & CO2 containing binary systems using SAFT and PC-SAFT 

equation of states. PC-SAFT was found to give comparable accuracy to SAFT in predicting the 

bubble pressure, but was more accurate in calculating vapor phase composition which is 

attributed towards the new dispersion term introduced into the PC-SAFT model. 

 

 

 

 

 

 

 

 

 

 

8.4. Conclusion 

 In addition to the cubic equations of state, the Statistical Associating Fluid Theory 

(SAFT), and Perturbed-Chain SAFT (PC-SAFT) equations of state have been developed 

Figure 8.18. Comparison of absolute average deviation in pressure (AADP %) for H2S 
containing  binary systems using SAFT & PC-SAFT EoS for various H2S containing binary 

systems (C1-C9 binary systems are listed in Table A8.1). 

Figure 8.19. Comparison of absolute average deviation in pressure (AADP %) for 
H2S containing binary systems using SAFT & PC-SAFT EoS  for various CO2 
containing binary systems ((C1-C9) binary systems are enlisted in Table A8.2) 
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(codings/parameter sets) and used to predict vapor-liquid equilibria of H2S/CO2 containing 

binary systems. Furthermore, absolute errors were calculated and compared for combinations of 

binary mixtures, including self associating systems. Model accuracies are compared without 

using any binary interaction parameters. In predicting the vapor part of phase envelope, all EoS 

gives comparable accuracy. However, predictions of the liquid part of the phase envelope show 

significant errors using all EoS, mainly because the association terms have not been optimized 

for these systems.  A summary of all five equations of state in predicting fluid phase equilibria of 

CO2/H2S containing binary system is summarized in Table A8.3-A8.4. 
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CHAPTER 9 

ELECTROLYTE CONTRIBUTION OF ASSOCIATION EOS 

This chapter provides a detailed vapor liquid equilibria calculation and fluid phase model 
validation using cubic equation of state (SAFT and PC-SAFT EOS). This section of  Chapter 9 

will be submitted for publication in a peer reviewed journal. 
 This part of the chapter is partially reproduced with minor changes. 

Muhammad N. Khan1, Pramod Warrier1, Cor J. Peters22, Carolyn A. Koh1 

Abstract 

 Current hydrate phase equilibria predictions (using different models, e.g. CSMGem, 

Multiflash and PVTsim) for inhibited systems (with salts, e.g. NaCl, KCl, CaCl2, also methanol, 

ethylene glycol) exhibit large errors. The current CSMGem activity model is not reliable for 

predicting these inhibited systems. Therefore, the proposed association EoS needs to be coupled 

with a reliable electrolyte activity model. In this work, various electrolyte models: Debye 

Huckel, truncated Debye Huckel, Pitzer theory and Bromley activity model were tested in mean 

activity coefficient calculations. The Debye Huckel and truncated Debye Huckel models give 

accurate predictions at lower salt concentrations, but a huge deviation was observed at a molal 

concentration of higher than 1 mol/kg. The Bromley activity model and Pitzer theory were found 

to be good alternatives to the Debye Huckel models and its modifications. For 1:1 electrolytes, 

the Pitzer theory and Bromley activity models give accurate predictions up to the saturation limit 

of salt solutions. Conversely, mean activity coefficient calculations for 1:2 electrolytes (CaCl2, 

MgCl2 and BaCl2) using the Pitzer theory, Bromley activity model, or Debye Huckel model and 

its modification were not able to capture the electrolyte contribution of these salts. A more 

rigorous statistical thermodynamics approach (Mean Field Spherical Approximation) has also 

been developed in this work to more accurately predict the activity of the aqueous phase and 1:2 

electrolytes.  

 

9.1. Review of Mean Activity Coefficient (MAC) and Osmotic Coefficient Data 

 To understand the thermodynamics of the inhibited gas hydrates systems, there is a need 

to acquire hydrate phase equilibria data in the presence of salts and organic inhibitors. Inhibited 

                                                 
1 Chemical and Biological Department , Colorado School of Mines, Golden CO, 80401.  
2 Petroleum Institute Abu Dhabi, U.A.E. 
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hydrate phase equilibria data are not only important for flow assurance, but also in a number of 

other applications which include seawater desalination and gas separation using hydrate 

formation. Most of the hydrate phase equilibria model predictions are inaccurate at high salt 

concentration systems (i.e. >10 wt. %) because of the lack of phase equilibria data at high salt 

concentrations. An accurate phase equilibria prediction at high salt concentrations is necessary 

especially in deepwater reservoirs, which comprise high pressure and low temperature conditions 

with high concentrations of sea salts (combinations of various electrolytes). In this section, in 

addition to the vapor-liquid equilibria and hydrate formation data (Chapter 2: Sections I & II), 

mean activity coefficients and  osmotic coefficient data are reviewed for various salts (NaCl, 

KCl, CaCl2, SrCl2, MgCl2, KOH, MgOH, HCl, ZnCl2) as shown in Figure 9.1 (Robinson and 

Stokes, 2002). 

 

 

 

 

 

 

 

 

 

 

 

9.2. Results and Discussion 

 The following sections provide comparison of the various electrolyte model for mean 

activity coefficient calculation  

9.2.1. Complete Debye & Huckel Term 

 In order to perform an accurate phase equilibria calculation for inhibited systems, mean 

activity coefficients of salts need to be accurately captured in the hydrate model (as discussed in 

Figure 9.1. Mean activity coefficient experimental data for 1:1 and 1:2 electrolytes.  
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Chapters 4). Debye and Huckel (1923) proposed a simplistic approach to calculate mean activity 

and osmotic coefficients of salts (see Chapter 4 for more details). The activity coefficient of 

anions or cations is calculated by (equation 9.1).   

         (9.1) 

Where A & B are calculated as follows 

  

 

d density of water 

  Permittivity of water 

   Permittivity of free space 

NA Avogadro number 

k Boltzmann constant 

T Temperature 

I Ionic strength 

 In the current CSMGem model, the Bromley activity model (BAM) is utilized as the salt 

activity model for inhibited hydrate phase equilibria calculations. To extend the Guggenheim-

Scatchard equation, Bromley (Bromley, 1973) modified their approach and proposed a new 

electrolyte model in 1973. The activity of the cation or anion is calculated by (equation 9-2), and 

the model parameters are listed in Table 9.1 
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(Equation 9-2) is valid only up to 6 molal (Bromley, 1973; Bromley et al., 1974; Lin et al., 

2007). 

 

Table 9.1. Bromley activity model parameters (Table reproduced from the (Bromley, 1973). 

Salt component B sigma Molality Range 

CsBr -0.0039 0.015 Saturated sol.  

CsCl 0.0025 0.017 Saturated sol. 

CsI -0.0188 0.007 Saturated sol. 

HBr 0.1734 0.004 Saturated sol.  

HCl 0.1433 0.003 Saturated sol. 

KBr 0.0296 0.003 Saturated sol. 

KCl 0.024 0.0005 Saturated sol.  

KI 0.0428 0.008 Saturated sol. 

KOH 0.1131 0.011 Saturated sol. 

LiBr 0.1527 0.017 Saturated sol.  

LiCl 0.1283 0.009 Saturated sol. 

NaBr 0.0749 0.0009 Saturated sol. 

NaCl 0.0574 0.002 Saturated sol. 

NaF 0.0041 0.0006 Saturated sol. 

NaI 0.0994 0.002 Saturated sol.  

RbCl 0.0157 0.005 Saturated sol. 

RbBr 0.0111 0.004 Saturated sol. 

CaBr2 0.1179 0.009 Saturated sol. 

CaCl2 0.0948 0.005 Saturated sol.  

BaCl2 0.0638 0.007 Saturated sol. 
MgCl2 0.1129 0.010 Saturated sol. 

 In this section, the complete Debye Huckel & Bromley activity models were employed 

and compared for mean activity coefficient calculations of various salts up to low to medium salt 

concentration. 
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 Comparisons of the Debye Huckel and Bromley activity model predictions for sodium 

chloride and sodium iodide are shown in Figure 9.2 & 9.3. The Bromley activity model 

predictions are consistent with experimental data, unlikely the Debye Huckel theory which under 

predicts the mean activity coefficient of sodium chloride. 

 

 

 

 

 

 

 

 

 

 

 

Figure 9.2. Mean activity coefficient calculations for sodium chloride using Debye Huckel 
(left) and Bromley activity model (Right). Experimental data was taken from (Harned and 

Owen, 1939). 

Figure 9.3. Mean activity coefficient calculations for sodium iodide using the Debye 
Huckel (left) and Bromley activity models (right). Experimental data was taken from 

(Harned and Owen, 1939). 



210 
 

 

 

 

 

 

 

 

 

 

 

 

 

 As shown in Figures 9.4 & A9.6, Debye Huckel and Bromley activity (BAM) 

calculations were carried out up to a molal concentration of 0.1 for potassium chloride, 

potassium bromide, lithium chloride and lithium iodide. In contrast to the Debye Huckel theory, 

the Bromley activity model (BAM) shows excellent accuracy in predicting the activity of these 

salts. Other salt calculations performed are shown in Figures A9.7 & A9.13-A9.15. 

9.2.2. Truncated Debye Huckel 

 The Debye and Huckel theory was further modified into a more simplistic form and the 

resultant equation is termed as the truncated Debye Huckel theory. The truncated Debye and 

Huckel form assumes the electrostatic interaction is a main contributing factor in the electrolyte 

non ideality as shown by (equation 9-3) (Helgeson and Kirkham, 1974). 

     
)1(8

ln
22

io

i
i akT

ze


      (9.3) 

while the average activity coefficient for both the ions can be calculated as follows 

   vvv   

which goes into the following term 

Potassium chloride Potassium bromide 

Figure 9.4. Mean activity coefficient calculations using the Debye Huckel and BAM 
models for  potassium chloride (left) and potassium bromide (right). Experimental data 

was taken from (Harned and Owen, 1939). 
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 In Figure 9.5-9.7, we have model predictions from the truncated Debye Huckel and 

Bromley activity model for salts (such as sodium chloride, sodium bromide, potassium chloride, 

Figure 9.5. Mean activity coefficient calculations using the Debye Huckel and BAM models 
for  sodium chloride (left) and sodium bromide (right). Experimental data was taken from 

(Harned and Owen, 1939). 

Figure 9.6. Mean activity coefficient calculations using the Debye Huckel and BAM model 
for  potassium chloride (left) and potassium bromide (right). Experimental data was taken 

from (Harned and Owen, 1939). 
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potassium bromide, lithium chloride and lithium bromide).  An increase in salt concentration is 

shown to result in a decrease in ion activity. 

 

 

 

 

 

 

 

   

 

 

 
 

 Comparisons of the truncated Debye Huckel and Bromley activity models for salts 

(lithium iodide, rubidium chloride, rubidium bromide) are shown in Figures A9.8 & A9.9. Model 

predictions using the Bromley activity model are in closer agreement with experimental data 

compared to the truncated Debye Huckel theory. 

9.2.3. Pitzer Theory (Low to medium salt concentration) 

 Pitzer extended the Debye Huckel (DH) theory by considering salt as hard spheres, and  

modified the radial distribution function which is approximated by (equation 9.6) (Pitzer, 1973) 

     
kT

rez

ij

ij

eg
)(      (9.6)  

 The activity coefficient of the electrolyte is derived as follows, which has two additional 

terms in addition to the Debye and Huckel term, as shown in (equation 9.7) 

   mC
v

vv
mB

v

vv
fzz    2

3

)(22
ln    (9.7) 

z Charge on ion 

Figure 9.7. Mean activity coefficient calculations using the Debye Huckel and BAM 
models for Lithium chloride (left) and Lithium bromide (right). Experimental data was 

taken from (Harned and Owen, 1939). 
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m molality 

v Stoichiometric coefficient 

while B and C were optimized with mean activity coefficient experimental data and are listed in 

Table 9.2 (Pitzer, 1973). 

 

Table 9.2. Pitzer theory parameters (Table was Reproduced from (Pitzer, 1973, 1991). 

Salts b  B  C  

KCl 1.99609 0.02699 0.0043 

CsBr 1.47723 0.01030 0.00118 

CsCl 1.34596 0.02923 -0.00019 

CsI 1.42147 0.01336 -0.00126 

HBr 0.38021 0.35774 -0.00446 

HCl 1.45056 0.20339 -0.00196 

KBr 2.06975 0.03407 0 

LiBr 0.10632 0.37681 -0.00402 

NaBr 2.06796 0.08221 0 

NaCl 2.22718 0.05383 0.00134 

NaI 2.14921 0.11339 0 

KI  2.30629 0.04747 -0.00101 

KOH 0.67967 0.2104 -0.00211 

RbCl 1.8000 0.02535 0.00008 

NaOH 0.43331 0.20075 -0.00212 

RbCl 1.8000 0.02535 0.00008 

BaCl2 2.5469 0.14481 -0.00116 

CaCl2 1.10808 0.44947 -0.00608 

CaI2 2.9942 0.30217 0.00649 

MgCl2 2.37916 0.28486 0.00331 

ZnCl2 3.53559 -0.02209 0.00323 

SrCl2 2.6168 0.18048 0.00330 

BaBr2 2.6212 0.1953 0 
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 Mean activity coefficient calculations using the Pitzer theory were compared with the 

truncated Debye Huckel and Bromley activity models (Figures 9.8-9.10). The calculations were 

carried out for various salts (sodium chloride, sodium iodide, potassium chloride, rubidium 

chloride, potassium bromide). An increase in salt concentration leads to a decrease in ion activity 

which is attributed towards the non-ideality of  the salt solution. The Pitzer theory and Bromley 

activity model predictions are shown to be more accurate than the truncated Debye Huckel. 

 

Figure 9.8. Mean activity coefficient calculation using various activity models for sodium 
chloride. Experimental data was taken from (Harned and Owen, 1939). 

Figure 9.9. Mean activity coefficient calculations using various activity models for sodium 
iodide (left) and potassium chloride (right). Experimental data was taken from (Harned and 

Owen, 1939). 
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Figure 9.11. Mean activity coefficient calculations using various activity models for sodium 
chloride up to the saturation limit. (Gordon, 1975; Harned and Owen, 1939; Robinson and 

Stokes, 2002). 
 

 Mean activity coefficient calculations were also carried out for sodium chloride up to the 

saturated solution limit using various physical models (Pitzer theory, Bromley activity model, 

truncated Debye Huckel, Debye Huckel, LBL method, Chen model, Meisssner model) as shown 

in the Figure 9.11.   Mean activity coefficient calculations using the Pitzer theory and Bromley 

Figure 9.10. Mean activity coefficient calculations using various activity models for 
rubidium chloride. (left Figure) and potassium bromide (Right). Experimental data from 

(Harned and Owen, 1939). 
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activity model are shown to be more promising than other models up to saturation limit of 

sodium chloride solution. 

 

 
Figure 9.12. Mean activity coefficient calculations using various activity models for potassium 

chloride up to the saturation limit. (Gordon, 1975; Harned and Owen, 1939; Robinson and 
Stokes, 2002). 

 

 Figures 9.12-9.13 show model predictions from (Pitzer theory, Bromley activity model, 

truncated Debye Huckel, Debye Huckel) for potassium chloride, sodium bromide, and sodium 

iodide. Only the Pitzer theory and Bromley activity model are promising in predicting mean 

activity coefficients in comparison to Debye Huckel and its modifications. 

 

 

 

 

 

 

 

 

 
Figure 9.13. Mean activity coefficient calculations using various activity models for sodium 
bromide (Left) and sodium iodide (Right) up to the saturation limit. (Gordon, 1975; Harned 

and Owen, 1939; Robinson and Stokes, 2002). 
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 As shown in Figures A9.10 & 9.14, physical model predictions for activity calculations 

were carried out up to a molal concentration of 30 mol/kg (saturated solutions limit ) for sodium 

hydroxide, potassium bromide and iodide. None of the models are successful in predicting the 

mean activity coefficients for potassium and sodium hydroxide (Figure A9.10 & A9.11). 

However, the predicted mean activity coefficients for other 1:1 electrolytes (cesium bromide and 

cesium chloride, potassium bromide, potassium iodide, cesium iodide, cesium hydroxide, lithium 

bromide, hydrogen bromide) are in good agreement with experimental data, as shown in Figures 

A9.12 & A9.16-A9.19. 

 

 

 

 

 

 

 

 

 

 

 

 Mean activity coefficient predictions for most of the 1:1 electrolytes are in good 

agreement with experimental data; however potassium hydroxide and lithium bromide physical 

models start deviating at high salt concentrations, which clearly outlines the limitation of the 

current activity model. 

 Phase equilibria calculations in the presence of 1:2 electrolytes (e.g. CaCl2, MgCl2 , 

BaCl2) show higher errors (Figures 9.15 & 9.16); emphasizing the need for a modified activity 

model capable of predicting water activities at high salt concentrations over a range of 

temperatures. 

 

Figure 9.14. Mean activity coefficient calculations using various activity models for potassium 
bromide (Left) and potassium iodide (Right) up to the saturation limit. (Gordon, 1975; Harned 

and Owen, 1939; Robinson and Stokes, 2002). 
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Figure 9.15. Phase equilibria predictions for methane+CaCl2 at 5 and 10 wt % salt 
concentration. Experimental data from (Dalmazzone et al., 2002). 

Figure 9.16. Phase equilibria predictions for ethane+CaCl2 at 5 and 15 wt % salt 
concentrations. Experimental data from (P. Englezos et al., 2002). 

5 wt. % CaCl2 

10 wt. % CaCl2 

5 wt. % CaCl2 

15 wt. % CaCl2 
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Figure 9.17. Mean activity coefficient calculations using various activity models for calcium 
chloride (1:2 electrolytes) up to the saturation limit. (Gordon, 1975; Harned and Owen, 1939; 

Robinson and Stokes, 2002). 

 

 Figure 9.17 compares the physical models (activity models) predictions for calcium 

chloride over a range of salt concentration. The Bromley activity model completely fails in 

predicting the mean activity coefficient, which leads to inaccurate phase equilibria calculations 

for salt containing systems. In contrast to the Bromley activity model, the Pitzer theory gives 

relatively lower error on average.  

 

 

 

 

 

 

 

 

 
Figure 9.18 Mean activity coefficient calculations using various activity models for 

calcium bromide (Left) and calcium iodide (Right) up to the saturation limit. (Gordon, 
1975; Harned and Owen, 1939; Robinson and Stokes, 2002). 
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 Figures 9.18-9.20 compare the model predictions (from the Pitzer theory, Bromley 

activity model, truncated Debye Huckel, Debye Huckel) for 1:2 electrolytes (CaBr2, CaI2, CaCl2, 

MgCl2, BaCl2, SrCl2, SrBr2). The Bromley activity model gives reasonable accuracy for 

magnesium chloride; however it clearly fails for other 1:2 electrolytes, which emphasizes the 

need for a new activity model for 1:2 electrolytes.   

 

 

   

 

 

 

 

 

 

 

Figure 9.19. Mean activity coefficient calculations using various activity models for calcium 
iodide (Left) and barium chloride (Right) up to the saturation limit. (Gordon, 1975; Harned 

and Owen, 1939; Robinson and Stokes, 2002). 

Figure 9.20. Mean activity coefficient calculations using various activity models for barium 
bromide (left) and magnesium chloride (right) up to the saturation limit. (Gordon, 1975; 

Harned and Owen, 1939; Robinson and Stokes, 2002). 
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9.2.4. Modified Pitzer Theory  

 Salt activity models were also tested for mean activity coefficient calculations from a low 

to medium temperature range. Fernando et al. (Pérez-Villaseñor et al., 2003) modified the Pitzer 

theory to account for the effect of temperature on the mean activity coefficient (MAC). The 

mean activity coefficient of any electrolyte is derived as follows (equation 9.8) 

   mC
v

vv
mB

v

vv
fzz    2

3

)(22
ln           (9.8) 

 

Where 
f  is calculated by (equation 9.9) 
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and modified f  is calculated in a following way  
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The modified second 
B and third viral coefficient 

C terms are calculated by the following 

equations 

  BB 2  

  CvvC 5.0)(3  

while temperature dependence of B is calculated in a following way 
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and C is calculated in a following way 
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 Coefficients for temperature dependency are given in Tables A9.1-A9.2. 
 
 Figures 9.21 (a-f) & 9.22 (a-i) show the mean activity coefficient calculations carried out 

using various activity models for  sodium chloride at  0 to 100 oC (a to i) and up to the saturation 

limit . The Bromley activity model predictions are in good agreement with experimental MAC 

data at moderate temperatures, but BAM shows a poor temperature dependency at low (i.e. at 

hydrate formation temperatures) and high temperatures. In contrast to the Bromley activity 

model, predictions using the Debye Huckel and truncated Debye Huckel models, and modified 

Pitzer theory predictions are in good agreement from low to high temperatures, but MAC 

predictions beyond 80 oC clearly indicate the importance of further adjustment in the modified 

Pitzer theory. 
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(a) T=0oC (b) T=5oC (c) T=10oC 

(d) T=15oC (e) T=20oC (f) T=25oC 

Figure 9.21. Mean activity coefficient calculations using various activity models for sodium 
chloride over a temperature range of 0 to 25 oC (a to f) up to the saturation limit. (Gordon, 

1975; Harned and Owen, 1939; Robinson and Stokes, 2002). 

(a) T=30oC (b) T=35oC (c) T=40oC 

(d) T=50oC (e) T=60oC (f) T=70oC 

(g) T=80oC (h) T=90oC (i) T=100oC 

Figure 9.22. Mean activity coefficient calculations using various activity models for 
sodium chloride over the temperature range of 30 to 100 oC (a to i) up to the saturation 

limit . (Gordon, 1975; Harned and Owen, 1939; Robinson and Stokes, 2002). 
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 Model predictions of the mean activity coefficient for potassium chloride are shown in 

Figure 9.23. The model predictions are in good agreement with experimental data over a 

temperature range of 0 to 40 oC. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 As shown in Figure A9.20, mean activity coefficients calculations were compared for 

sodium hydroxide with experimental data using various physical models (activity models) over a 

range of temperature. The Bromley activity model predictions are only reliable in predicting 

sodium hydroxide activities. 

 

(a) T=0oC (b) T=5oC (c) T=10oC 

(d) T=15oC (e) T=20oC (f) T=25oC 

(g) T=30oC (h) T=35oC (i) T=40oC 

Figure 9.23. Mean activity coefficient calculations using various activity models for 
potassium chloride over a temperature range of  0 to 40 oC (a to i) up to the saturation 

limit . (Gordon, 1975; Harned and Owen, 1939; Robinson and Stokes, 2002). 
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 Mean activity coefficient calculations were carried out using various activity models for 

calcium chloride over a temperature range of 0 to 70 oC (a to i) up to the saturation limit  (Figure 

9.24 (a-i)). None of the physical models are able to predict the activities of these salt ions.  

9.2.5. Mean Field Spherical Approximation (High Salt Concentration) 

 In the former sections (9.2.1-9.2.4), physical models (Bromley activity model, Pitzer 

theory, Debye Huckel, truncated Debye Huckel) were shown to accurately predict the mean 

activity coefficients for 1:1 electrolytes, but not for 1:2 electrolytes. Therefore, a statistical 

thermodynamics approach has been also adopted in this work to predict the activity of the 

(a) T=0oC (b) T=10oC (c) T=20oC 

(d) T=25oC (e) T=30oC (f) T=40oC 

(g) T=50oC (h) T=60oC (i) T=70oC 

Figure 9.24. Mean activity coefficient calculations using various activity models for 
calcium chloride over a temperature range of 0 to 70 oC (a-i) up to the saturation limit. 

(Gordon, 1975; Harned and Owen, 1939; Robinson and Stokes, 2002). 
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aqueous phase. The most common approaches developed include the mean field spherical 

approximation, which is the modification of Ornstein-Zernicke equation (Blum, 1975; Blum and 

Henderson, 1981; Blum and Høye, 1977; Friedman, 1981; Loehe and Donohue, 1997; Tan et al., 

2005). 

9.2.5.1. Dielectric constant calculation 

 The dielectric constant is an important parameter for salt activity calculations using a 

mean field spherical approximation approach. There are various models for the calculation of 

dielectric constant, some of which are as follows  
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 Besides (equation 9.11), (Taghikhani and Vera, 2000) also reported a correlation for a 

dielectric constant calculation, as shown in (equation 9.12) 

  36241 *10*41.1*10*398.9*10*474.87 tttepr      (9.12) 

Figure 9.25.  Relative static permittivity calculation (equation 9-11) as a function of 
temperature. 
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In this current work, the dielectric constant was calculated using a model developed by  

(Memarnejad and Dehghani, 2012) and calculated by the following (equation 9.13), and shown 

in Figures 9.25-9.26. 

     
aC

D
D o

1
      (9.13) 

 

Figure 9.26. Relative static permittivity calculation (equation 9-12) as a function of temperature. 

  

 Where oD is the dielectric constant for pure water and C is the concentration of salt 

(Molarity basis).  Dielectric constant calculations over a range of temperature were reported by 

(Memarnejad and Dehghani, 2012) using equation 9.14. 
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9.2.5.2. Salt Solution Density 

 Mathias et al., (2014) proposed a generalized engineering correlation for the density of 

various aqueous electrolytes. The proposed correlation provides an accurate prediction for 

density of various electrolytes over a range of temperature and salt concentration. 
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 Figures 9.27 & 9.28 compare the accuracy of sodium and potassium chloride salt solution 

density predictions using a generalized correlation, for a range of temperature and salt 

concentrations. The proposed correlation was successful in predicting the salt solution density 

over a temperature range of 0 to 30 oC up to the saturated solution limit. 

 

 

 

 

 

 

 

Figure 9.28. Density prediction for potassium chloride as a function of molality for a 
temperature range of 0 to 30 oC. Experimental data from (Mathias et al., (2014)). 

Figure 9.27. Density predictions for sodium chloride as a function of molality for a 
temperature range of 0 to 30 oC. Experimental data from (Mathias et al., (2014)). 

(a) T=0oC (b) T=10oC (c) T=15oC 

(d) T=20oC (e) T=25oC (f) T=30oC 
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Figure 9.29.  Density prediction for calcium chloride as a function of molality for a temperature 
range of 0 to 30 oC. Experimental data from (Mathias et al., (2014)). 

 

 Furthermore, salt solution density calculations for calcium chloride were also carried out 

using the generalized correlation (Figure 9.29), showing good agreement with experimental data 

over a temperature range of 0 to 30 oC. 

9.2.5.3. Helmholtz free energy (MSA)  

 The Helmholtz free energy expression for the MSA (mean field spherical approximation) 

is given by (equation 9.15) (Blum, 1975; Blum and Høye, 1977; Harvey et al., 1988). 

      (9.15) 

 is the screening parameter, which is calculated by (equation 9.16) (Blum, 1975; Blum and 

Høye, 1977; Harvey et al., 1988). 

    

2

1
22

1
2

2






























  

i i

ni
i

i

o

P
z

kT

e




   

             (9.16) 

 

The detailed MSA calculation will be discussed in Appendix A10. 

 
ions

n
i

ii

o
E kT

V
P

zVe
A 





 3

]
21

[
4

3
2

22





229 
 

 

 

 

 

 

 

 

 

 

 

 

 

 

 
 Figure 9.30 (a-f) shows the effect of ionic diameter on the Helmholtz free energy using 

the mean field spherical approximation. The separation distance between the ions increases with 

increasing ionic radii, which eventually leads to lowering of the Helmholtz free energy 

(predicted trend is in agreement with Maribo-Mogensen et al. (2014)). An increase in ion 

concentration leads to a decrease in Helmholtz free energy, which is attributed to the presence of 

excluded volume at high salt concentrations. Furthermore, Helmholtz free energy calculations 

were also carried out using the simplified mean field spherical approximation and Debye Huckel 

theory as shown in Figure A9.21.A9.23. 

is the screening parameter which is calculated by (equation 9.17) (Blum, 1975; Blum and 

Høye, 1977; Harvey et al., 1988). 

The detailed algorithm for the activity of salts calculation using the mean spherical 

approximation will be discussed at the end of this Chapter 9. 

  



(a) T=273.15 K (b) T=298.15 K (c) T=303.15 K 

(d) T=330.15 K (e) T=350.15 K (f) T=400.15 K 

Figure 9.30. Helmholtz free energy calculations for sodium chloride using the mean field 
spherical approximation (MSA) as a function of molality for a temperature range of 273.15  

to 400.15 K. 
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     (9.17) 

 

 

 

 

 

 

 

 

 

 Figure 9.31 shows the comparison of screening length (equivalent of inverse Debye 

Huckel length) predictions using the Debye Huckel theory and mean field spherical 

approximation at 298.15 K. Increases in ionic radii lead to an increase in screening length, while 

the Debye Huckel theory does not take into account the ionic radii effect on screening length. 

Figures A9.2-A9.3 compares the screening length calculation using the simplified and complete 

mean field spherical approximation with Debye Huckel theory. 

Calculations of the activity of ions using the mean spherical approximation can be expressed by 

equation (9.18) 

     HS
i

MSA
ii  lnlnln      (9.18) 

While the single ion activity can be calculated using equation (9-19) 

Figure 9.31. Screening length calculations for sodium chloride as a function of molality using 
the mean field spherical approximation and Debye Huckel theory. 
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The hard sphere contribution for a salt ion is calculated using the Manssori Leland Carnahan 

Starling approximation which is given by (equation 9.20). 
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Where packing fraction (3 ) is given as 

3
3 6 jd   

2
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while the void fraction is given by (equation 9.21) 
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It should be noted that ( , ) are geometric factors, while parameters ( ,Pn) connect the 

geometry with the electric charge 
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 In all above equations, the summation is taken over all ionic species and z is the charge 

number on a particular ion, e is the elementary charge, T is the temperature, k is Boltzmann 

constant, d  is the charge number density, and   is the shielding length or screening length. The 

above equation for shielding length is solved numerically by using an initial guess of 0.5 k 

(Debye Huckel length). 

 In mean activity calculations using the mean field spherical approximation (MSA), the 

algorithm is initialized by providing input variables (T, salt concentration, salt ion parameters) 

as shown in Figure 9.32. Screening length for a particular salt is calculated by using initial 

guesses from the inverse of the Debye Huckel length. The overall mean activity coefficient is 

calculated using contributions from MSA and hard sphere contributions. Furthermore, by using 

the algorithm (Figure 9.32), mean activity coefficient calculations were carried out for a range of 

salt concentrations (up to the saturated solution). 
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Figure 9.32. Algorithm for the mean activity calculation using the mean field spherical 
approximation (MSA). 

  

 
Figure 9.33. Mean activity coefficient calculations using the mean field spherical approximation 

for sodium chloride up to the saturation limit. Experimental data from (Gordon, 1975; Harned 
and Owen, 1939; Robinson and Stokes, 2002). 

 

 Mean activity coefficient calculations were carried out for sodium chloride up to the 

saturated solution limit using the mean field spherical approximation (Figure 9.33). The 

predicted mean activity coefficients from MSA are in good agreement with the experimental 

data, showing the accuracy and reliability of the model.  



234 
 

 
Figure 9.34. Mean activity coefficient calculations using the mean field spherical approximation 
for potassium chloride up to saturation limit. (Gordon, 1975; Harned and Owen, 1939; Robinson 

and Stokes, 2002). 
 

 Comparisons of the mean field spherical approximation were made with experimental 

mean activity coefficient data for potassium chloride (Figure 9.34).Calculations carried out for 

potassium chloride are in good agreement with experimental data. Figures A9.24-A9.25 show 

the mean activity coefficient calculations using MSA for salts (cesium chloride, hydrogen 

bromide, rubidium chloride, hydrogen chloride) over a range salt concentrations (to the 

saturation limit). The current algorithm that has been developed for the MSA is successful in 

predicting the activities of various salts, which clearly shows the accuracy of the MSA model. 

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

Figure 9.35. Mean activity coefficient calculations using the mean field spherical 
approximation for  calcium chloride up to the saturated solution (Left) and at low 

concentrations (Right). Experimental data from (Gordon, 1975; Harned and Owen, 1939; 
Robinson and Stokes, 2002). 
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 Phase equilibria calculations in the presence of 1:2 electrolytes (e.g. CaCl2, MgCl2 , 

BaCl2), show higher errors, as shown in Chapter 4 & 9 (Section 9.2). The limitation in capturing 

the salt activity using physical models clearly motivates the need to adopt a MSA based model, 

because of the accuracy in predicting salt activities. 

 

 
Figure 9.36. Mean activity coefficient calculations using the mean field spherical approximation 

for magnesium chloride up to the saturation limit. Experimental data from (Gordon, 1975; 
Harned and Owen, 1939; Robinson and Stokes, 2002). 

 

 By using the algorithm in Figure 9.32, mean activity coefficient calculations were also 

carried for a range of salt concentrations (up to saturated solution) for 1:2 electrolytes (calcium 

chloride, magnesium chloride), as shown in Figures 9.35-9.36. The current association model 

coupled with MSA is successful in predicting mean activity coefficients for 1:2 electrolytes up to 

the saturated solution limit. 

A new algorithm is also proposed for the electrolyte equation of state using the 

association equation of state in combination with MSA, as shown in the Figure 9.37. The 

detailed derivation of the electrolyte equation of state is discussed in detail in Chapter 9 

(Appendix). 
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Figure 9.37 Algorithm for the electrolyte equation of state. 

9.3. Conclusion 

 Physical models (Debye Huckel, truncated Debye Huckel, Pitzer theory and Bromley 

activity model) were tested for mean activity coefficient calculations. The Debye Huckel and 

truncated Debye Huckel model give accurate predictions at lower salt concentrations, but 

significant deviations are observed at a molal concentration of higher than 1 mol/kg. The 

Bromley activity model and Pitzer theory were found to be a good alternative for Debye Huckel 

and its modifications. For 1:1 electrolytes, the Pitzer theory and Bromley activity model give 

accurate predictions up to the saturation limit of salt solutions. However, for CaCl2, MgCl2 and 

BaCl2, the mean activity coefficient calculation using Pitzer theory and Bromley activity model, 

in addition to Debye Huckel and its modification, were not able to capture electrolyte 

contribution of salts. A more rigorous statistical thermodynamics approach (Mean Field 

Spherical Approximation) has also been developed in this thesis work to accurately predict the 

activity of the aqueous phase and 1:2 electrolytes.  
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 CHAPTER 10 

HIGH PRESSURE DESALINATION USING GAS HYDRATES 

This chapter discusses the seawater desalination using gas hydrates. This section of  Chapter 10 
will be submitted for publication in a peer reviewed journal. This part of the chapter is partially 

reproduced with minor changes. 

Muhammad N. Khan1, Pramod Warrier1, Cor J. Peters2, Carolyn A. Koh1 
 

Abstract 

 Hydrate phase equilibria predictions are key to several application areas, including 

hydrate desalination. Desalination of seawater using gas hydrates is a potential technique for 

water treatment. However, limited understanding and control in prior studies of nucleation, 

growth, and separation have prevented adequate advancement or commercialization of this 

hydrate desalination process. To study the process of desalination with gas hydrates, a gaseous 

mixture of methane-ethane (74.7/25.3 mol %) was selected due to the favorable conditions at 

which hydrates can be formed, and the buoyant nature of the methane-ethane hydrate crystals 

relative to seawater. Hydrate formation and memory experiments were carried out using a 

Jerguson high pressure visual cell. The methane-ethane hydrate formation results indicate that 

formation onset times are three times longer in salt water compared to fresh water. Furthermore, 

it was observed that induction times (hydrate formation onset times) decrease with increasing 

subcooling, and hydrate memory effects are reduced with increasing replenish time (time lapse 

between dissociation and subsequent gas depressurization). A high pressure desalination 

apparatus was also designed and constructed to produce and overflow hydrates in the inner 

annulus of a gas bubble column inside a dissociation reactor. The working principle for this 

system is that the overflowing hydrates enter the outer annulus and are then dissociated. The salt 

removal efficiency was determined by measuring the conductivity of the recovered water 

(dissociated hydrates). Experiments to assess the efficiency of the process were performed to 

determine how the salinity in the recovered water depends on different initial salt contents and 
                                                           
1 Department of Chemical and Biological Department, Colorado School of Mines, Golden CO, 80401. 
2 Petroleum Institute, Abu Dhabi, U.A.E 



240 

 

subcooling for hydrate formation. The current work could help address the difficulties typically 

encountered for desalination processes of separating hydrate crystals from the remaining brine 

solutions. 

10.1. High Pressure Desalination 

 The desalination process using gas hydrates has been studied for over a decade (Max, 

2004a, b). However, poor understanding and control of the hydrate nucleation, growth, and 

separation processes in prior studies have prevented adequate advancement or commercialization 

of the process. Various attempts were made to study the nucleation and growth mechanisms. As 

mentioned in Chapter 1 (Section 1.4),  previous hydrate nucleation and growth studies suggest 

that the use of a nucleating agent, adequate mixing, larger subcooling, and smaller diameter 

particles can lead to instantaneous nucleation. Reducing the diameter of gas bubbles entering the 

bubble column is also important to improve the conversion of water into hydrate (Bai et al., 

2010; Brown et al., 2010; Tang et al., 2006).  This thesis research has focused on investigating 

the nucleation and crystal growth processes of methane-ethane gas hydrates using two different 

bubble columns for simultaneous visual and instrumented measurements, and novel continuous 

nucleation-growth-separation studies.  

10.1.1. Selection of Hydrate Former 

 There are several potential hydrate formers available for hydrate desalination; however 

selection should be based on their capability to be stabilized at moderate conditions and the 

separation process involved. Figure 10.1 compares the thermodynamic stability of hydrates of 

methane, ethane, propane, and a methane/ethane mixture. Methane as a hydrate former is 

neglected here because its stabilization requires relatively lower temperature and higher pressure 

conditions. Pure propane and pure ethane are omitted as candidates for hydrate desalination 

because of the small operating range limited by their upper quadruple points. A methane/ethane 

(74.68/25.32 mol.%) mixture was selected for the current study because of the reasonable 

operating range and appropriate buoyancy forces available to raise the hydrate crystals though a 

seawater column. Preliminary comparisons between ethane, methane/ethane and propane hydrate 

velocities have been performed inside a Jerguson cell/bubble column (Figure 10.2). The 

velocities and rise times as a function of hydrate particle size for ethane, methane/ethane and 
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propane hydrate particles rising in the bubble column (height 25.4 cm) are shown in Figure 10.3. 

Initial proof-of-concept experiments using a methane + ethane (74/26 mol %) gas mixture were 

carried out in the Jerguson cell/bubble column.  

 

 

Figure 10.1. Phase equilibria predictions for various hydrate formers (using CSMGem). 

 

 

Figure 10.2. Rising velocities of hydrate particles as a function of hydrate particle radius (Model 
predictions). 
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10.2. Hydrate Nucleation Studies 

 Hydrate nucleation in a high pressure system is a critical phenomenon, which dictates the 

overall performance of the desalination process, since the former requires fast and reliable 

hydrate nucleation/formation. Although lower temperature and higher pressure conditions are 

present at the bottom of the ocean (or in the high pressure apparatus), which are within the 

hydrate stability region, hydrate nucleation is still uncertain. Nucleation studies of the hydrate 

former (methane/ethane) have been carried out using a Jerguson visual cell to investigate the 

hydrate morphology and onset of nucleation over a range of subcoolings (driving force for 

hydrate formation = Teqm – Texpt) of 7-12 oC. A schematic of the high pressure Jerguson system 

developed/modified for this desalination study is shown in Figure 10.3. The Jerguson system for 

hydrate nucleation experiments consists of a Jerguson cell (high pressure level gauge) rated to 

3039 PSI. The Jerguson cell has 1 ×1 inch cross-section visual windows and an axial length of 

approx. 9.5 inch. HL series ISCO pumps (rated to 2026 PSI at a flow rate of 190 ml/min) were 

used for continuous gas circulation in the system. The entire system was placed inside a water 

bath to maintain the hydrate formation temperature. 

 

 

Figure 10.3.  High pressure Jerguson system. 

  

 The Jerguson cell system (Figure 10.3) was modified to be in a vertical geometry to 

minimize wall effects and mimic the new high pressure hydrate desalination system designed 
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and constructed in this thesis work. The Jerguson cell measurements of hydrate nucleation 

induction times and hydrate morphology were used to improve the high pressure desalination 

apparatus design. 

 Subsea conditions of high pressure and low temperature at the bottom of the ocean 

(around 400 m depth) can provide a reasonable stability region for hydrate formation, as first 

depicted qualitatively in a column crystallizer (Max, 2004a). Although seawater at the bottom of 

the ocean is in the hydrate stability region, nucleation is still uncertain. Therefore, a series of 

hydrate nucleation experiments were performed with the chosen hydrate former 

(methane/ethane) using the Jerguson cell system to investigate the onset of hydrate nucleation 

and hydrate crystal morphology over a range of subcoolings (7-12 oC). All the experiments were 

performed at 1.6 oC over a range of pressures to achieve various subcoolings. The induction time 

(onset of hydrate formation) and hydrate morphology were recorded at various pressures. The 

variation in hydrate nucleation induction time with increasing subcooling is shown in Figure 

10.4. 

 

 

Figure 10.4.  Nucleation induction time variations with subcooling. The solid line is to guide the 
eye. 
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 Figure 10.4 shows that the hydrate nucleation induction time generally decreases with 

increasing subcooling, as expected (Sloan and Koh, 2007). Furthermore, it is apparent that onset 

of hydrate nucleation is not experimentally reproducible, as nucleation is stochastic in nature 

(Moudrakovski et al., 2001; Sloan and Koh, 2007). 

  Various hydrate morphologies are observed in different hydrate nucleation experiments 

as shown in Figure 10.5. Some distinct hydrate morphologies are observed during the gas 

bubbling experiments. 

1. Gas hydrate film with porous channels.  

2. Solid hydrates with gas build up at the inlet. 

3. Hydrate formation at the side walls.  

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 Hydrate morphology was recorded using of video camera and the buildup/growth of the 

hydrate phase after the onset of nucleation is shown in Figure 10.6. It was observed in all the 

experiments that nucleation always starts from the L-V interface. Hydrates formed at the 

gas/water interface were pushed upwards by the bubbling gas, thus maximizing the hydrate 

crystal packing. With the formation of hydrate in the Jerguson column (diameter of 1 inch), there 

 

Porous Channel 
Solid Hydrates 

Hydrate Formation at wall 

Figure 10.5.  Various hydrate morphologies. 
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was a 5 psi pressure buildup at the inlet point, which was indicative of a hydrate plug. However, 

as hydrate fills the whole column, there is still some gas flow through the hydrate plug, which 

indicates the hydrate plug is porous in nature. 

 

 

 

Figure 10.6. Morphology changes of methane-ethane hydrate during hydrate formation at 1.6 oC 
and 610 psi. 

 

 Nucleation studies of the methane/ethane gaseous mixture in saline water were carried 

out in the Jerguson cell to determine how salt affects the onset of nucleation and the hydrate 

morphology. The hydrate morphology using saline solution (Figure 10.7) is quite similar to that 

using fresh water, and hydrate grows in a similar manner to that observed in the fresh water 

experiments. Hydrates formed at the gas/water interface were compacted over time with some 

gas flow through porous channels within the hydrate mass. The induction time increases with 

decreasing subcooling as expected, but the onset of nucleation is delayed due the presence of salt 

in the water. 

 

 

 

Figure 10.7. Morphology changes of methane-ethane hydrate during hydrate formation at 1.6 oC 

and 610 psi with 3.3 wt% salt solution. 

0 minutes 5minutes 

0 minutes 5 minutes 
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10.3. Hydrate “memory” Effect Studies 

The following sections discusses the hydrate memory investigation for pure and inhibited 

systems 

10.3.1. Fresh Water 

 The memory effect in hydrates has been well documented, and is where hydrates can 

retain ‘memory’ of their structure when dissociated; which results in a rapid reformation of the 

hydrate crystals on repressurization with gas (Sloan and Koh, 2007). Hydrate memory is 

associated with the thermal history and the residual structure/entity in the bulk phase (Sloan and 

Koh, 2007; Vysniauskas and Bishnoi, 1983). In the current work, the effect of hydrate memory 

on induction time was observed for both fresh water and 3.3 wt.% salt solutions. A similar 

experimental procedure to that used above was adopted for the hydrate memory studies: (1) the 

Jerguson cell was filled with fresh water/salt solutions (cooled to the experimental temperature), 

(2) the system was charged to a specified pressure, and (3) gas was bubbled through the water 

using the ISCO pump. 

 

Table 10.1. Effect of replenish time on nucleation induction period at 9.58 oC subcooling. 

Induction time 

(minutes) 

Replenish time 

(hr) 

4.01 2.06 

22.4 3.26 
108.11 11.75 

160.93 Fresh sample 

* One repeat measurements performed and average times are reported 

  

 During the hydrate memory experiments, the experimental temperature was initially set 

to 1.6 oC at a pressure of 600 psi to achieve a subcooling of 9.58 oC (i.e. Tsubcooling = Teqm – 

Texpt). The effect of replenish time (time lapse between dissociation and subsequent gas 

repressurization) on nucleation induction time was recorded (Table 10.1). The nucleation 

induction time for fresh water (not dissociated hydrate) was found to be 160.93 minutes. This 

nucleation induction time was reduced to 4.01 minutes after a replenish time of 2 hrs, which 
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clearly indicates that there is still some residual structure/entity (Moudrakovski et al., 2001) 

remaining even after 2 hrs of hydrate dissociation. It is apparent from Table 10.1 that as 

replenish time (or lapse time) increases, the nucleation induction time also increases, which is 

attributed to the reduced memory effect as the ‘residual structure/entity’ is reduced/lost. It was 

observed that the hydrate memory of the water only affects the nucleation induction time, while 

the growth and morphology of hydrate remains the same after the onset of nucleation. 

 

Table 10.2. Effect of replenish time on the nucleation induction period at 9.35 oC subcooling. 

Induction time 

(minutes) 

Replenish time 

(hrs) 

0 1 
4.15 3 

72.73 5.5 

93.72 Fresh sample 

 

  

 Table 10.2 shows that the nucleation induction time for fresh water at 9.35 oC subcooling 

was 93.72 minutes, which reduces to zero minutes after a replenish time of 1 hr. This clearly 

illustrates that the nucleation induction period is virtually absent and hydrate grows rapidly as 

soon as gas re-diffuses into the water. Table 10.3 shows for a lower subcooling of 6.69 oC the 

fresh sample induction time is 384.31 minutes, which reduces to 0 minutes after a replenish time 

of 2 hr. It is quite evident from the data that hydrate loses its ‘memory’ with the increase in 

replenish time. 

Table 10.3.  Effect of replenish time on nucleation induction period at 6.69 oC subcooling. 

Induction time 

(minutes) 

Temperature (oC) Replenish time 

(hr) 

0 1.6 2 

0.5 1.6 6 

300 1.6 12 
384.31 1.6 Fresh Sample 
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10.3.2. Salt Water 

 Hydrate memory experiments were carried out for 3.3 wt. % salt solution over a range of 

subcooling. The induction time increases with replenish time as shown in Tables 10.4 & 10.5. 

Induction time for fresh salt solution was observed to be 215.74 or 530 minutes; however re-

adsorption of gas after the first hydrate dissociation showed no induction period.  

 

Table 10.4.   Effect of replenish time on nucleation induction period for 9.35 oC subcooling 
using 3.3 wt.% salt solution. 

Induction time 

(minutes) 

Temperature (oC) Replenish Time 

(hrs) 

0 1.6 2 
7.94 1.6 6 
11.54 1.6 12 
215.74 1.6 Fresh Sample 

 

 

Table 10.5.  Effect of replenish time on nucleation induction period at 9.44 oC subcooling with 

using 3.3 wt.% salt solution. 

Induction time 

(minutes) 

Temperature (oC) Replenish time 

(hrs) 0 1.6 1 

30 1.6 6 
600+ 1.6 12 
530 1.6 Fresh sample 

 

 

 During hydrate nucleation experiments with 3.3 wt.% saline solution, salt deposition in 

the Jerguson cell was observed over the course of time. Hydrate nucleation experiments with 5.5 

wt.% salt solution were also carried out, but relatively longer induction times were observed. The 

induction time at lower subcooling and higher salt content was more then 12 hrs on average. 
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10.4.  High Pressure Desalination Cell 

 A high-pressure hydrate desalination system (Figures 10.8 and 10.9) has been developed 

in this thesis work in parallel to the low-pressure system (Xu, 2013). The advantages of using a 

high pressure approach (rather than a low pressure hydrate former) include the enhanced ability 

to: (i) vary the driving force (subcooling) over a wider range for hydrate formation, (ii) separate 

fresh water from hydrate crystals more efficiently, and (iii) limit  the number of washing and 

drying steps. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 The pressure cell was manufactured by Reyco PrecisionR, Engelwood, Colorado using 

the design and developments from this thesis work, and the pressure tests were performed both at 

Recyco Precison and the Center of Hydrate Research (CHR) laboratory. The High Pressure (HP) 

cell was able to maintain a charge pressure of 770 psi for 24 hrs. 

 Figure 10.9 (b&c) shows the high pressure cell and inner bubble column designed and 

constructed for the desalination experiment, respectively. Figure 10.9 (a) shows the gas 

distributor which contains 52 holes on two different radii, with each hole having a diameter of 

0.5 mm. The dimensions of the inner bubble column and dissociation column are listed in Table 

10.6. 

Polycarbonate 
window 

Lid 

10 inch 

4 inch 

6 inch 

Figure 10.8.  Schematic of high pressure desalination cell. 
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Table 10.6. Dimensions of the bubble reactor and dissociation column of the high pressure 
desalination cell. 

 

 

 

 

 

 

 

  

 The detailed process flow sheet of the high pressure (HP) hydrate desalination setup 

developed in this thesis work is shown in Figure 10.10. The experimental setup consists of two 

main concentric cylinders, a gas hydrate formation module (bubble reactor/inner cylinder) and a 

dissociating chamber (hydrate dissociation column/outer cylinder). Hydrates formed in the 

bubble reactor will overflow to the dissociation column (maintained at a temperature above the 

hydrate dissociation temperature at the given operating pressure), where hydrates will be 

dissociated into gas and desalinated water/freshwater. The growth and overflow of hydrate 

particles can be observed through a polycarbonate window, which is capable of sustaining 

Dimension  Bubble reactor  Dissociation column  

Diameter  ID=2.75 inch 

OD=3.75inch 

IR=2.75 inch 

Height  7 inch 10.0  inch 
Thickness  0.5 inch 0.75 inch 
PC Window  Windows 2*6 (inch) 

2*6 (inch)-90o angle 

Figure 10.9.  High pressure desalination setup. 
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pressures of up to 1200 psi. The complete HP desalination system is controlled with Labview® by 

continuously monitoring the bubble column temperature (TB), annulus temperature (Ta), and 

pressure of the system. The ISCO pumps operation is also controlled using the Labview® 

program. 

 

 

 Initial proof-of-concept experiments using this novel high pressure desalination system 

have been carried out with fresh water and saline water. A summary of all the experiments 

performed with fresh and saline water are listed in Table 10.7. For all the high pressure 

desalination experiments, the following procedure was developed and adopted:  

– The system is charged with tap water/saline solution. 

– The chiller T is set to the operating temperature.  

– Gas is charged into the system as the operating T is achieved. 

Figure 10.10.  Process flow diagram of HP desalination system. 
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– Gas is charged and recycled continuously using the ISCO pumps. 

– Hydrates are dissociated by depressurization (outside the hydrate thermodynamic 

stability region).  

– Water from the dissociated hydrate crystals is collected and the conductivity is 

measured. 

Table 10.7.   High pressure desalination experiments (MO = mineral oil). 

Exp. No Pump Speed 

(ml/min) 

Salt Conc 

wt (%) 

Mineral oil 

(ml) 

Pressure 

(psig) 

Comments 

01 100 0 0 410 Not nucleated 

02 100 0 0 500 Nucleated 

03 100 0 0 581 Nucleated+overflow 

04 100 0 0 521 Nucleated 

05 100 0 0 460 Not nucleated 

06 100 0 0 550 Nucleated+overflow 

07 100 3.3 0 565 Nucleated+overflow 

08 100 3.3 0 563 Nucleated+overflow 

09 100 3.3 0 562 Nucleated+overflow 

10 100 3.3 30 565 Nucleated+overflow 

11 100 3.3 50 523 Nucleated+overflow 

12 100 3.3 40 540 Nucleated+overflow 
13 120 3.3 30 545 Failed 
14 110 3.3 30 545 Failed 
15 90 3.3 30 561 Nucleated+overflow 
16 100 3.3 30 548 Nucleated+overflow 

17 100 3.3 30 550 Nucleated+overflow 

 

Fresh water 
experiment 

3.3 wt % Salt Solution 

 

MO layer 

30 ml MO at different  Subcooling 



253 

 

 The temperature and pressure profiles recorded in Experiment # 3 (in Table 10.7) over a 

period of time are shown in Figure 10.11. The experiment was carried out at 4 oC and 581 psi. 

 The rise in temperature in Figure 10.11 clearly illustrates the onset of nucleation 

(exothermic process), followed by dissociation of gas hydrates (by depressurizing from 500 psi 

to atm P), as indicated by the sudden decrease in temperature (endothermic process).  

 

 

 

  

  

 

 

 

 

 

 

 

 

 

 Figure 10.12 illustrates the change in hydrate morphology over the course of time for a 

fresh water system. It was observed that hydrate always nucleates from the gas/water interface, 

which leads to overflow of hydrate. In this particular experiment there is a slight overflow of 

hydrates, which eventually leads to plugging of whole bubble column. By the end of the 

experiment, hydrates are dissociated by depressurization, and water is collected from the annulus 

and bubble column. 

 Table 10.7 (Exp 7-9) lists the hydrate desalination experiments performed with 3.3 wt % 

salt concentrations. In all of these experiments the pump speed is 100 ml/min and hydrates were 

nucleated and overflowed. Figure 10.13 shows the change in temperature and pressure during the 

hydrate desalination experiment as a function of time. A sudden rise and drop in temperature 

correspond to hydrate formation (exotherm) and dissociation (endotherm), respectively. 

 

Hydrate 
Dissociation 

Figure 10.11. Temperature and pressure profiles as a function of time for a fresh water system. 

Hydrate Nucleation 

Dissociated Hydrates 
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 On the basis of the initial fresh water experiments, the following conceptual diagram was 

developed to illustrate hydrate overflow. Hydrate nucleation begins at the water/gas interface and 

ultimately results in three main scenarios (observations) as shown in Figure 10.14. 

1. Hydrate crystals rise to the top and dissociate: little or no overflow is observed. 

2. Hydrate crystals rise and overflow: significant overflow of hydrate is observed. 

Figure 10.12.  Hydrate morphology as a function of time, showing hydrate 
crystals rising up and overflowing from the inner bubble column. 

Figure 10.13. Temperature and pressure profiles as a function of time for a 3.3 wt.% 
saline water system. 
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3. Hydrate crystals nucleate at the interface: hydrates overflow with unreacted higher saline 

solution. 

 

 

 

 

 

 

 

 

 

 

 

 

  

 

 Figure 10.15 shows the desalination efficiencies of the experiments previously 

summarized in Table 10.8. The desalination efficency is calculated using equation (10-1). 

 

    
saline

dhydratedissociatesaline

C

CC       (10-1) 

Csaline = Initial conductivity of salt solution  

Cdissociated hydrate = Conductivity of dissociated hydrate 

 

 The lower desalination efficiencies (in Figure 10.15) are attributed to the overflow of 

unreacted saline solution along with hydrates, as shown in the conceptual picture in Figure 10.16 

(left). The overflow of unreacted saline solution can be avoided/reduced by the use of an oil 

layer, as the oil layer does not allow the saline solution to pass through it because of the 

difference in densities (Figure 10.16, right). 

Gas/water interface 

Hydrate nucleation 

Hydrates forms and 
dissociates at top 

Hydrates rise and 
overflow to annulus 

Hydrates rise and 
overflow with 

unreacted saline 
solution 

Figure 10.14.  Conceptual picture presenting hydrate overflow. 
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Figure 10.15. Desalination efficiencies for HP desalination experiments. 

 

  

 

 

 

 

 

 

 

 

 

 

 

 

 Table 10.7 (Exp 10-12) lists the hydrate desalination experiments with 3.3 wt.% salt 

concentration in the presence of mineral oil (MO 70T, density =0.86 g/cc, viscosity=20 cp). 

Figure 10.17 shows the temperature and pressure profiles as a function of time during a hydrate 

desalination experiment in the presence of mineral oil. The pressure and temperature profiles in 
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Figure 10.16.  Conceptual picture illustrating overflow of unreacted saline solution. 
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Figure 10.17 (a-d) show the onset of hydrate nucleation and dissociation for experiments 10 & 

11 (in Table 10.7).  

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 In order to validate the proposed conceptual picture in Figure 10.16, mineral oil (MO 

70T, Crystal plus tech) was used as an oil layer to avoid saline solution overflow. Initially, 

variable amounts of mineral oil were used to find the optimum amount which may lead to better 

desalination efficiencies. Figures 10.18 and 10.19 show the desalination efficencies as a function 

of various mineral oil amounts, and  pressure with 30 mL mineral oil, respectively. 

 

Figure 10.17. Temperature and pressure profiles as function of time for desalination in the 
presence of mineral oil (nucleation times are  based on visual observations ) 

(a) (c) 

(b) 
(d) 

Hydrate 
nucleation 

Hydrate 
nucleation 
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 It is evident from Figures 10.18 & 10.19 that by using mineral oil there is a significant 

improvement in the desalination efficiencies, in comparison with previous 3.3 wt.% salt 

experiments without mineral oil. Lower efficiencies even with mineral oil are attributed to the 

higher viscosity of oil, which can limit the hydrate crystal overflow. In order to improve the 

desalination efficiencies further experiments were performed with dodecane (DoD, density =0.75 

g/cc, viscosity=1.34 cp), which improves the hydrate overflow because of its lower density and 

viscosity. Table 10.8 lists the set of experiments, which were carried out with dodecane. 
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Figure 10.18.  Desalination efficiencies as a function of MO volume. 

Figure 10.19. Desalination efficiencies as a function of pressure in the presence of MO. 
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Table 10.8.  HP fresh water experiments. [OF=overflowing] 

Exp. No Pump Speed 

(ml/min) 

Salt Conc 

wt (%) 

Dodecane 

(ml) 

Pressure 

(psig) 

Comments 

1 100 3.3 30 542 Nucleated and OF 
2 100 3.3 30 548 Nucleated and OF 
3 100 3.3 30 552 Nucleated and OF 
4 100 3.3 30 552 Nucleated and OF 

 

 The temperature and pressure profiles as a function of time for hydrate seawater 

desalination in the presence of dodecane is shown in Figure 10.20. 

 

 

 

 

 

 

 

 

 

 

 Figure 10.21 shows the desalination efficiencies for 3.3 wt.% saline solution as a function 

of pressure with 30 mL of dodecane. The higher desalination efficencies for the dodecane system 

are attributed to its lower viscosity which allows the hydrate crystals to pass quickly through the 

oil layer. 

10.5. Conclusions 

 Hydrate formation induction times and hydrate crystal morphology data have been 

measured for pure water and 3.3 wt.% salt containing systems in a high pressure Jerguson 

Figure 10.20. Temperature and pressure profiles as a function of time for 3.3 wt.% saline 
solution. 
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apparatus. The hydrate memory effect was studied as a function of replenishing time (time 

between hydrate dissociation and gas depressurization). The results show that the memory effect 

can be effectively exploited to significantly reduce the hydrate nucleation induction times. A 

high pressure desalination apparatus has been constructed (with a new design modification) and 

pressure tested at 740 psi. Hydrate nucleation experiments with 5.5 wt.% salt content were also 

performed, but excessive salt deposition occurred in the Jerguson cell and very long induction 

times severely limited the experiments. High pressure desalination experiments were carried out 

with a new HP cell and desalination efficiencies of up to ~ 80% were measured. Lower values 

(and the variability) of desalination efficiencies were attributed to the saline solution overflow 

along with the hydrate particles. A significant improvement in desalination efficiencies was 

achieved using a low viscosity decane phase.  

 

 

 

 

 

 

 

 

 
 

 

Figure 10.21.  Desalination efficiency for HP desalination experiment with 30 mL dodecane and 
3.3 wt.% saline solution. 
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CHAPTER 11 

GAS SEPARATION USING GAS HYDRATE FORMATION 

This chapter discusses the gas separation using gas hydrates. This section of  Chapter 11 was 

filed for a patent. This part of the chapter is partially reproduced with minor changes. 

Cor J. Peters1, Muhammad N. Khan2, Carolyn A. Koh2 
 

Abstract 

 Separation of greenhouse gases or gaseous mixtures produced from any process plant can 

be a major issue for the industry. In comparison to the other separation techniques available, 

hydrate formation can be an appropriate choice in terms of fuel efficiency and degree of 

separation. The untreated flue gas mixtures are brought into contact with water at high pressure 

and lower temperature in order to achieve favorable conditions for hydrate formation. 

Furthermore, desired separation is achieved on the basis of the components’ ability to form 

hydrates. Phase equilibrium conditions for the following gaseous mixtures: CO2+ N2, CH4+CO2, 

CH4+H2S, CO2+H2 and CO2+H2S were calculated (using the phase equilibrium models 

developed in this thesis) at various ranges of composition in order to find the most suitable 

region for separation. The cage occupancy and mole fraction of components were also 

determined to support the optimal selection of separation temperature and pressure conditions. 

Recovery and separation factor for the former gaseous mixtures were found to vary in 

accordance with the T & P conditions. This thesis work shows that specific T, P conditions can 

provide high separation efficiencies. Novel process design diagrams (PDD) were also developed 

and proposed for various gas separation mixtures. An assessment of the number of stages 

required to achieve reasonable separation efficiency was performed, and found to be dependent 

on the process conditions and hydrate stability envelope. 

11.1. Introduction & Literature Review 

 Gas hydrate formation presents versatile applications, including desalination of sea water, 

carbon dioxide sequestration, storage, transportation of natural gases, and separation of gases 
                                                 
1 Petroleum Institute, Abu Dhabi, U.A.E. 
2 Chemical and Biological Department, Colorado School of Mines, Golden CO, 80401. 
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from the exiting gaseous mixture from power plants or other chemical plant outlets (Makogon 

1981; Englezos 1993; Gudmundsson, Andersson et al. 2000; Thomas and Dawe 2003; Chatti, 

Delahaye et al. 2005; Matsuda, Tsuda et al. 2006; Linga, Kumar et al. 2010). Capture of the 

global warming gases released in the flue gases is an important consideration for the industrialist. 

The high global warming potential of methane and CO2 drives the need to find a way to separate 

them from gaseous mixtures. The economic and efficient removal of CH4 and CO2 from gas 

mixtures is a major limiting step. (Aaron and Tsouris, 2005; Adeyemo et al., 2010; Kang and 

Lee, 2000b; Klara and Srivastava, 2002; Linga, 2009; Linga et al., 2007a, b; Lee and Kang, 

2003). Hence, the economic and efficient removal of methane and CO2 from different mixtues 

was an objective of this thesis chapter.  

Depending upon the nature of the separation requirements and desired components there 

are a number of techniques available to separate the desired component. These methods include: 

cryogenic fractionation, use of polymeric membranes, adsorption and gas absorption processes. 

Economic factors and the high energy consumption are the main parameters that limit the 

application of the above mentioned separation techniques (Nagata et al., 2009). Because of this, a 

number of attempts have been made to find an energy efficient alternative to the above 

separation methodologies. Separation through a clathrate formation process can be favorable for 

different gaseous mixtures. Sequestration of carbon dioxide and natural gas transportation are 

prime applications for gas hydrates that arise because of the enhanced capability of hydrates to 

enclathrate gases in higher concentrations (Luo et al., 2007). The higher concentration of gases 

stored in hydrates, and the ability of the gases to stabilize hydrates at different temperature and 

pressure conditions provide a new potential method to separate gaseous mixtures.  

A number of attempts have been made to achieve gas separation through gas hydrates 

(Kang et al., 2001; Lee and Kang, 2001; Luo et al., 2007; Spencer, 2000). The separation of key 

components from a gaseous mixture can be separated through gas hydrate formation, as 

demonstrated by the simplified scheme shown in Figure 11.1. Recovery of carbon dioxide from 

the treated flue gas mixture can be treated via separation based on hydrate formation. Upon 

formation of hydrates by the gaseous mixture, it was observed that the concentration of the 

gaseous mixture is different in hydrate cavities from that of the pure feed gas compositions. Due 

to their high gas concentration, hydrates can be used for either carbon dioxide sequestration, or 

storage and transportation of natural gas (Linga et al., 2007a).  
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 The main objective of the work reported in this thesis chapter was to investigate the 

separation efficiency of various gas mixtures via the hydrate formation process. The calculations 

were carried out using the Colorado school of Mines Gibbs energy minimization algorithm 

(CSMGem; described in Chapters 3) for a range of temperatures and flue gas compositions. 

 

 

Figure 11.1.  Conceptual picture for gas separation using hydrate formation. 

 

11.2. Results and Discussion 

The following section discusses the separation of various gas mixtures 

11.2.1. CH4+H2S Separation 

 

 

 

 

 

 

 

 

 

 

 
Figure 11.2. Phase equilibria predictions for CH4+H2S binary systems over a range of 

temperature (left) and expanded view (right). 
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 The hydrate phase equilibria calculations were carried out using the vdWP model + 

Gibbs energy minimization model over a range of temperature and H2S concentrations (Figure 

11.2). Pure methane hydrate is stable at lower temperatures and higher pressures compared to 

pure hydrogen sulfide hydrate. The increase in hydrogen sulfide concentration in the CH4+H2S 

binary shifts the hydrate phase boundary to lower pressures at the same temperature. The 

difference in the hydrate stability region leads to a clear separation, depending upon the 

temperature and pressure conditions. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 Figure 11.3 shows the predicted mole fractions of CH4 and H2S in binary hydrate systems 

for a range of hydrogen sulfide concentrations. For example, Figure 11.3 shows that for 70 

mol.% H2S+30 mol.% CH4 binary systems at 2 MPa, there is a clear separation between the 

methane and hydrogen sulfide as indicated by the mole fraction in the hydrate phase. 

Furthermore separation becomes more difficult with increasing methane concentration, as at high 

pressure both methane and hydrogen sulfide both compete to occupy hydrate cavities. 

 A particular process design was proposed for the Bab Field composition (70 mol.% 

CH4+30 mol.% H2S) as shown in Figure 11.4. Figure 11.4 (bottom) shows the hydrate phase 

boundary and mole fraction of the component in the hydrate phase for the Bab field composition. 

Figure 11.3. Predicted mole fractions of CH4 and H2S in binary hydrate systems. 
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Figure 11.4. Process design for the Bab Field (70 mol.% CH4+30 mol.% H2S). 

 

 Figure 11.4 shows that as CH4+H2S binary systems are subjected to hydrate formation 

and dissociation in a hydrate crystallizer & dissociator, a product stream of a 90/10 (H2S/CH4) 

binary system was produced from unit 1. The product of unit 1 is then subjected to the same 

procedure in unit 2 which leads to a 99 mol.% of H2S separation from the feed. 

11.2.2. CH4+CO2 Separation 

 

 

 

 

 

 

 

 

 

 Figure 11.5. Phase equilibria predictions for CH4+CO2 binary systems over a range of 
temperature (left) and expanded view (right). 
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 Figure 11.5 shows the hydrate phase equilibria calculations carried out over a range of 

temperature and CO2 concentration. At lower temperatures and pressures CO2 hydrate is more 

stable in comparison to CH4 hydrate and at higher temperature CO2 is relatively stable at higher 

pressure. The increase in CO2 concentration in the CH4+CO2 binary systems has different effects 

on the phase boundary at different ranges. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 11.6. Fractional hydrate small cage occupancy for CO2 (left) and CH4 (right). 

Figure 11.7. Fractional hydrate large cage occupancy for CH4 (left) and CO2 (right). 
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 Figures 11.6 & 11.7 present the changes in occupancy of CH4 and CO2 in the small and 

large cavities as a function of pressure at different concentrations of carbon dioxide. The 

fractional cage occupancy trend shows the selectivity of carbon dioxide relative to methane in 

each cavity as a function of CO2 to CH4 concentration. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 Figure 11.8 shows the process design for CH4+CO2 binary systems, where the feed gas 

was subjected to hydrate formation followed by dissociation (using a hydrate crystallizer & 

dissociator reactor). A total of 8 stages are required to achieve 99 mol. % separation of CO2 from 

the feed stream. 

 Figure 11.9 shows the effect of the process conditions on the number of separation stages 

required for CH4/CO2 separation. It was observed that at low to medium pressure (5 to 10 MPa), 

methane and CO2 both compete in occupying small and large cavities, which eventually leads to 

difficulties in separating one of the constituents from the binary systems (pinch point). At higher 

pressure and temperature, a single stage is enough for separation of CH4 and CO2. 

 

Figure 11.8. Process design for CO2+CH4 separation. 
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Figure 11.9. Effect of process conditions on the number of CH4/CO2 separation stages. 
  

11.2.3. N2+CO2 Separation 

 The phase equilibrium conditions for the CO2+N2 system were estimated for a range of 

temperature and composition by using the CSMGem model. The separation process design takes 

into account the different capabilities of gaseous components to form gas hydrates at different 

conditions of temperature and pressure. Phase equilibria graphs show the range of temperature 

and pressure where the pure and the gaseous mixture are stabilized in the form of hydrates. 

Figure 1110 shows the phase equilibrium conditions of the CO2+N2 system over a range of 

composition. Increases in nitrogen content result in a shift of the hydrate stabilized region to 

relatively higher pressure and lower temperature. The phase equilibria curves for different 

mixtures are plotted with pure carbon dioxide and nitrogen (Figure 11.10).  
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Figure 11.10. Phase equilibria predictions for N2+CO2 binary systems at lower temperature 
(left) and higher temperature (right). 

Figure 11.11. Cage occupancy variation with temperature for CO2 over a range of gaseous 
compositions in the small cavity (left) and large cavity (right). 
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 Cage occupancies of CO2 and N2 in the small and large cavities are shown in Figures 

11.11 & 11.12. Increases in equilibrium temperature result in a decrease in CO2 cage 

occupancies. On the other hand, N2 cage occupancies in the small and large cavities increase at 

higher temperature. The increase in N2 cage occupancy is associated with the higher pressures, 

because nitrogen starts replacing carbon dioxide at higher pressure. The increase in N2 cage 

occupancies with increasing N2 concentration is due to the availability of nitrogen to the cavities. 

 

 

 

 

 

 

 

 

 

 

 The process design for N2+CO2 binary systems is shown in Figure 11.13, where the feed 

gas is used to form hydrate, followed by dissociation (hydrate crystallizer & dissociator reactor). 

A total of 2 stages are required to achieve 99 mol% separation of CO2 from the feed stream. 

 Figure 11.14 shows the effect of process conditions on the number of separation stages 

required for N2/CO2 separation. Lower pressures (<1 MPa) are required to have separation in less 

than two stages, as nitrogen is a high pressure hydrate former. However at high pressures, 

nitrogen and carbon dioxide compete for the occupancy of small and large cages, and eventually 

a pinch point is encountered during separation. 
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Figure 11.12. Cage occupancies variation with temperature for nitrogen over a range of 
gaseous compositions in the small cavity (left) and large cavity (right). 
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Figure 11.13. Process design for CO2+N2 separation. 

   

 

Figure 11.14. Effect of process conditions on the number of N2/CO2 separation stages. 



273 
 

11.3. Conclusion 

 A separation process has been proposed for flue gas mixtures in order to achieve desired 

separation, where separation is carried out on the basis of a component’s ability to form hydrates. 

Phase equilibria conditions for hydrates of carbon dioxide and nitrogen at various composition 

ranges are calculated in order to determine the suitable separation conditions. The cage 

occupancy and mole fraction of component in a particular hydrate cavity was also determined to 

support the selection of separation temperature. Recovery factor and separation factor for carbon 

dioxide and nitrogen were found to vary in accordance with temperature change. Process designs 

have been also proposed for various mixtures of some of the important gaseous mixtures, 

including CH4+CO2, N2+CO2, CH4+H2S and H2+CO2 mixtures. 
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CHAPTER 12 

CONCLUSIONS & FUTURE WORK 

The main conclusions from this thesis research are:  

1. A statistical thermodynamic model based on the van der Waals and Platteeuw model 

was developed to accurately predict hydrate phase equilibria of hydrate systems 

containing thermodynamic inhibitors, including salt and alcohols.  

2. Hydrate phase equilibria calculations for n-C2, n-C3, n-C4, H2S and CO2 successfully 

predicted lower (I-Lw-H-V) and upper lower (LHC-Lw-H-V) quadruple points. 

3. The current (new) algorithm was extended to hydrogen (H2) and cyclopentane hydrate 

formers, and first tested by performing calculations on the effect of H2 concentration 

on the phase equilibria of sH hydrate (H2O+CH4+H2+methylcyclohexane quaternary 

systems). 

4. Phase equilibria of the sI ternary (H2+CH4+H2O) system  was predicted using the 

vdWP model, showing good agreement with experimental phase equilibria 

measurements, but the current model was not able to capture the structural transition 

from sI to sII at high concentrations of hydrogen. 

5. The CSMGem algorithm was modified to account for the formation of multiple 

clusters of guest molecules. The cage occupancy of the multiple cluster of hydrogen in 

the cavities was calculated using the modified vdWP model. 

The developed algorithm was also able to predict hydrate cage occupancies of methane 

and hydrogen molecules; showing occupancies of hydrogen increase with increasing 

pressure.  

6. Phase equilibria predictions were also carried out using CSMGem, Multiflash, DBR 

hydrate, Hydrafact and PVTsim for various hydrate formers without and with 

inhibitors. The results show severe errors in the current predictions for inhibited 

systems.  

7. In order to improve the phase equilibria predictions in the presence of thermodynamic 

inhibitors, including salts and alcohols, an association equation of state has been 

developed and shown to improve the fluid phase part of the model. 
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8. By optimizing the binary interaction parameters, VLE predictions for mixtures of 

hydrate formers with other hydrocarbons and various cross associating components 

(including water, methanol, ethanol, monoethylene glycol) were in agreement with 

experimental measurements. 

9. For 1:1 electrolytes, the Pitzer theory and Bromley activity model give accurate 

predictions up to the salt saturation limit. However, for 1:2 electrolytes, the Pitzer 

theory, Bromley activity model, and Debye Huckel models did not capture these 

electrolyte contributions. 

10. A more rigorous statistical thermodynamics approach (Mean Field Spherical 

Approximation) has been proposed and developed to predict the activity of the 

aqueous phase; the predicted activity of electrolytes were found to be in agreement 

with experimental data. 

  Hydrate phase equilibria predictions are critical to all hydrate applications, 

including hydrates in flow assurance and hydrate technologies, including desalination and 

separation. 

11. High pressure hydrate desalination investigations showed that the hydrate “memory” 

effect can be effectively exploited to significantly reduce the hydrate nucleation 

induction times. A high pressure desalination bubble column apparatus has been 

designed and constructed (with an additional new design modification). Proof-of-

concept experiments show desalination efficiencies of up to 78 % with the use of an 

oil layer at the gas/water interface, which restricts saline solution overflow. 

  A Novel process design diagrams (PDD) were developed and proposed for 

various gas separation mixtures using gas hydrate formation. The number of stages 

required to achieve a reasonable separation efficiency were found to be dependent on 

the process conditions and hydrate phase stability envelope. 

Recommendations 

1. The current fluid phase model was extensively validated for self associative systems over 

a broad range of temperatures and pressures. Moreover the current (new) algorithm 

(Chapters 5-7) was also extended to cross associating systems (Matlab(R) codes were 

written and validated with pure component data). However there is a need to validate the 

vapor liquid equilibria with the cross associating systems (H2O + 
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H2S/CO2/MeOH/EthOH/MEG). Furthermore, in order to calculate liquid/liquid 

equilibria, a modified algorithm should be developed to validate MEG + n-butane/n-

pentane/heavier hydrocarbon binary systems.  

2. The mean spherical approximation model was employed for mean activity coefficient 

calculations of various pure electrolytes. The current electrolyte model should be 

extended to incorporate temperature dependency of the mean activity coefficient, as 

represented by the equation below. 
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 The temperature dependent mean activity coefficient experimental data of various 

electrolytes were reviewed in Appendix A.10.The current association equation of state should be 

coupled with the mean spherical approximation as follows. 

 

The fugacity coefficient and volume calculation (compressibility coefficient) of the aqueous 

phase was derived by the following equations. 

 

 

The overall change in Helmholtz free energy derivative with respect to volume and number of 

moles are given as 
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3. The complete derivation of the above equation is discussed in Appendix A.10 and the 

equation of state code has been already written in Matlab (R) . However, there is a need to 

validate the entire equation of state with the density and vapor pressure of salt solutions. 

There is also a need to implement the models into the CSMGem interface. The current 

developed algorithm should be implemented into CSMGem v 2.0 using the following 

flowchart (Figure 12.1). 
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Figure 12.1. Proposed further development and implementation of current work in CSMGem 
2.0. 

 

4.  In the current work, the fluid and electrolyte parts of the proposed equation of state were 

validated with experimental pure component (vapor pressure, liquid density), vapor liquid 

equilibria (p-x-y, t-x-y), and mean activity coefficient experimental data. 

In addition, to the development of the hydrate model and new association equation of state, 

optimization of Kihara parameters should be carried out for all the hydrate formers (sI, sII and 
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sH), as illustrated in the below algorithm (Figure 12.2). For more details see Chapter 3 & 

Appendix A3: optimization of cyclopentane Kihara parameters. 

 

 

 

 

 

5. To accomplish high desalination efficiencies, separation of hydrates using overflow in a 

high pressure desalination apparatus may not be appropriate, as separation using hydrate 

overflow can lead to a flow assurance problem. Pelletizing of hydrate under high pressure 

may be a good choice in separating solid hydrate particles from seawater. Seawater 

desalination using clathrate formation is a good choice in reducing salt contents from low 

to medium concentrations. With more efficient control of hydrate separation, hydrate 

based separation coupled with a membrane based separation could lead to effective 

production of drinking water. 

6. To further validate the proposed designs for gas separation, there is a need to develop an 

economic model with detailed mass and energy balances to determines the feasibility of 

the process. 

 

Figure 12.2. Optimization of Kihara parameters. 


	Abstract and front cover Final Octobercorrected
	Chapter 1-CKOHoctober2015
	Chapter 2-CKOHoctober2015withremovedtables
	CHAPTER 3 cotober 2015 final after fig and table
	Chapter 4-CKOHoctober2015
	Chapter 5-CKOHoctober2015
	Chapter 6-CKOHoctober2015
	Chapter 7-CKOHoctober2015
	Chapter 8-CKOHoctober2015
	Chapter 9-CKOHoctober2015
	Chapter 10-CKOHoctober2015
	Chapter 11-CKOHoctober2015
	Conclusions and Future Work

