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ABSTRACT

Membrane distillation (MD) is an emerging membrane technology that has the 

capability to facilitate desalination and concentration o f brines. The main advantages of 

MD include production of high-quality water for industrial and municipal uses and ability to 

perform desalination of highly saline brine. It can also be used to enhance mineral extraction 

from brines for agricultural and other beneficial uses including fertilizers and road salts. As a 

membrane process, MD has a small footprint and the ability to utilize low-grade heat, 

thus making it an attractive process compared to conventional processes for resource 

recovery. In the current study, MD was investigated for its applicability in enhancement 

of mineral and water recovery from the Great Salt Lake water and optimizing system 

performance in concentrating hypersaline brines.

Direct contact MD (DCMD) experiments were performed with a feed solution of 

high salinity water from the Great Salt Lake (>150,000 mg/L) and a distillate stream of 

deionized water. Optimal operating conditions were experimentally determined to be 50 

and 30 °C for the feed and distillate streams, respectively, and the system was operated in 

a batch mode to closely monitor the performance of the membrane and water flux decline 

as the feed solution became more concentrated. DCMD was able to concentrate the feed 

solution to twice its original concentration, recovering 50% of the feed volume and 

achieving approximately 100% inorganic salt rejection. During some experiments, water 

flux declined 80% of its original value (11 to 2 L-m ^-hr'1), in which the concentrated 

feed neared supersaturation and scaling occurred at the membrane surface, indicating that 

increased concentration polarization limits heat and mass transfer through the membrane. 

Real-time microscopy was used to elucidate the onset of membrane scaling and revealed 

that homogeneous precipitation of salts on the membrane surface was the main 

contributor to the rapid decline in water flux.

Scaling mitigation techniques were investigated to restore water flux to its 

original level and sustain process operation. Two novel operating techniques were 

employed to reverse membrane scaling and sustain high water fluxes and salt rejection. 

These operating techniques were highly effective in preventing scale formation on 

membrane surfaces, sustaining high water flux and salt rejection, and eliminating



chemical consumption used for membrane cleaning. MD was compared to natural 

evaporation and was found to replace 1 acre of evaporation ponds with 168 ft2 of flat 

sheet membrane and to be nearly 260 times faster in concentrating hypersaline brines.
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CHAPTER 1. 
INTRODUCTION

As the demand for high-quality water increases, advanced treatment processes for 

desalination are becoming more commonly used. At the same time, the demand for high 

value minerals is also increasing, prompting the need for efficient mineral production 

methods. In desalination, brine is considered a byproduct and treated as a “waste” stream, 

whereas in mineral production, water is considered a byproduct and evaporated into the 

atmosphere. Ironically, the waste byproduct o f one system is the product o f the other. 

Effective utilization o f brine streams and energy could result in production of both water 

and high-value minerals for beneficial use, including water for potable consumption and 

minerals for fertilizers or road salts.

Current engineered processes for treatment o f saline and unconventional water 

sources include thermal distillation and membrane processes such as reverse osmosis 

(RO), nanofiltration (NF), and electrodialysis (ED). Conventional thermal distillation 

processes are capable o f further concentrating brine streams, but are limited by the high- 

energy consumption to boil the saline water. RO, NF, and ED can efficiently recover 

water from brines; however, these processes are limited by high operating pressures (RO 

and NF), increase in applied voltage (ED), and membrane scaling [1]. On the other hand, 

production of minerals traditionally involves a series o f evaporation ponds in which 

brackish source water is further concentrated, and then treated in a chemical processing 

plant. These production methods have a large land footprint, they take a very long time, 

and they are also energy intensive. Furthermore, valuable water is not recovered, and is 

evaporated from the ponds to the atmosphere. In order to improve the efficiency of 

mineral recovery, novel desalination process are sought to recover water from 

hypersaline streams at low energy and high recovery.

Membrane distillation (MD) is a unique membrane process that can 

synergistically assist in mineral recovery and produce highly purified water. MD is a 

thermally driven membrane process in which the driving force is the partial vapor 

pressure gradient between two streams; hence, the process is minimally affected by 

increased salt concentrations. In direct contact MD (DCMD), which is the simplest
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configurations of MD, a warm feed stream (i.e., brine) and a cooler distillate stream (i.e., 

distillate water) are in direct contact, on either side of a porous hydrophobic membrane. 

In DCMD, water evaporates from the feed solution at the feed-pore interface on the feed 

side of the membrane, diffuses through the pore, and condenses into the distillate stream 

at the distillate-pore interface on the other side of the membrane.

Recent studies have shown that MD consumes less energy than traditional thermal 

distillation such as multi-stage flash and multi-effect distillation, and can further 

concentrate brines from desalination processes like RO, NF, and ED [2-7]. Utilizing MD 

to further concentrate primary RO brine can enhance overall desalination water recovery 

to 94-98% [6-8]. The realized success of MD in concentrating brines and its capability to 

utilize low-grade heat sources such as industrial heat emissions and energy from solar 

ponds has prompted modeling of the energy efficiency and economics o f MD at the 

commercial scale [8-13]. Therefore, replacement of traditional concentration methods 

with MD could produce high quality minerals and water, and provide a smaller footprint 

by eliminating the need for evaporation ponds and the required pumping of water from 

pond to pond in mineral production sites. Also, the use of low-grade heat emitted during 

mineral processing in the chemical processing plant could offset the overall energy 

consumption needed for MD.

Although MD has gained much attention in brine management and mineral 

recovery, several setbacks and limitations of the process have hindered its advancement 

to commercial scale. Some of these limitations include cooling on the distillate side and 

warming on the feed side, sensitivity to pressure and surface tension o f liquids, 

membrane scaling and wetting, and lack of membranes available that are specific for 

these processes. Recent studies have aimed at better understanding the limitations of this 

process by optimizing operating conditions and modeling the heat and mass transfer [14- 

20]; however, none of these studies have evaluated the effect o f operating conditions on 

membrane performance, including loss in hydrophobicity and salt rejection, when 

concentrating hypersaline solutions. While the causes and types o f membrane scaling 

have been extensively investigated [4, 6, 7, 21-28], effective scale mitigation techniques 

for maintaining and restoring water flux and salt rejection at saturated feed concentrations 

are still lacking.
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In the current study, DCMD was applied to concentrate Great Salt Lake water 

(>150,000 mg/L). The main objectives o f this study were to enhance mineral production 

through maximizing water recovery and optimize operating conditions when desalinating 

hypersaline solutions. Several unique methods were used to evaluate membrane integrity, 

identify the types o f scaling, and mitigate membrane scaling.
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CH A PTER 2. 

THEORY

This chapter presents the fundamental parameters defining MD. The factors 

affecting water flux, heat and mass transport, and membrane scaling and wetting are 

discussed.

2.1 Direct contact m em brane distillation

There are several basic operating configurations of MD to facilitate evaporation 

through hydrophobic microporous membranes. These include DCMD, air gap (AGMD), 

sweeping gas (SWMD), and vacuum (VMD). DCMD is the most simple configuration of 

MD for desalination because of the high efficiency of heat utilization, or minimal 

resistance of heat transfer across the membrane [29]. A schematic of the DCMD process 

is shown in Figure 2.1. In DCMD, the warm feed and cooler distillate are in direct 

contact with a hydrophobic, microporous membrane; the warmer feed solution evaporates 

at the feed membrane interface, diffuses through the membrane, and then condenses into 

the cooler distillate stream.

Coo!_
Distillate C cfn dewWaiticm

Hydrophobic 
Microporous-(2  

Membrane

Hot Feed 
(high 

salinity) * °
Figure adapted from Huanlin et al. 2008

Figure 2.1. A schematic of DCMD. Vapor from the warmer feed solution diffuses across 
the membrane and condenses in the cooler distillate solution.

The porous hydrophobic membrane is essential in this process -  it must maintain 

its hydrophobicity to block the passage of feed water through the pores in a liquid phase.
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allowing only water vapor to pass through to the distillate stream [29]. Typical membrane 

materials used for fabricating MD membranes are polytetrafluoroethylene (PTFE), 

polypropylene (PP), and polyvinylidenediflouride (PVDF).

Selection of an appropriate membrane is essential in MD, as many of the 

membrane parameters affect the molar flux through the membrane. The molar flux (N) is 

a function o f several membrane characteristics, including average pore size (r), porosity 

(e), tortuosity (x), and membrane thickness (8) (Eq. 2.1) [29].

N«rs  (2-i)
Accordingly, to maximize water flux in MD, the transport path (x and 8) must be 

minimized, while the membrane porosity should be maximized. Pore size is restricted to 

a very narrow range o f 0.05 to 0.5 micron in diameter. An increased membrane thickness 

increases the thermal efficiency and decreases the conductive heat loss of the membrane, 

but thinner membranes result in higher mass transfer rates [8]. Maximizing the membrane 

porosity can reduce the amount of heat transfer lost via conduction [21, 29]. Increased 

membrane permeability and larger pores result in higher water fluxes [8, 12]; however, 

larger pore sizes result in decreased capillary resistance, and the pores become more 

susceptible to wetting [21]. Therefore, an optimal balance of these parameters must be 

chosen when fabricating or selecting a membrane for MD.

Equation 2.2 is commonly used to calculate water flux in MD:

J = KAPV (2 .2 )

where K is the membrane permeation coefficient and APV is the difference in partial 

vapor pressure of the two solutions at the membrane interface. The membrane permeation 

coefficient is a function of the temperature, pressure, composition within the membrane, 

and membrane structure; however, in many cases it can be approximated as being 

constant [29, 30]. The greater the driving force (APV), or temperature difference (AT) 

across the membrane, the greater the water flux. Several phenomena in MD limit water 

flux. These include decrease in partial vapor pressure for highly concentrated solutions, 

heat and mass transfer resistance across the membrane, concentration polarization, and 

temperature polarization (or loss in heat transfer) across the membrane.

6



2.2 Mass and heat transfer

The heat and mass transfer in MD essentially dominates the driving force in the 

process. Mass transfer resistance occurs at the boundary layers of the membrane surface 

and within the membrane. The mass transfer resistances can be described by the dusty 

gas model (DGM) [29], a model used for mass transport in porous media, and are 

illustrated in an electrical circuit diagram in Figure 2.2. Surface resistance and 

momentum transfer, or viscous resistance, are two types of resistances described at the 

membrane interface. Two other types of mass transfer resistances, within the membrane 

itself, are molecular resistance (i.e., collisions of diffusing molecules) and Knudsen 

resistance (i.e., resistance within the membrane) [31]. Temperature resistance at the feed 

and distillate membrane interface, 1/hf and l/hp, respectively, also contribute to mass 

transfer resistance.

• " W
V iscous

l / h f Knudson
- ZW —
M olecular

- A / V
Surface

Figure 2.2. An electrical analog of the mass transfer resistances in MD. Figure adapted 
from Lawson et. al, 1997 [32].

Because several phase changes occur during the MD process, the heat transfer 

resistances across the boundary layers are often the rate-limiting step [29]. The heat 

transfer resistances that exist in MD are shown in Figure 2.3 and are between the feed 

membrane interface (vapor transfer), distillate membrane interface, and the membrane 

barrier itself (conductive heat transfer). The total heat transfer across the membrane is the 

vapor transfer and conductive heat transfer. Compared to other MD configurations, the
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heat transfer resistance across the boundary layers in DCMD is reduced because the feed 

and distillate streams are in direct contact with the membrane.

- ^ v v —
Conductive  

h ea t  transfermf

l/h
Heatsst.

v a p o r iza t io n

—'W — md

Figure 2.3. An electrical analog of the heat transfer resistances in MD. Figure adapted 
from Lawson et. al, 1997 [29].

2.3 T em perature and concentration polarization

Temperature polarization (TP) and concentration polarization (CP) are two 

phenomena in MD that greatly limit the driving force and efficiency of the process. The 

modeling of TP and CP is described in detail in several journal articles [29, 33]. Both CP 

and TP affect the viscosity and density o f the feed solution at the membrane surface, 

which inhibit the heat transfer of the feed stream, thus reducing the water flux through the 

membrane.

In MD, the membrane acts as a heat transfer mechanism between the two streams. 

Consequently, the temperature at the feed membrane interface decreases and the 

temperature at the distillate membrane interface increases, thus reducing the driving force 

in the process. This phenomenon is described as TP and expressed in Eq. 2.3:

(2.3)T'mf  T m d
T =  -----------------

T b f - T b d

where Tbf and Tbd are the bulk temperatures o f the feed and distillate streams, 

respectively, and T mf and Tm(j are the feed and distillate temperatures at the membrane 

interface, respectively. Ideally, no temperature polarization would occur (i.e., no heat 

transfer resistances), and this ratio would be 1 ; however, the heat transfer resistances and 

the thermal conductivity o f the membrane reduce the ratio to less than 1.



As water evaporates from the feed solution to the distillate stream, the 

concentration at the feed-membrane interface is increased and the partial vapor pressure 

is decreased, which in turn decreases the driving force [30]. This phenomenon is 

described as CP and expressed in Eq. 2.4:

< =  ^  (2.4)

where cmf is the concentration at the feed-membrane interface and Cbf is the concentration 

o f the bulk feed solution. Because the concentration at the feed membrane interface is 

greater than the concentration o f the bulk feed solution, membrane scaling is likely to 

occur. When MD is operated with supersaturated feed concentrations, CP is a major 

contributor to the flux decline [30, 34].

2.4 Membrane scaling

Membrane scaling occurs when inorganic salts accumulate on the membrane 

surface, thus blocking the pore space for vapor to diffuse across the membrane. Scaling 

poses several problems in MD: it alters the properties of the membrane surface and thus 

its hydrophobicity and it changes the pore structure, both o f which decrease the efficiency 

o f the process and may lead to membrane wetting [4, 22]. Nucléation o f salt on the 

membrane is facilitated by concentration and temperature polarization [23]. The 

formation of a solid from a solute is referred to as homogeneous nucléation, whereas the 

formation o f a new solid on a preexisting particle or surface is referred to as 

heterogeneous nucléation [35]. At increased temperature gradients, the vapor flux is 

greater, and in turn concentration polarization is increased, thus inducing membrane 

scaling [4].

In MD, membrane scaling mostly occurs when a solute precipitates from a 

saturated feed solution onto the membrane surface (i.e., homogeneous nucléation) [25]. 

The scaling potential of a solute can be identified with the saturation index (SI), which is 

a function o f solution temperature and composition and is defined as the ratio of the ion 

activity product (a) to the solubility product (Ksp) (Eq. 2.5).



When the saturation index of a solute is greater than or equal to one, the solute is 

at supersaturation. At supersaturated concentrations, precipitation o f salts at the 

membrane surface occurs, thus decreasing vapor flux [30, 34].

Scaling of sparingly soluble salts such as CaCOs, CaS0 4 , and silicates, have been 

identified as the major cause of flux decline (e.g., via clogging of membrane pores) when 

recovering water from desalination brines [3, 7, 21, 36]. O f these sparingly soluble salts, 

CaS0 4  has been identified as the major sealant in natural waters (e.g., seawater and 

desalination brines) [25]. The induction period o f a salt is defined as the time period 

between supersaturation and the appearance of the first crystal, and depends on the time 

needed for a critical nucleus to form [37]. Lowering the pH o f the solution (e.g., 

antiscalants) can lengthen the induction period of sparingly soluble salts.

2.5 Membrane wetting

Membrane wetting is another phenomenon that occurs in MD. When the surface 

tension force at the feed membrane interface exerts a pressure drop across the vapor 

liquid interface ( A P j nterface) that is greater than the entry pressure of the membrane (P e n n y )»  

liquid penetrates the membrane pores [29]. To limit membrane wetting, the pressure at 

the feed-membrane interface must be less than the entry pressure at the membrane 

surface (Eq. 2.6).

A P in te r f  ace  ^  ^ P e n t r y  ( 2 . 6 )

If the hydrostatic pressure of the feed is higher than that o f the permeate (i.e., 

when a critical solute concentration of the feed is reached) the membrane pores will 

become wetted. Additionally, if the membranes entry pressure decreases to less than 120 

kPa, membrane wetting will occur [28].

Pore wetting o f the membrane hinders the water flux, lowers the salt rejection, 

and impairs the integrity of the membrane (i.e., loss of hydrophobicity). Membrane 

scaling can reduce the surface tension, and consequently reduce the hydrophobicity on 

the active side of the membrane surface and facilitate flooding of the pores [2,11]. This is 

because crystal growth can migrate into the pores of the membrane, transporting salt ions
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through the membrane to the distillate [10]. The hydrophobicity o f the membrane surface 

is measured by contact angle: the greater the contact angle o f the membrane, the greater 

the hydrophobicity of the membrane surface. A contact angle o f 130° is typical for a 

water-hydrophobic membrane [29].
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CHAPTER 3. 

MATERIALS AND METHODS

3.1 Solution chemistry and analytical methods

All experiments were performed with deionized water as the distillate stream. 

Two feed solutions were used in the experiments: 125 g/L NaCl (ACS Grade, Fisher 

Scientific, Pittsburgh, PA) solution in deionized water and water from the GSL, collected 

at the Bear River Bay, on the eastern shore o f the GSL. The raw GSL water for most of 

the experiments was filtered through a 0.5-micron cartridge filter to remove any 

suspended solids.

The GSL water was analyzed using several analytical methods. GSL water 

samples were prepared and analyzed for dissolved solids according to Standard Methods 

(APHA, 2005). Samples were diluted and filtered through a 0.45-micron filter and 

analyzed for anions and cations with an ion chromatograph (Model ICS-90, Dionex, 

Sunnyvale, CA) and an inductively coupled plasma — atomic emission spectrometer (ICP- 

AES) (Optima 5300 DV, PerkinElmer Inc., Waltham, MA), respectively. The average 

total dissolved solids (TDS) concentration o f the GSL water was 150 g/L, most of which 

was sodium chloride (—84 %/wt.). A detailed ionic composition o f the GSL water is 

summarized in Table 3.1.

Table 3.1. Ionic composition o f the GSL water. All values are for the cartridge filtered 
GSL water, unless otherwise specified. ________________ ____________________

Analyte Concentration, mg/L Analyte Concentration, mg/L
b 3+ 40.0 Si4+ 9.16
Ba2+ 1.08 Ti4+ 1.85
Ca^ 360 Zn2+ 1.38
Fe 2 0.96 Sr2+ 2.97
K+ 2,831 Cl 81,644
Li+ 24.0 Br 72
Mg2+ 5,201 NO3 13
Mn2+ 0.04 s o / 10,316
Na+ 43,173 TOC 56.8
Ni2+ 0.21 TOC, raw** 56.4
g2-* 270
* Sulfur not associated with SO42"
** Value for the unfiltered GSL water. All other values are for the filtered GSL water
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3.2 Direct contact membrane distillation membranes and setup

A bench-scale DCMD test system was constructed for this study and two custom 

flow cells were fabricated for the batch experiments. Two flat sheet polymeric MD 

membranes were tested.

3.2.1 Membranes

Two hydrophobic microporous membranes were acquired from GE/Osmonics 

(Minnetonka, Mn) for the current study. The first membrane (TS22) is a composite 

membrane consisting of a thin polytetrafluoroethylene (PTFE) active layer and a 

polypropylene woven support layer. The overall thickness of the TS22 membrane is 175 

micron, with an active layer thickness of 5-10 microns. The second membrane (PP22) is 

an isotropic membrane made of polypropylene (PP), and it is 150 microns thick. Both 

membranes have a nominal pore size of 0.22 microns and a porosity of approximately 

70% [38].

3.2.2 Membrane cells

All experiments were performed with flat-sheet, acrylic plastic membrane cells. 

The cells were fabricated with symmetric flow channels on either side of the membrane, 

allowing for tangential flow o f feed and distillate streams on the two sides of the 

membrane. Nitrile rubber gaskets were used to form flow channels, approximately 2 mm 

deep, on each side of the membrane. Turbulent enhancing spacers were placed in the flow 

channels to reduce temperature polarization and increase water flux through the 

membrane [38], and to ensure that the membrane lay flat and centered in the cell.

The majority of the experiments were performed with a modified SEPA-CF 

membrane cell (GE/Osmonics), having an effective membrane surface area o f 139 cm2 

and cross flow channels on both sides of the membrane (Figure 3.1a). To prevent 

precipitation o f minerals on the membrane surface, experiments were performed with the 

feed side of the membrane facing down. Additional experiments were performed to 

observe real time membrane scaling as it occurred. A custom membrane cell was 

fabricated to allow direct observation with a stereo-microscope (Stemi 2000, Carl Zeiss 

Microscope, Thom wood, NY). This custom membrane cell was fabricated with a cutout
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glass view port (12.7 cm x 2.54 cm), and has an effective membrane surface area o f  89 

cm 2 (Figure 3.1b). In order to view the membrane surface through the cell viewport, the 

membrane cell was positioned with the feed side facing upwards.

Figure 3.1. Bench scale DCMD membrane cells: (a) modified SEPA-CF cell with a 
membrane surface area o f 139 cm2 and (b) observation cell with a membrane surface 
area o f  89 cm2.

3.2.3 System setup

Experiments were performed on a bench scale test unit, controlled by a 

supervisory control and data acquisition (SCADA) system (LabVIEW, National 

Instruments, Austin, TX; and a LabJack UE-9 Pro, Lakewood, CO). The SCADA system 

controlled the stream temperatures and collected data to calculate water flux, batch 

recovery, and salt rejection.

A flow schematic o f the test unit is shown in Figure 3.2. The feed and distillate 

solutions were contained in two thermally insulated reservoirs. Gear pumps (Micropump, 

Cole Parmer, Vernon Hills, IE) were used to recirculate the feed and distillate streams co

current ly on either side o f the membrane at a flow rate o f  1.6 L m in '1 when using the 

modified SEPA-CF cell, and at 0.6 L min"1 when using the custom direct observation 

cell. Thermocouples were installed at the inlets o f the feed and distillate channels and

15



connected to the SCADA system to monitor and maintain the predetermined 

temperatures in the reservoirs.

Feed
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Figure 3.2. Flow schematic o f the DCMD bench scale system.

Overflow from the distillate reservoir was collected in a beaker positioned on an 

analytical balance (Model S-8001, Denver Instruments, Bohemia, NY), which was 

connected to the SCADA system. The rate o f change o f the water weight on the balance 

was used to calculate water flux through the membrane. The conductivity o f the water in 

the distillate reservoir was continuously measured (W aterproof pH/CON 300 Meter, 

Oakton Instruments, Vernon Hills, IL) to detect membrane wetting and to calculate 

inorganic salt rejection by the membranes. A photograph o f the DCMD bench scale 

system is shown in Figure 3.3.
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Figure 3.3. The bench scale DCMD system: (1) feed reservoir, (2) heating device, (3) 
control system, (4) gear pumps, (5) membrane flow cell, (6) distillate reservoir, (7) 
cooling device, (8) analytical balance and distillate overflow reservoir.

3.3 Direct contact membrane distillation experiments

Experiments were carried to evaluate system performance under various operating 

conditions including membrane type, feed and distillate temperature, experiment 

duration, hydraulic regime, and feed solution type. All experiments were conducted in 

batch mode to simultaneously produce water for beneficial use and concentrate brine for 

mineral production.

3.3.1 Preliminary operation experiments

An initial set o f experiments was performed to determine the optimal operating 

temperature that maximizes water flux and limits membrane scaling. These experiments 

were performed with deionized water or filtered GSL water as feed solutions.

3.3.1.1 Pure water permeability and optimized operating temperatures

An initial set o f experiments was performed to evaluate the pure water 

permeability o f the two membranes and to determine the operating temperatures for 

experiments in the study. A high and a low AT were chosen for the experiments. The 

modified SEPA-CF cell was used for these experiments. Deionized water was used as the
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feed and distillate streams. The temperature o f the feed ranged from 30 to 70 °C in 

increments o f 10 °C and the temperature o f the distillate was 20 or 30 °C.

3.3.1.2 Water flux and salt rejection experiments

The effect of temperature on water flux and salt rejection o f the two membranes 

was also evaluated. Experiments were conducted with 3 L of filtered GSL water as feed 

solution and the modified SEPA-CF cell. The temperature of the distillate stream was 30 

°C and the temperature of the feed stream was either 50 or 70 °C. To investigate the 

effects of membrane scaling and wetting after multiple batch runs, three successive batch 

experiments were performed. Once the water flux declined to below 60% of its original 

value, the collected distillate was returned to the feed reservoir (diluting the feed solution 

to its original concentration), and the experiment resumed. The increase in conductivity 

of the distillate reservoir over time was measured with a conductivity meter and was used 

to calculate the percent salt rejection of the membranes. The water flux was calculated 

from the data collected in the SCADA system (rate o f change of distillate collected per 

membrane area per time). Membrane scaling (at the surface and cross-section) after select 

experiments was analyzed with a field emission scanning electron microscope (FESEM) 

and with an environmental scanning electron microscope (ESEM) coupled with an 

energy dispersive analysis o f X-rays (EDX). Contact angle measurements were 

performed on virgin and scaled membranes to evaluate hydrophobicity after exposure to 

high operating temperatures and membrane scaling.

Contact angle measurements were performed to evaluate the hydrophobicity o f 

the virgin membranes and membranes after select batch experiments. The virgin 

membranes and membranes exposed to high operating temperatures (feed and distillate 

temperatures of 30 and 70 °C, respectively) were analyzed to evaluate the change in 

membrane hydrophobicity. Experiments were performed for 2-3 hours with deionized 

water as the feed. The TS22 and PP22 membranes from experiments operated with 

filtered GSL feed water at temperatures of 50 and 70 °C and a distillate temperature o f 30 

°C (from section 3.3.1.2) were analyzed to evaluate the combined effect o f membrane 

scaling and exposure to high operating temperatures.
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3.3.2 Membrane scaling

Experiments were performed to evaluate the effects of different feed water 

compositions on membrane scaling. Membrane scaling over time was evaluated during 

long-tem batch experiments.

3.3.2.1 Effect o f  feed water composition on membrane scaling

Several feed waters were used to evaluate the effect of feed water composition on 

water flux and salt rejection. In these experiments three feed solutions were used: a 125 

g/L NaCl solution, raw GSL water, and filtered GSL water. The initial volume o f the feed 

solution was 3 L. The modified SEPA-CF cell was used for these experiments and the 

feed and distillate temperatures were maintained at 50 and 30 °C, respectively. Similar to 

the experiments performed in 3.3.1.2, these experiments were conducted successively in 

batch mode to observe membrane scaling after multiple batch experiments. Membrane 

scaling (at the surface and cross-section) o f select experiments was analyzed with 

FESEM and ESEM-EDX.

3.3.2.2 Long-term sealing investigation

In industrial applications DCMD will most likely be operated with large volumes 

o f brine to concentrate, and thus be operated over a prolonged period of time compared to 

the previous sets of batch experiments (3.3.1.2 and 3.3.2.1). Therefore, to evaluate the 

performance o f the process, specifically membrane scaling o f sparingly soluble salts, 

long-term batch experiments were performed with 10 L of filtered GSL water as the feed 

solution. The modified SEPA-CF cell was used and the temperatures of the feed and 

distillate streams were kept constant at 50 and 30 °C, respectively. First, 1 L of distillate 

overflow was collected on the analytical balance. Thereafter, new distillate overflow was 

recirculated back to the feed reservoir for approximately 12 hours. After 12 hours of 

recirculation, the distillate overflow was collected again in a beaker on the analytical 

balance until another 1 L of distillate was collected. This cycle was repeated six times, 

until the feed water was concentrated approximately 2.5 times relative to its original 

concentration.
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3.3.2.3 Scale identification

Additional sets o f batch experiments were performed to identify the onset o f 

membrane scaling. For these experiments, in-situ observation o f membrane scaling on the 

PP22 membrane was conducted with a stereo-microscope and the custom membrane cell 

with an optical view port. The observation cell and the microscope are shown in Figure 

3.4. The feed stream was 3 L filtered GSL water at 50 °C and the distillate stream 

temperature was 30 °C. Images o f  membrane scaling were captured throughout the 

experiments (Canon EOS Rebel XTi, Lake Success, NY).

Figure 3.4. Stereo-microscope and the customized DCMD flow cell.

3.3.3 Scale mitigation experiments

Three DCMD operating techniques were employed to mitigate membrane scaling 

at increased temperatures, and subsequently optimize water recovery and maintain 

membrane integrity. The first operating technique used was terminating batch 

experiments before a rapid flux decline occurred; thus, mitigating any scaling/wetting 

that forms on the membrane during rapid flux decline. The second operating mode was 

employing a novel flow reversal technique in which the feed and distillate flow channels
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were switched after each successive batch experiment. The last operating mode was a 

novel temperature reversal technique in which after each successive batch experiment a 

feed stream, at a temperature cooler than the distillate, was circulated on the feed side for 

20 minutes; thus, the driving force for mass transport was reversed. Thereafter, the feed 

temperature was increased to its original operating temperature.

33.3.1 Mitigating rapidJlux decline

Successive DCMD batch experiments were performed at a reduced recovery rate 

(or concentration) to mitigate any potential scaling/wetting that reduces membrane 

performance during rapid flux decline. The experiments were performed with the 

modified SEPA-CF cell, PP22 membrane, and 8.5 L o f filtered GSL water. The 

temperatures o f the feed and distillate were 60 and 30 °C, respectively. After 12 hours of 

operation, or when 35-40% o f the feed water was recovered, the collected distillate was 

returned to the feed reservoir (diluting the feed to its original concentration), and the next 

successive batch run began. Eight successive batch runs were performed.

3.3.3.2 Flow reversal

In these experiments, a unique DCMD operating technique was investigated to 

mitigate scale formation and maintain high water fluxes (at high temperatures), while 

preserving membrane integrity. Experiments were performed with 8.5 L of cartridge 

filtered GSL water as the feed solution. The experiments were performed with the 

modified SEPA-CF cell and the temperatures of the feed and distillate streams were kept 

constant at 60 and 30 °C, respectively. These experiments were performed in batch mode 

and operated similarly to the experiments described in section 3.3.3.1. Before scaling 

occurred on the membrane surface, or after approximately 12 hours of operation, the 

experiment was stopped, the collected distillate was returned to the feed reservoir (thus 

diluting the feed solution to its original concentration), and the feed side of the membrane 

was rinsed with approximately 200 mL of deionized water. Next, the feed and distillate 

channels of the membranes were switched: the feed side o f the membrane was now the 

distillate side, and visa versa. This procedure was repeated eight times.
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3.3.3.3 Temperature reversal

In these experiments, a second unique DCMD operating technique was 

investigated to mitigate scale formation and maintain high water fluxes (at high 

temperatures). These experiments were performed in batch mode with the modified 

SEPA-CF cell and under the same conditions as the flow reversal experiments: 8.5 L 

filtered GSL water at 60 °C as the feed solution, and distillate at 30 °C. Before scaling 

occurred on the membrane surface, or after approximately 12 hours o f operation, the 

experiment was stopped, and the collected distillate was returned to the feed reservoir. 

Then, a cooler filtered GSL water at 15 °C was circulated on the feed side of the 

membrane for 20 minutes while the warmer distillate (30 °C) was circulated on the 

distillate side of the membrane. After 20 min, the cooler feed (15 °C) was replaced with 

the warmer feed (60 °C) in the feed reservoir. In practice, the cooler feed would be GSL 

source water that is naturally at a cooler temperature (minimum -2.5 and maximum 25 °C 

lake temperature) than 30 °C. This procedure was repeated eight times.

3.4 Membrane characterization

Membrane sealants and crystal identification were evaluated using an 

environmental scanning electron microscope (ESEM) (Quanta 50, FEI, Hilsboro, OR) 

with an energy dispersive x-ray spectrometer (EDX) (MEA, PGT, Princeton, NJ) and a 

field emission scanning electron microscope (FESEM) (JSM-7000F, JOEL Inc., Tokyo, 

Japan) with a Genesis EDX, TSL electron backscatter diffraction detector, and a J.C. 

Nabity nanometer pattern generation system. The membranes were prepared for 

microscopy analysis by first freezing them in a liquid nitrogen bath and then cracking the 

cross section with a razor blade.

The hydrophobicity and surface charge o f the TS22 and PP22 membranes after 

select experiments were evaluated via contact angle and zeta potential measurements. A 

standard goniometer (Ramé-hart, Succasunna, NJ) was used to measure the contact angle. 

Contact angle measurements were performed using the static contact angle method; the 

membrane was brought in contact with a drop o f water and then the contact angle was 

visually measured with a computer program (Ramé-Hart DROP image Standard 

Software). An average o f ten contact angle measurements per membrane was taken.
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3.5 Direct contact membrane distillation simulations

The feed and distillate solution chemistries were simulated with OLI Stream 

Analyzer™ (OLI Systems, Inc., Morris Plains, NJ) to determine chemical properties of 

the solution including partial vapor pressure, saturation index, viscosity, density, and the 

aqueous and solid concentrations at varying temperatures and concentrations. The partial 

vapor pressure o f the pure water and the feed solution at varying concentrations was 

simulated and served as an indicator o f the decrease in driving force as the feed solution 

becomes more concentrated. Simulations of the saturation index, or scaling tendency, of 

the compounds in the feed solution was useful in confirming the types of sealants that 

formed on the membrane surface.

3.6 Efficiency of MD over natural evaporation

The efficiency o f MD in concentrating GSL water was compared to natural 

evaporation. The evaporative water loss for the Bear River Bay (Salt Lake City, Utah) 

was referenced from previous literature and is 54 inches y r'1 [39]. For MD, an average 

water flux o f 20 L m"2 hr"1 was referenced from experimental results in section 3.3.3.3. 

These values were converted to a standard flux unit (mm day"1) and compared.
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CHAPTER 4. 

RESULTS AND DISCUSSION

4.1 System performance

W ater flux through the TS22 and PP22 membranes was evaluated at varying 

driving forces. Deionized water was used as the feed and distillate steams. W ater flux as 

a function o f  feed temperature is shown in Figure 4.1 for the two membranes. As 

anticipated from applying Rault’s Law, the flux increases exponentially as the 

temperature difference (or vapor pressure driving force) across the membrane increases.
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Figure 4.1. W ater flux as a function o f feed temperature for experiments performed with 
the (a) TS22 and (b) PP22 membranes. The distillate temperature (T_d) was either 20 or 
30 °C and the flow rates were kept constant at 1.6 L/min.

As can be seen in Table 4.1, the water flux through the TS22 membrane was 

higher than the flux through the PP22 membrane. The main difference between the two 

membranes, other than their material, is the absence o f  a support layer and the higher 

thickness o f the PP22 membrane. The thicker membrane structure o f the PP22 membrane 

creates a higher resistance for the vapor to diffuse through the membrane pores, thus 

resulting in a lower permeability [29, 30, 38].

The OLI Stream Analyzer software was used to perform simulations o f the 

filtered GSL water. The vapor pressure as a function o f temperature for the DI water 

distillate and filtered GSL feed water is shown in Figure 4.2. Neglecting the effect o f
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temperature polarization in the feed and distillate streams, the curves indicate that the 

increase in driving force for the experiments performed with feed and distillate 

temperatures o f 70 and 30 °C, respectively, is nearly four times greater than the driving 

force for the experiments performed with a lower feed temperature o f 50 °C.

Table 4.1. Summary of the average water flux and operating conditions for the data
presented in Figure 4.
Feed Distillate AT Membrane Average Flux (J) Specific Flux
Temp Temp °C L/m2-hr (LMH) (J/AT)
°C °C
30 20 10 TS22 5.6 0.56

PP22 3.5 0.35
40 20 20 TS22 14.7 0.73

PP22 9.4 0.47
50 20 30 TS22 27.7 0.92

PP22 17.9 0.60
60 20 40 TS22 46.2 1.16

PP22 31.3 0.78
70 25 45 TS22 70.0 1.56

PP22 53.7 1.19
40 30 10 TS22 8.1 0.81

PP22 5.5 0.55
50 30 20 TS22 20.8 1.04

PP22 14.0 0.70
60 30 30 TS22 38.5 1.28

PP22 28.1 0.94
70 30 40 TS22 66.1 1.65

PP22 49.3 1.23

4.2 Batch performance

Batch experiments were carried out to concentrate the GSL feed water. The 

membranes performance (water flux and salt rejection) was evaluated during each 

successive batch run. To determine the optimal operating temperatures to be used in the 

study, batch experiments were performed with filtered GSL water at temperature 

gradients o f 10, 20, 30, and 40 °C. The cause o f flux decline and type o f membrane 

scaling that occurred during these experiments was evaluated. To asses the effect o f 

different feed waters on membrane scaling, a second set of batch experiments was 

performed at a temperature gradient o f 20 °C with varying feed water characteristics.
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Figure 4.2. Simulated results for the partial vapor pressure o f solution as a function o f 
temperature.

4.2.1 Successive batch experiments: E ffect o f  operating temperatures

Experiments were carried out at a range o f temperatures to evaluate the 

performance o f the membranes in concentrating the filtered GSL water. W ater flux as a 

function o f total solids concentration for experiment with different feed and distillate 

temperatures is shown in Figure 4.3. As anticipated from the OLI simulation results 

illustrated in Figure 4.2, water flux increased as the temperature difference, or driving 

force, increased. Throughout the experiments, a gradual decline in water flux was 

observed as the feed solution became more concentrated, and subsequently the partial 

vapor pressure o f the feed solution decreased and TC and CP increased [31, 40]. The flux 

through the PP22 membrane declined at a slower rate than that o f the TS22 membrane. 

For the experiments performed with the TS22 membrane, the maximum terminal GSL 

water concentration was >350,000 mg/L when operated at a temperature gradient o f 20
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°C. For the experiments performed with the PP22 membrane, the maximum terminal 

GSL water concentration was approximately 350,000 mg/L when operated at a 

temperature gradient o f 40 °C. The higher terminal GSL water concentration for the 

experiments performed with the PP22 membrane at a AT o f 40 °C is most likely because 

o f the decrease in thermal conductivity and therefore decrease in heat loss associated with 

the thicker membrane, which lowered the effect o f  temperature polarization [8],

50

45

4 0

35X.
_c

30E

Ol

15

10

3 5 0 ,0 0 01 5 0 ,0 0 0 2 5 0 ,0 0 0

Total solids concentration, mg/L

5 0 /3 0  - Run 1 
5 0 /3 0  - Run 2 
5 0 /3 0  - Run 3

■70/30 - Run 1 
7 0 /3 0  - Run 2 
7 0 /3 0  - Run 3

1 5 0 ,0 0 0  2 5 0 ,0 0 0  3 5 0 ,0 0 0

Total solids concentration, mg/L

5 0 / 3 0 -  Run 1 
5 0 / 3 0 -  Run 2 
5 0 /3 0  - Run 3

-♦ — 7 0 / 3 0  - Run 1 
♦ — 7 0 / 3 0  - Run 2 
♦ — 7 0 / 3 0  - Run 3

Figure 4.3. Water flux as a function o f total solids concentration for the experiments 
performed with (a) the TS22 membrane and (b) the PP22 membrane. Experiments were 
performed with filtered GSL water as feed and deionized water as distillate. Operating 
temperatures for the experiments varied and the flow rate was kept constant at 1.6 L/min.

The initial water flux for the experiments performed with GSL water as the feed 

solution is lower than the initial water flux for the experiments performed with DI water 

as the feed solution (Figure 4.1). For the experiments performed with the PP22 

membrane and operated at temperature gradients o f 20 and 40 °C, water flux decreased 

11 and 20%, respectively. The TS22 membrane operated at temperature gradients o f 20 

and 40 °C, resulted in a 38 and 28% decrease, respectively, in water flux. The decrease in
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water flux indicates that high feed solution concentrations greater than 150,000 mg/L 

significantly lowers the process performance due to decrease in partial vapor pressure of 

the water.

During the experiments operated at AT of 40 °C , a sharp decline in water flux 

was observed once the total solids concentration of the GSL feed water exceeded 225,000 

mg/L. However, for the experiments operated at a lower AT of 20 °C, the sharp decline in 

water flux was observed once the total solids concentration of the GSL feed water 

exceeded 350,000 mg/L. The dominant salt in the GSL water is sodium chloride (NaCl), 

which has a solubility limit of approximately 367,000 mg/L at 50 °C [41]. Although the 

total solids concentration of the bulk solution does not reach this concentration, it is 

likely that the total solids concentration at the membrane surface does because o f CP 

[16]. The sharper flux decline at lower total solids concentrations for the higher ATs is 

most likely induced by increased CP and TP at the membrane surface [6]. Therefore, the 

flux decline is most likely due to homogeneous precipitation of NaCl on the membrane, 

which blocks the pore space for water to evaporate through [3].

The nucléation o f sparingly soluble salts on the membrane surface is also likely to 

have occurred during the experiments and attributed to the flux decline. The induction 

time for supersaturated CaSC>4 (SI = 2.1) in a pure solutions at 50 °C is approximately 3.5 

hours [42]. However, another study reports the scaling indices of CaSC>4 in mixed 

solutions of sparingly soluble salts to range from 1.2 to 1.39 [4]. For both sets of 

experiments operated at a AT o f 20 °C, CaSC>4 reaches supersaturation at total solids 

concentration o f approximately 300,000 mg/L (from simulated results discussed in 

section 4.2.1.4), or after 8 hours of operation. Therefore, scaling of sparingly soluble salts 

on the membrane surface is likely to contribute to the rapid flux decline.

Water flux and distillate stream conductivity as a function of time are shown in 

Figure 4.4 for data presented in Figure 4.3. For both sets o f experiments, the batch 

concentration process takes less time when operated at a higher AT o f 40 °C. The time 

for one batch experiment at a AT of 20 °C was nearly three times longer than the time for 

one batch experiment operated at a AT of 40 °C. Increasing the AT to 40 °C nearly 

doubles the amount o f water produced per hour, thus increasing the overall production of
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water from 0.80 L/hr to 1.4 L/hr. This increase in water flux is similar to what was 

expected from the OLI simulation results (Figure 4.2).

When evaluating the membrane performance in terms o f inorganic salt rejection, 

the distillate conductivity for the experiments performed at a AT o f 20 °C decreased 

throughout the experiment, indicating that the membrane rejected nearly 100% o f all non- 

volatiles. However, the distillate conductivity increased during the experiments 

performed with the PP22 membrane at a higher AT o f 40 °C. It is likely that the more 

severe concentration polarization and higher flux at elevated temperatures resulted in 

minor pore flooding and consequently reduced salt rejection.
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Figure 4.4. Water flux and distillate conductivity as a function o f total solids 
concentration for the (a) TS22 membrane and (b) PP22 membrane. Successive batch 
experiments were performed with a filtered GSL feed water and deionized water as 
distillate stream. Operating temperatures for the experiments varied and the flow rate was 
kept constant at 1.6 L/min.

Operating the process at high ATs has several drawbacks. The distillate 

conductivity increases at a more rapid rate, the process does not achieve high terminal
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concentrations (compared to the experiments conducted at a lower AT), and with every 

new batch cycle the initial water flux is decreased. Consequently, although the process is 

accelerated when operating at high temperatures, the membrane performance (in terms of 

rejection) is compromised. When the experiments are operated at a AT o f 20 °C, the salt 

rejection of the membrane is high, the water flux after each successive batch run is 

restored, and the GSL water is concentrated to more than 300,000 mg/L total solids. 

Therefore, operating temperatures o f 50 °C for the feed and 30 °C for the distillate (AT 

20 °C) were chosen for the majority o f the experiments in this study.

4.2.1.1 Identification o f  flux decl ine

To further investigate if the cause o f rapid flux decline is due to homogeneous 

precipitation of salts, an additional set o f experiments was performed with a stereo- 

microscope to aid in the visualization o f crystallization on the membrane surface. 

Pictures o f the membrane surface were taken before and after the onset of rapid flux 

decline. These experiments were operated similarly to previous experiments, with feed 

and distillate temperatures of 50 and 30 °C, respectively; however, a custom flow cell 

with an embedded optical view port was used instead o f the modified SEPA-CF test cell.

Water flux and total solids concentration as a function of time are shown in Figure

4.5 for experiments performed with the PP22 membrane. Similar to the results shown in 

Figure 4.3, the water flux begins to decline at a total solid concentration o f approximately 

300,000 mg/L. The dashed lines in Figure 4.5 indicate when pictures o f scaling on the 

membrane surface were taken.

Six pictures included in Figure 4.6, show the different stages o f scale formation 

on the feed side of the membrane. The onset of crystal formation, or scaling, on the 

membrane surface is first visualized at an operating time o f 6.6 hours, or when the feed 

solution concentration approached 340,000 mg/L total solids (Figure 4.6). Direct 

observation o f the membrane surface indicates that the onset of homogeneous 

precipitation of salts on the membrane surface correlates to the onset of rapid water flux 

decline. Thereafter, the water flux continued to decline and after approximately 8 hours 

o f operation, or at a feed solution concentration o f approximately 380,000 mg/L total 

solids, the membrane surface is mostly covered with salt resembling NaCl crystals and
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possibly some sparingly soluble salts. As previously stated, although the feed solution is 

not at supersaturation o f NaCl (367,000 mg/L), CaSCL, or CaCCL, the concentration at 

the membrane surface is most likely at or nearing supersaturation because o f CP [29].
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Figure 4.5. Water flux and total solids concentration as a function o f time for the 
experiment conducted with the stereo-microscope. Feed and distillate temperatures were 
50 and 30 °C, respectively, feed volume 1.5 L, flow velocities 0.8 L/min, and membrane 
surface area o f 89 cm2. Turbulent enhancing spacers were also used. Numbered dashed 
lines correspond to images in Figure 4.6.

4.2.1.2 Solution chemistry simulation o f  scaling tendencies

The solution chemistry at varying GSL water concentrations was simulated using 

OLI Stream Analyzer. Simulations were performed to elucidate the scaling tendencies o f 

the filtered GSL water; the scaling tendencies o f the compounds in the GSL water serve 

as an indicator o f the types o f scaling that occurred on the membrane surface. The 

program uses the term scaling tendency interchangeably with saturation index o f the 

solution. If the scaling tendency o f a compound is one (the ion activity product = 

equilibrium solubility) then it is said to precipitate.

The scaling tendency as a function o f total solids concentration is shown in Figure 

4.7. The simulation results suggest that the first species to precipitate from the solution is 

CaSCL (near 300,000 mg/L total solids). Then, at a concentration nearing 380,000 mg/L 

total solids, NaCl begins to precipitate from the solution. Therefore, it is likely that 

CaSCL and NaCl scaling occurred on the membrane.
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Figure 4.6. Pictures o f  the feed side o f  the membrane surface during the experiment 
performed in Figure 2. Numbers in the upper right hand com er o f each picture 
correspond to the numbers associated with each dashed line in Figure 2.

4.2.1.3 Identification o f  irreversible sealants and cause o f  membrane wetting

To validate the types o f sealants identified with the OLI simulations, an FESEM 

was used to visually evaluate the sealants that remained on the surface and in the pores o f 

the membrane from the experiments described in section 4.2.1.2. FESEM micrographs o f 

the PP22 membrane after scaling experiments with filtered GSL water are shown in 

Figure 4.8 for successive batch experiments operated at a AT o f 20°C. Figures 4.8a and 

4.8b are micrographs o f  the membrane surface, and Figures 4.8c and 4.8d are 

micrographs o f  the membrane cross section. Although images o f the sealants are not as
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distinct, there is indication o f  scaling on the membrane surface and at the cross section. 

The rod-like formation illustrated in Figure 4.8b closely resembles a CaCOs deposit [22]. 

CaCOg was not identified with the OLI simulations (Figure 4.7) because the OLI model 

preferentially selects the less soluble CaS0 4  over CaCOs as the dominant calcium based 

compound.
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Figure 4.7. Scaling tendency o f the cartridge filtered GSL water at 50 °C.
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Figure 4.8. FESEM micrographs o f  the PP22 virgin membrane surface active and 
support side (a, b) and membrane surface (c, d) and cross-section (e, f) after scaling 
experiment with filtered GSL water feed.

The second set o f micrographs, shown in Figure 4.9, are o f the TS22 membrane 

after the successive batch experiments with filtered GSL feed water and operated at a AT 

o f  20 °C. The granular formations on the membrane surface and cross-section are 

formations o f  membrane scaling. These sealants remained on the membrane after



flushing it with deionized water. These sealants are o f  similar structure to NaCl sealants 

observed in previous studies [5, 34]. The micrographs in Figure 4.9 indicate that sealants 

not only formed on the membrane surface, but also migrated into the pores o f the 

membrane.

(a)

Membrane surface — Active Layer

COLO MINES__________________ SEI 1-OkV X250 WD 10.7mm lOO/gn

(c)

A c t i v e  layer

Support layer

COLO MINES SEI 1.0kV X220 W D 10.0mm 100/m,

Figure 4.9. FESEM micrographs o f the TS22 membrane after scaling experiments with 
filtered GSL feed. Figure 4.9a is the surface o f the membrane and Figures (b) through (f) 
are o f the cross section o f the membrane.
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To evaluate the type o f sealants that formed on the membrane surface, an ESEM 

with an EDX was used. Although useful, the ESEM and EDX techniques only allow for a 

qualitative analysis o f  the various elements that are on the membrane surface. ESEM 

micrographs o f a virgin TS22 membrane and a TS22 membrane after the successive 

batch experiments operated at a AT o f 20 °C (described in section 4.2.1) are shown in 

Figure 4.10. These micrographs indicate that membrane scaling occurred during the 

successive batch run experiments.

TM-1000_2690 2011/07/21 09,32 01 .9  x2.5k 30 um TM-1000 .2680  2011/07/21 08:30 01 .9  xl.Ok 100 um

Figure 4.10. ESEM micrographs o f  TS22 membrane surface (active layer feed side) with 
various feed waters, (a) Virgin TS22 2,500X and (b) TS22 after filtered GSL experiment
1 ,ooox.

EDX measurements o f the membrane surface were taken and their 

chromatograms are shown in Figures 4.1 la  and 4.1 lb. The EDX results are o f the entire 

surface o f the membrane, and although it cannot probe a specific element on the 

membrane surface, qualitative results as to the types o f elements that are on the 

membrane surface can be observed. The main elements found on the surface o f the scaled 

membrane were sodium, chloride, sulfate, carbon, and calcium. From the OLI 

simulations shown in Figure 4.7, it is likely that these deposits that formed on the scaled 

membrane are sodium chloride (NaCl), calcium carbonate (CaCOs), and calcium sulfate 

(CaSOzt). These sealants have also been identified by previous studies using other natural 

waters as the feed solution (i.e., seawater, and RO and NF brines) [3, 5-7, 22, 27, 43].
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Figure 4.11. EDX scan o f  a (a) virgin TS22 membrane (2,500X magnification) and (b) 
TS22 membrane after filtered GSL experiments at 50 °C (7,OOOX magnification). The 
composition o f the virgin membrane is mostly N and F.

4.2.1.4 Contact angle measurement results

Contact angles for the virgin membranes and after experiments are summarized in 

Table 4.2. The mean contact angle o f  the virgin TS22 membrane is slightly lower than 

the virgin PP22 membrane; however, both contact angle measurements are within the 

range for typical hydrophobic membranes [29]. When the PP22 membrane was operated 

with filtered GSL water at higher temperatures (feed temperature o f 70 °C), a smaller 

decrease in hydrophobicity was observed. The increased operating length, and thus 

increased nucléation time for sparingly soluble salts on the membrane surface, is most 

likely the cause for the lower decrease in hydrophobicity o f the membrane. In all cases
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the contact angle o f  the two membranes declined after the experiments, thus making them 

less hydrophobic. These results indicate that increased temperatures and membrane 

scaling may cause loss in hydrophobicity o f  the membranes.

Table 4.2. Contact angle measurements o f  the virgin TS22 and PP22 membranes, and 
after operating at increased temperatures (feed/distillate temperature o f  70/30 °C) and 
with the filtered GSL (feed/distillate temperature o f 50/30 and 70/30 °C).____________

Experiment Mean Percent
difference

Standard
deviation

TS22

Virgin 133 0 3
DI 70/30 106 -20 20
GSL 50/30 63 -53 16
GSL 70/30 50 -62 6

PP22

Virgin 148 0 6
DI 70/30 121 -18 5
GSL 50/30 97 -34 17
GSL 70/30 114 -23 8

4.2.2 Successive batch experiments: Effect o f  feed solutions

Successive batch experiments were performed to evaluate the effects o f  feed 

w ater chemistry on membrane scaling. A feed solution o f 125,000 mg/L NaCl was used 

to isolate the effects that organic constituents and sparingly soluble salts (e.g., CaCOs and 

CaSCU) present in the GSL water might have on membrane scaling. Raw GSL water was 

also used to evaluate if  the suspended solids or other impurities in the water affected 

membrane perform ance and attributed to an increase in membrane scaling.

W ater flux as a function o f  total solids concentration for the successive batch 

experiments performed with the NaCl and filtered GSL water is shown in Figure 4.12. 

The trend in flux decline during experiments with NaCl feed solution was similar to the 

trend during experiments with filtered GSL water, confirming that the decrease in partial 

vapor pressure o f  the solution, not scaling o f  sparingly soluble salts, is the main cause for 

the gradual decrease in water flux [30].
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Figure 4.12. Water flux as a function o f total solids concentration for (a) the TS22 
membrane and (b) the PP22 membrane. Experiments were performed with a feed solution 
o f either NaCl or GSL water and a distillate stream o f deionized water. Operating 
temperatures for the experiments were 50 °C for the feed and 30 °C for the distillate, and 
the flow rate was kept constant at 1.6 L/min.

In both sets o f experiments performed with NaCl as the feed solution, a sharp 

decline in water flux is observed when the total solids concentration reaches 300,000 

mg/L. At this bulk feed concentration, the NaCl feed solution most likely reaches its 

solubility limit (—367,000 mg/L NaCl at 50 °C) at the feed-membrane interface because 

o f CP and TP. The water flux was higher in the experiments performed with the TS22 

membrane and NaCl feed solution than in the experiments performed with the TS22 

membrane and filtered GSL water; however, little change in water flux was observed for 

experiments performed with the PP22 membrane. This is most likely because the 

membrane properties o f the TS22 membrane (i.e., thickness, and membrane material) are 

affected by solution chemistry. Additional experiments with the TS22 and PP22 

membranes and MgCl as the feed solution should be performed. Relative to the NaCl 

solution, the presence o f  denser salts in the GSL water, such as MgCl, increase the 

viscosity and density o f the water. Therefore, the composition o f the GSL water most
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likely reduces mixing at the membrane surface, and therefore reduces the heat transfer to 

the membrane from the bulk solution [44].

A second set o f successive batch experiments was performed with the raw GSL 

water as the feed solution to evaluate the effect of suspended solids on water flux. Water 

flux as a function of total solids concentration for the successive batch experiments 

performed with the raw and filtered GSL water is shown in Figure 4.13. The data trends 

for the experiments performed with the TS22 membrane display no discernable 

difference in flux decline (<0.5 L m 2 hr 2 between GSL and raw GSL runs), indicating 

that the suspended solids in the water did not affect the water flux. For the experiments 

performed with the PP22 membrane and the raw GSL water as the feed solution, a 

decrease in water flux after each successive batch experiment is observed. The decline in 

water flux indicates that the suspended solids in the raw water interact differently with 

the polypropylene membrane and might have scaled/fouled the membrane, thus reducing 

the water flux.

150,000 250,000 350,000
Feed concentration, mg/L

TS22 GSL- Run 1 
TS22 GSL - Run 2 
TS22 GSL - Run 3 
TS22 Raw GSL - Run 1 
TS22 Raw GSL - Run 2 
TS22 Raw GSL - Run 3
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PP22 GSL - Run 2 
PP22 GSL - Run 3 
PP22 Raw GSL - Run 1 
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Figure 4.13. Water flux as a function o f feed concentration for the (a) TS22 membrane 
and (b) the PP22 membrane. Experiments were performed with a feed solution of raw 
and cartridge filtered GSL water and a distillate solution of deionized water. Operating 
temperatures for the feed and distillate were 50 and 30 °C, respectively, and the flow rate 
was kept constant at 1.6 L/min.
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4.2.2.1 Sealants identification

To further investigate the effects of water chemistry on membrane scaling, 

additional FESEM analysis were performed on the TS22 membrane after the raw GSL 

feed water successive batch experiments. Micrographs of the TS22 membrane are 

illustrated in Figure 4.14. The membrane sealants formed during these experiments differ 

from the sealants formed during experiments performed with the filtered GSL water 

(Figure 4.9). The sealants formed with the raw GSL water are more planar, resembling a 

crust formation, whereas the sealants formed with the filtered GSL water appear to be 

more geometric and cubical, resembling granular NaCl crystals. The crust-like scaling 

resembles carbonate based sealants identified in previous studies [22]. The sealants in the 

cross-section of the membrane are of similar structure to the NaCl sealants observed in 

Figure 4.9. Consequently, the type of pretreatment used for the water does affect the scale 

formation on the membrane surface.

Membrane surface -  Active layer

Membrane surface -^Active layer

SCI iJOfcV X I.000 WÜ 9.9mm 1Q##n |  COLO MINI S SCI VOkV X14 000 WD 9.9mm 1#sn

Active layer.
Membrane cross-section -  Active layer

Support I aye#

SCI 1X)kV X I20 WU 102m m SCI I.OkV X600 WU 10.1mm 10#s«

Figure 4.14. FESEM micrographs of the TS22 membrane after testing with raw GSL 
feed water, (a) and (b) are micrographs of the membrane surface and (c) and (d) are of the 
membrane cross section.
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EDX measurements o f the TS22 membrane surface after raw GSL feed water 

successive batch experiments were performed and the chromatograph is shown in Figure 

4.15. The carbon and oxygen on the EDX chromatograph indicate that carbon based 

matter scaled the membrane surface.

Figure 4.15. EDX chromatograph o f the TS22 membrane surface after raw GSL feed 
water successive batch experiments.

4.2.3 Long-term batch performance

Long-term batch experiments were performed to evaluate the effect of membrane 

scaling over time. Experiments were performed in a unique operation mode. One liter of 

overflow permeate was collected and removed from the process. Subsequently, the 

distillate overflow was recirculated to the feed reservoir for 12 hours. This cycle was 

repeated six times. The first step of the cycle was performed to evaluate how water flux 

decreases as concentration increases, and the second part of the cycle was performed to 

evaluate membrane scaling of sparingly soluble salts over time under constant conditions.

Water flux and distillate conductivity as a function o f time and total solids 

concentration are illustrated in Figure 4.16a and 4.16b. For both sets o f experiments, the 

water flux slowly declined until the feed solution was approximately 300,000 mg/L. As 

the feed solution became more concentrated, the water flux slowly decreased, most likely 

because o f the decrease in driving force via CP and TP and increase in feed solution 

concentration. During recirculation of the distillate to the feed reservoir, the flux 

gradually declines. This indicates that nucléation of sparingly soluble salts on the 

membrane occurs after prolonged induction periods. Results in Figure 4.12 suggest that
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after 8 hours of operation, scaling of sparingly soluble salts did not occur. Therefore, it is 

likely that the induction period for sparingly soluble salts for this particular solution 

composition that includes CaSC>4 and CaCOj is between 8 to 12 hours. The increase in 

distillate conductivity at the end of the experiment for the PP22 membrane indicates that 

membrane wetting occurred.
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Figure 4.16. Water flux and distillate conductivity vs. elapsed time for the PP22 and 
TS22 MD membrane experiments with cartridge filtered Great Salt Lake water.

4.3 Scale mitigation

Three unique operating techniques were investigated to mitigate membrane 

scaling: reduced operating length, reduced operating length with flow reversal, and 

reduced operating length with temperature reversal. The PP22 membrane was chosen for 

these experiments because of its isotropic structure and its good performance in 

concentrating GSL water at higher temperatures. Operating temperatures for the feed and 

distillate were 60 and 30 °C, respectively. These temperatures were chosen because an 

accelerated operating time and increased feed concentration can be achieved without 

compromising the membranes performance and wetting the membrane.
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4.3.1 Scale prevention: Operating time

The first technique to prevent scale formation during successive batch 

experiments was to minimize the operating length of the batch experiment and terminate 

it before the rapid flux decline occurs. Water recovered as a function of elapsed time is 

shown in Figure 4.17, and every data trend line represents a successive batch run. The 

slope of the batch run divided by the membrane area (0.0139 m2) equals the water flux. 

After five successive batch runs, the water recovery is minimally affected. As reflected in 

the summary of results in Table 4.3, after 8 runs the water flux drastically declines and 

the distillate conductivity increases, most likely because of scaling and wetting. 

Following these results, two novel operating techniques were employed in conjunction 

with a minimized operating length to mitigate and reverse the scaling of salts on the 

membrane.
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Figure 4.17. Water recovered as a function of elapsed time for the successive batch 
experiments performed with the PP22 membrane and filtered GSL feed water. The 
experiments were operated with feed and distillate temperatures of 60 and 30 °C, 
respectively.
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Table 4.3. The slope and average flux for the experiments performer
Run Slope Average Flux 

Lm^hr"1
1 301.06 21.66
2 296.08 21.30
3 286.97 20.65
4 282.02 20.29
5 272.67 19.62
6 232.90 16.76
7 99.47 7.16
8 56.71 4.08

in Figure 4.17.

4.3,2 Flow reversal

The first novel operating technique to mitigate scaling was a unique flow reversal 

technique. At the end of every successive batch run, the membrane feed side was flushed 

with 200 mL deionized water and the feed and distillated channels were switched; the 

feed solution was circulated on the initial distillate side of the membrane and visa versa. 

The water recovered (i.e., distillate collected) as a function o f elapsed time is illustrated 

in Figure 4.18, and every data trend line represents a successive batch run. The slope o f 

the batch run divided by the membrane area (0.0139 m2) equals the water flux, and is 

listed in Table 4.4.

The water flux slightly fluctuates after each successive batch run; however, the 

average flux for all the experiments remains relatively constant at 19.45 L m 2 hr"1 with a 

standard deviation of 1.44, indicating that membrane scaling is minimal. During all batch 

runs, an increase in distillate conductivity was observed. The distillate conductivity 

during the first run decreased; however, the distillate conductivity during the subsequent 

runs increased. The increase in distillate conductivity is most likely due to residual salts 

in the distillate hydraulic loop left from the previous cycle/run. It is also likely because 

sealants that deposited on the membrane surface and in the pores are re-diluted in the 

distillate stream. The initial decrease in distillate conductivity during the third and fifth 

runs indicates that scaling did not occur on the membrane surface in the previous run; the 

increase in scaling during the end of the run indicates that scale formation on the feed 

begins to penetrate into the membrane pores, causing minimal membrane wetting to 

occur. The cause for the different trends in the distillate conductivity for either side of the 

membrane is not well understood; however, it is most likely that membrane scaling, and
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thus wetting, differs on either side o f the membrane because of the slight difference in 

surface characteristics on either side of the membrane. Additional research on membrane 

characteristics and scaling could yield further insight to this trend.
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Figure 4.18. Water recovered as a function of elapsed time for the experiments with 
alternating feed and distillate channels. The feed and distillate channels were alternated 
three times each. SI and S2 denote the initial feed and distillate sides, respectively, 
whereas 1, 2, and 3 denote the first, second, and third alternations of the feed and 
distillate sides.

Table 4.4. The slope and average flux for the experiments performed in Figure 4.18
Side Run Slope Average Flux 

Lm 2hr 1
Feed 1 251.44 18.09
Feed 2 292.82 21.07
Feed 3 246.85 17.76
Distillate 1 294.45 21.18
Distillate 2 268.37 19.31
Distillate 3 268.20 19.29

4.3.3 Temperature reversal

The second technique used to mitigate scaling o f sparingly soluble salts was to 

periodically reverse the temperature gradient of the two streams. At the end of every
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batch run, a cooler feed stream (15 °C) was recirculated on the feed side of the 

membrane, while the warmer distillate stream (30 °C) continued to be recirculated on the 

distillate side of the membrane. This procedure was done for 20 minutes, and then the 

feed solution was warmed back to 60 °C for the remainder o f the run. The water 

recovered (i.e., distillate collected) as a function of elapsed time is illustrated in Figure 

4.19, and every data trend line represents a successive batch run.
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Figure 4.19. Water flux as a function of elapsed time for the experiments with alternating 
feed and distillate channels. The feed and distillate channels were alternated three times 
each. SI and S2 denote the initial feed and distillate sides, respectively, whereas 1, 2, and 
3 denote the first, second, and third alternations of the feed and distillate sides.

The average water flux during these experiments was 20.63 L m~2 hr"1 with a 

standard deviation of 0.95. As can be seen in Table 4.5, the water flux slightly declined 

during the sixth experiment and the distillate conductivity marginally increased. The 

slight increase in conductivity is insignificant. Overall, the water flux and salt rejection 

was higher for this operating technique than the other tested techniques. Also, chemicals 

to remove sealants, water to flush the feed channel, and energy to cool the feed water 

were not used during this operating technique. Therefore, this technique could prove to 

be very impactful in MD; it can replace the use of chemicals (i.e., antiscalants, acids, and 

bases) to remove and/or mitigate scaling and maintain consistently high water fluxes.
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Table 4.5. The slope and average flux for the experiments performed in Figure 4.19.
Run Slope Average Flux 

L m ^hr'1
1 301.29 21.68
2 302.54 21.77
3 297.27 21.39
4 291.28 20.96
5 283.16 20.37
6 278.12 20.01
7 272.68 19.62
8 268.18 19.29

The flow and temperature reversal techniques proved to be very affective in 

maintaining water flux and mitigating membrane scaling. Compared to previous 

experiments operated at a AT o f 20 and 40 °C, the water flux achieved during the flow 

and temperature reversal techniques was nearly 1.7 times greater and the water flux was 

sustained through batch concentration experiments, respectively. Thus, an increased 

production of brine and sustained water flux can be achieved, making this process a very 

practical and feasible replacement to conventional evaporations ponds. A marginal 

increase in distillate conductivity was observed towards the end of the experiments. 

However, depending on the type o f use for the recovered water, the increase in distillate 

conductivity could be o f little concern when considering the overall process benefits, 

including increased production of brine, smaller footprint, and sustained water flux.

4.4 Efficiency of MD over natural evaporation

When considering replacement o f natural evaporation ponds with DCMD, two of 

the main considerations are time and money. Acquisition o f land can be very expensive 

depending on real estate availability and value, as in this case, and as the demand for high 

value minerals increases production needs to increase as well. Therefore, the efficiency of 

natural evaporation of the Bear River Bay was compared to space requirements and brine 

production with MD.

The net annual evaporation rate for the Bay River Bay is 41 inches per year [39]. 

From a simple unit conversion shown in equation 3.1, approximately 3.76 mm of water 

per day is evaporated from the bay.
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4 1  in c h  2 .5 4  c m  10  m m  1 y e a r  „  „  -  m m * -------- * --------- * — --------=  2 .85-----
y e a r  1 i n c h  1 c m  3 6 5  d a y s  d a y

(3.1)

MD on the other hand, can concentrate GSL water at an average rate o f 20 L m"2 hr 2 

(Table 4.5). From a simple unit conversion shown in equation 3.2, approximately 480 

mm of water per day can be recovered from the GSL solution.

20  L m 3 1 0 0 0  m m  2 4  h r  A m m  zo* -------* -----------* --------=  4 8 0 -----------------  (3.2)
m 2 h r  1 0 0 0  L l m  d a y  d a y

Therefore, applying MD to concentrate GSL water not only recovers high quality water, 

but also accelerates the concentration process approximately 168 times (>16,700% 

increase) than natural evaporation.

In terms o f land consumption, replacing MD with 1 acre o f evaporation ponds 

will require 259 ft2 (24 m2) of flat sheet membrane. Advances in membrane technologies 

have reduced membrane costs to $90 per square meter, and the use of low-grade heat as 

an energy source to warm the feed stream can drastically reduce operating costs. A recent 

study by Al-Obaidani et al. estimated that operating DCMD with a heat recovery system 

could reduce water costs to $0.64 per square meter (-40 kWh/m3), making MD a 

competitive membrane process to RO ($0.50 per square meter o f water) [8]. Therefore, 

aside from concentrating GSL water for mineral recovery, the high quality water 

produced can be sold to further offset operating costs.
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CH A PTER 5. 

CONCLUSIONS

DCMD concentrated the GSL water to greater than 350,000 mg L Operating 

DCMD at high AT of 40 °C was not sustainable; the membrane performance was 

compromised because o f membrane rapid scaling and pore wetting. Operating DCMD at 

a lower AT of 20 °C is recommended because o f the high water fluxes (12 L m"2 hr"1), 

batch concentration (350,000 mg/L), and rejection of non-volatile compounds (close to 

100%) that can be achieved. Pretreatment o f the GSL water did not affect water flux; 

however, it did remove organic impurities in the solution that affected crystal formation. 

Therefore, use o f a pretreatment method is recommended to remove impurities from the 

hypersaline stream.

A steady decline in water flux occurred as the feed solution became more 

concentrated because o f a decrease in partial vapor pressure and, to a lesser extent, 

nucléation o f sparingly soluble salts on the membrane surface. Homogeneous 

precipitation of salts on the membrane surface resulted in a rapid decline in water flux. 

Consequently, operating DCMD in successive batch mode without the use o f scale 

mitigation techniques resulted in a decrease in membrane performance (i.e., lowered salt 

rejection and water fluxes).

Flow reversal and temperature reversal are two novel operating techniques that 

proved very effective in sustaining high water fluxes and membrane performance. The 

temperature reversal technique was most effective in maintaining high water fluxes (20.6 

L-m 2 hr"2) and high salt rejection. These novel operating techniques were simple to apply 

and very impactful on mitigating scaling. Furthermore, they eliminate the need for 

antiscalants and other chemicals used for membrane cleaning.

Replacing natural evaporation ponds with MD units can result in a faster 

operation and a reduced environmental footprint. Operating DCMD with low-grade heat 

recovered from the chemical processing plant can drastically reduce MD operating costs. 

Furthermore, valuable water recovered from the GSL water can aid in offsetting 

operating costs.
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To date, modeling DCMD at hypersaline concentrations has not yet been 

performed. Additionally, selective separation o f valuable minerals from the bulk solution 

needs to be further developed. Therefore, recommendations for future work may include:

• Modeling o f temperature and concentration polarization affects at 

hypersaline concentrations which could yield much insight to optimizing 

DCMD operating parameters (i.e., operating temperatures, module length, 

flow regimen)

• Modeling o f the interactions between the membrane surface and solution 

chemistry. Results will be very beneficial in yielding further insight on 

energy demands o f a large-scale system

• System hybridization should be further considered and optimized to 

selectively separate salts and to probe nucléation in designated areas of the 

process.
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